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OLLOWING the custom established during the 


presented at the meeting under one cover and at an 





: past few years at the time of the meetings of early date following the meeting. Bringing together 
; the Division of Refining at the conventions of the the timely papers presented before both the con- 
si American Petroleum Institute, THE REFINER again ventions of the American Petroleum Institute and 
: presents in this issue all of the technical and engi- the Natural Gasoline Association of America in 
d neering papers dealing with petroleum June forms an especially strong technical issue of 
A.P.I. _ refining problems which are read and this journal. There are two papers devoted to 
Papers discussed at the recent meeting of the progress in chemical refinement of petroleum dis- 
Institute at Colorado Springs. tillate. These are presented under the titles “Refine- 
At each convention of the Institute three full ments in Sweetening Technique” and “The effect 
sessions are devoted to technical and engineering of Sweetening on the Properties of Gasolines.” 
progress and each six months these programs be- These papers deal with different phases of solvent 
come more interesting and more valuable and there- refining both of lubricating oils and light distillates ; 
fore more important to those within the industry being presented under the titles, “Experimental Sol- 
who are concerned with its progress and rapid vent-Extraction Tower Unit,” and “Solvent Refin- 
technical development. The same is true of the an- ing of Lubricating Oils from the Point of View 
nual meetings of the Natural Gasoline Association of the Operator,” and “High-Octane Number 
of America, and for this reason several of the dis- Blending Stocks Produced by Solvent Extraction.” 
cussions presented before that group last month in For those who have been requesting up-to-the-min- 
Tulsa are included in the technical section of: this ute information on progress in the solvent field and 
issue. in chemical treating, these papers will prove of 
Because of the importance of the studies and especial interest and value. 
progress reports before these conventions the editors The paper “Recent Developments in the Use of 
feel it incumbent upon them to give readers of Contact Clays” serves as a correlation of a deal of 
THe REFINER as much as possible of the engineer- technical and economic information pertaining to 
os ing and technical information coming out of the this field and brings the experience record down 
we important conferences in the issue of current date to date. 
of with the meeting. This policy, upon which THE Another correlation of important, modern infor- 
al- ReFINerR has been complimented many times, as- mation of timely interest is the paper “Economics 
Ib sures those engaged in the industry that they will of Investments for Storage of Light Ends.” 
receive all of the important technical information Additional papers from the Division of Refining 
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presented in this issue include, “Gasoline Blending 
with a Ratio Flow Controller” and ‘Electric De- 
hydrating and Desalting.” 

From the program of the Natural Gasoline asso- 
ciation of America an interesting and valuable paper 
on natural gas analysis is presented. This discus- 
sion gives full information as to technique of the 
tests and details of several items of equipment, as 
well as instructions for their operation. 

From the California Natural Gasoline Associa- 
tion comes an important paper reporting on several 
years of experimental and commercial operation 
of gasoline plants with regard to utilization of the 
improvements in the absorption cycle with direct- 
fired heat. In addition this issue presents results of 
newly perfected work in Europe with regard to 
progress in sulfuric-acid refining. Further, a well 
rounded discussion of combination selective crack- 
ing is published. This latter paper being presented 
this month in Paris, France, before the Second 
World Petroleum Congress. 


REQUENCY of injury in the petroleum indus- 

try in 1936 was 53 percent below the 1927 rec- 
ord, accident severity was 28.7 percent below, and 
fatalities were 33 percent less frequent than in 1928, 
according to the “Annual Summary of 
Injuries in the Petroleum Industry” 
published by the American Petroleum 
Institute’s Department of Accident Prevention. 
However, the summary indicates that accelerated 


Injuries 


production activities, vigorous construction cam- 
paigns in 1936, employment of new workers not 
fully conversant with safe practices, and the shift- 
ing of old employes to new tasks contributed to 
greater injury frequency and severity and more 
numerous fatalities in 1936 than in recent years. 

Compilation of reports from 125 companies and 
covering 304,000 employes made the 1936 fatality 
rate 50.6 per 100,000 works, as against 37.0 in 
1935 and 76.3 in 1928. Making allowance for the 
shorter work-week, which increased the total num- 
ber of works, the fatality rate is reduced to 41.9 
per 100,000 workers. 

Injury severity for 1936 was reported as 1.89 
days lost for each 1,000 hours work, as against 1.55 
days lost in 1935 and 2.65 days lost in 1927, when 
the Institute’s accident-prevention program was in- 
augurated. Frequency of injury in 1936 was re- 
ported at the rate of 14.55 disabling injuries per 
1,000,000 hours works, as against 13.96 in 1935 and 
31.15 in 1927. 


OTOR vehicles consumed approximately 8 
percent more lubricating oil in 1936 than all 
other industries combined, recent surveys sum- 
marized by the American Petroleum Institute re- 
veal. More than 22,000,000 barrels 
Lubricants ©f lubricating oil were used by 
passenger cars and trucks, com- 
pared with slightly more than 20,000,000 barrels 
consumed by industry. Motor vehicles have been 
the chief users of lubricants since 1931. Even in 
1933, when registrations dropped below the 1932 
level, automotive consumption of lubricating oil 
amounted to 58 percent of the total lubricants used, 
compared with a total of 42 percent consumed by 
industry. 


HE petroleum refining industry stands second 
only to building construction in providing the 
highest average hourly earnings for all wage earn- 
ers, and leads other industries in paying the highest 
Labor Review,” published by the United 
Wages common labor, according to “Monthly 
average hourly entrance wage rates for 
States Department of Labor. 

Petroleum refining average hourly earnings are 
reported as 83 cents as against 84 cents for building 
and construction, and as compared with 57.2 cents 
for manufacturing, and 78.5 cents for electric light 
and power. Hourly entrance rates for adult male 
common laborers were reported as 52.5 cents for 
petroleum refining, as against 42.4 cents for manu- 
facturing, 42.9 cents for public utilities and 50.9 
cents for building construction. 


AXES paid to federal and state governments 
by and through the petrcleum industry have 
averaged approximately eight times the industry’s 
earnings in the past decade. In 1936 alone the tax 
collector received a return in taxes of 
Taxes about 8.62 percent on the industry’s capi- 
tal investment, or more than three times 
the industry’s own return, and during the past 
decade has enjoyed a return of about 6.57 percent, 
whereas the industry averaged 0.83 percent. The 
situation is revealed in an analysis of the relation- 
ship between petroleum taxes and earnings made 
by the American Petroleum Industries Committee. 
It was found that the estimated petroleum tax bill 
of 1936 totalled $1,180,876,256, or approximately 
three times the 1937 tax bill which totalled $398,- 
922,804. 
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Recent Developments 


IN THE USE OF 


Ss. R. FUNSTEN 


Filtrol Corporation 


Philadelphia, Pa. 


INDUSTRIAL ADSORBENTS 


HE commercially important adsorbents in the or- 

der of the tonnage consumed, together with prin- 
cipal usages, are as follows: 

Bleaching clays—petroleum and fatty oils, catalysts. 

Boneblack—sugar refining. 

Decolorizing carbon—liquids, aqueous and non-aqueous. 

Gas-adsorbent carbon—purification of gases. 

Silica gel—dehumidifying, refrigeration. 

Activated alumina and bauxite—vapor and moisture ad- 

sorption, catalysts. 

Some idea as to the magnitude of the bleaching-clay 
industry, and particularly the expanded demand for 
contact clays in the past 15 years, may be seen in the 
following : 


U. S. Bleaching-Clay Manufacture 
































Estimated Contact 
Clay Only 
Percent 
Bleaching-Clay Tonnage? of Total 
—$<—$—$$$ —|—__—__— Bleaching 
YEAR | Natural | Activable | Total Tons Clay 
1920........| 128,487 | 0 | 128.487 6,424 5 
1985........| ' 237,745 82,396T 310,141 155,070 50 
Tt 1934. 


Approximately 90 percent of the present bleaching- 
clay tonnage is consumed in the petroleum industry. 
The remaining 10 percent is used for the most part in 
the fatty-oil industry. 

From the standpoint of sales price, bleaching clays 
rank the lowest of any member of the group of in- 
dustrial adsorbents. The field is represented by mate- 
tials of strikingly different physical and chemical prop- 
erties, the essential feature in all cases being the decol- 
orizing property. The type of color to be removed and 
the degree of removal determine to a large degree the 
characteristics which a clay must have in order to func- 
tion most efficiently. However, due to the more recent 
improved supplementary methods of refining, the de- 
colorizing function of bleaching clays is now some- 
ttmes subordinate to other properties. 

In the case of a well-selected clay, it is frequently 
possible to obtain optimum conditions by modifications 
of operating technique. Other clays do not respond to 
such changes and, hence, are at a disadvantage. 

It should be noted that the broad title “bleaching 
clays” refers to both material in granular form suitable 
for percolation as well as the fine-mesh contact clays. 

he latter material, which is the subject of discussion, 
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Contact Clays 





gone changes of a revolutionary nature in the 

past decade. The advances have been particularly 

marked in the fields of motor-fuel and lubricant 

manufacture. The effect of this progress has been 

the creation of new standards of quality and low- 

ered costs, thus contributing to more intensive stud- 

ies of the older supplementary refining methods in 

which bleaching clays have played an important 

part. Studies of bleaching clays, and more specific- 

ally of that class of fine-mesh adsorbents known as 

| contact clays, have not only resulted in substantial 

increase of operating efficiency on the part of the 

refiner, but to a marked degree have led to new 

potential uses which heretofore have not been fully 
recognized. 

Much has been published in trade journals rela- 
tive to commercial methods and types of equipment 
used in the application of contact clays to the pe- 
troleum-refining industry. Also many excellent ar- 
ticles have been published more recently concerning 
theories relating to the bleaching action of clays.’ 
There has been a noticeable lack of information as 
to the practical application of contact clays arel 
the evaluation of the factors relating thereto. The 
accompanying discussion deals with this phase of 
the subject in the light of the more recent develop- 
ments. 

This paper was presented at Seventh Mid-Year 

Meeting, American Petroleum Institute, at the 

Broadmoor Hotel, Colorado Springs, Colorado, 
Jure 2, 1937. 


| ‘TSE technique of petroleum refining has under- 
| 
| 











may or may not be derived from the same raw source as 
the percolation grade. Raw material best suited for 
contact purposes is generally not satisfactory in perco- 
lation. Contact clays may be either naturally active or 
artificially activated. In either case the material, as 
commercially used, is dried and ground to pre-deter- 
mined moisture and mesh specifications. The free mois- 
ture content of contact clays will range from 5 to 20 
percent. The screen test for these clays ranges from 60 
to 95 percent through 200 mesh. More recent studies 
have clearly demonstrated that the presence of a certain 
amount of free moisture:in a contact clay is advan- 
tageous when contacting: above 210° F. This is par- 
ticularly true in the case of the more delicately struc- 
tured activated clays. The: point is illustrated in Table 
1, wherein it is shown that domestic activated clay is 
most efficient for cylinder-stock.decolorization at ap- 
proximately 15 percent free moisture content. 

It appears from other tests that the free moisture con- 
tent of typical natural contact clays may be reduced to 
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as low as 5 to 10 percent without injuring the clay 
efficiency. 

The recent expanded use of domestic activated clays 
may be explained in part by the fact that they average 
three to four times more efficient than the naturual 
contact clays and, while higher in price, are justified on 
the basis of lower clay consumption, less equipment re- 
quirements, lower handling costs, and reduced oil loss. 
In many respects this type of clay is ideal. 

In this test a laboratory artificially-activated clay, 
having a free moisture content of 25 percent, was care- 
fully dried in a Freas oven at 210° F., and samples 
thus prepared of lower moisture content. These samples 
were evaluated on Mid-Continent cylinder stock using 
contact temperature of 500° F., time 20 minutes. The 
results are shown in Table 1. 














TABLE 1 
Effect of Free Moisture Content on Clay Efficiency 
Free Moisture Efficiency 
MATERIAL (Percent) (Percent) 
ST so Specleadecttvrdinet oa 0 75 
EE oy Re alba'e wp ebise « So wee 6 5 86 
ea ok ot Le 60d ad eR OA 10 96 
ag Seren Wk ple oe cidibig oe tos.4e0 6 15 100 
I gts. dad OA big.¢ ulate ce siccses 20 95 
ck dda ala an Ss wis 46 Wcarcees % 25 87 














Simple addition of water to the foregoing dehydrated 
samples failed to revive the efficiency proportionally. 

Among the characteristics sought by petroleum re- 
finers in contact clays are the following: 


Lubricating Oils and Specialties: 
High decolorizing property. 
Low oil-retention value. 
High filterability and satisfactory clarification properties. 
Bloom improvement or maintenance. 
Satisfactory medium for color stabilization, carbon reduc- 
tion, oxidation, and emulsion-test improvement. 


Motor Fuels: 
High decolorizing property. 
Gum improvement. 
Stabilizing properties. 
Satisfactory catalyst and polymerizing medium. 
Octane maintenance or improvement. 


Study of adsorptive mediums with special selective 
action for one or more of the above characteristics is a 
trend in present research. 

It is of interest to compare some of the foregoing 
characteristics with the respective chemical and physi- 
cal properties of various commercial adsorbents 
(Table 2). 

Notable in the quality are the more recent improved 
types “A” and “C” of contact clays. Chemical analysis, 
it will be observed, is of little significance. 

Present research not only consists of exploration of 
new fields of raw material, but also of a more intelli- 
gent study of existing materials, individually or com- 
bined, designed to furnish an adsorptive medium spe- 
cifically adapted to the various needs of the industry. 


LABORATORY TECHNIQUE 


The methods of testing contact clays are at consid- 
erable variance throughout the industry. The applica- 
tion of various methods of procedure in the past has 
frequently given results which have been difficult to 
check and impossible to correlate to plant practice. Re- 
search along this line has gone a long way toward 
remedying this condition. The outline of laboratory 
procedure described herein may be used as a guide for 
lubricating-plant contacting operation. Time does not 
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Contacting Mid-Continent Acid-treated Residuum at 550° F. 
FIGURE 1 


Comparison of Laboratory and Plant Decolorization 


permit a discussion of a large variety of tests adapted 
to more specialized uses of contact clays. A practical 
example of control test application is shown in Fig- 
ure 1. 

It will be noted here that test points both for lab- 
oratory and plant lie in a straight line in fair con- 
formance to the adsorption isotherm. Furthermore, the 
plant and laboratory lines are substantially parallel. By 
ascertaining the relative clay consumption at 1% Tag- 
Robinson as indicated by these lines, it will be observed 
that plant “A” is operating at but 56 percent potential 
efficiency. In terms of clay values alone, this represents 
a handicap approximating 35 cents a barrel against 
the potential. While it may not always be possible from 
a practical standpoint to duplicate “potential’’ operating 
efficiency, the laboratory control test can be accepted as 
a satisfactory guide. 

















TABLE 2 
Physical and Chemical Data for Commercial Contact Clays 
«6a ve co”? sage 
Domestic | D tic | D tic 
Activated | Natural Natural 
Clay Clay Clay 
CLAY (Percent) | (Percent) | (Percent) 
Analyses (Dry Basis) : 
EI te a RR ey ore ya 67.70 68.30 
I els k Soh 6 4:ann, nc duiae Sone agdie- edd 0.05 0.66 0.78 
Ls 5 lug Wheto he ak aN ee 19.78 12.73 24.20 
i Sie. as 6 4 we ame 4 aie. Seles 1.20 4.31 2.68 
| re rare 0.07 0.23 0.22 
Manganous oxide..............6..-. 0.01 0.03 0.01 
EA Soil iiehe 25. i048 Seale awed am 5.13 11.62 1.31 
| EEE ET eee re ee a ee 0.27 1.63 0.75 
Rs Pettis k wales ox cieccga ne. 0.06 0.03 0.18 
EES ae eee wire 0.06 0.81 1.28 
Phosphoric anhydrate.............. 0.06 0.15 0.11 
Se bee er ree None 0.06 0.06 
Bit oe ode a piacad ¢-bcna a 0.03 0.04 0.03 
Sulfuric anhydride................. 0.97 0.03 0.03 
NS Wh sha 5d WE M60b a. dd ctvacw oe oreo 99.40 100.03 99.94 
Physical Inspections: , 
Volatile content, percent............ 21.0 16.0 15.0 
Volume weight, Ibs. per cu. ft........ 39.0 26.0 36.0 
Mesh, percent through 200.......... 93.0 94.0 92.0 
Decolorizing efficiency, percent (com- 
pared to activated clay on typical ‘ 
lubricating stocks)............... 100.0 20-30 25-35 
Bloom producing property.......... Good Medium Medium 
Oil retention,* percent (total oil and f 
asphalt) basis, clay charge........ 50.0 75.0 38.0 
Press rate, percent (compared to ac- 
OS RR: - Sapa 100.0 120.0 110.0 











———— 





* This should not be confused with “recoverable oil retention”’ referred toi 
later discussion of clay economics. 


Details of the laboratory-contact, oil-retention, and 
filterability tests are furnished in Tables 3 and 4 and 
in Figure 2. 
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TABLE 3 


Test Method for Determining the Decolorizing 
Efficiencies of Contact Clays 


Apparatus : 

1 Contacting apparatus (see Figure 2). Contactor pot is 4 
in. in inside diameter by 6 in. high. (Stirrer paddle is 
¥% in. by 2% in. on %-in. steel shaft at 45- deg. slope. 
Rate, 400 r.p.m.). 

1 Suction filter. 

1 Optical-density color machine.* 

Procedure: 
1. Weight 200 grams of oil stock into the contactor. 
_ Introduce weighed portion of clay. 
_. Assemble apparatus as shown in Figure 2. 
Start stirrer, and heat oil-clay mixture rapidly to 300° F. 
_ Introduce + super-heated steam or inert gas, and con- 

tinue heating to the desired temperature, increasing at a 

rate of 20 to 30 degrees per minute. 

». Maintain this temperature for 20 minutes or the desired 
length of time. 

. Withdraw heat and allow to cool to 350° F. 

. Withdraw steam or inert gas. 

Stop stirrer, remove pot from assembly, and filter the 

oil through a suction funnel. 

10. Obtain optical-density color* of the finished oil. 


Calculation of Results: 

After making runs using varying amounts of the clays to 
be evaluated, the optical-density colors of the contacted 
oils are plotted as ordinates against the weight percent 
clay, as abscissae, to determine the comparative effi- 
ciencies. 


wn & GW bdo 


On 


Soon 


Accuracy : 
Results obtained by this method are found to be reproduc- 
ible within 5 percent. 
*Or other suitable color-measuring device. ; 
+ 22 cu. in. gas per minute at 250° F. and 760 mm. (equivalent 1 cc. 
steam condensate per minute). 


TABLE 4 


Test Method for Determining Oil Retention and Press 
Rate of Contact Bleaching Clays 
Apparatus : 

Filter tube in constant temperature bath (see Figure 4). 
3ottom cap assembly contains disc of 8(-lb. blotting 
paper supported by 60-mesh bronze wire. Tube is 1%-in. 
extra-heavy pipe 12 in. long. 

Mechanical stirrer and hot plate. 


Material : 

Oil to be processed. 

Clay to be used (must be dry). 
Procedure : 

Thoroughly clean filter tube and base cap assembly. Renew 
blotting paper and gasket. Screw cap on tightly, and 
close bottom valve. 

Weigh clay charge to 0.1 gram accuracy (clay charge 
should be sufficient to give %-in. to l-in. cake thickness 
in tube, usually requiring 15 to 25 grams. Weigh oil 
charge into beaker (sufficient quantity to produce a slurry 
containing 13 percent clay). Add clay charge to oil, and 
weigh beaker containing oil and clay. 

Mechanically agitate oil-clay mixture, and heat to desired 
maximum temperature, maintaining this temperature for 
5 minutes. Cool to desired filtering temperature. 

Weigh beaker containing oil-clay mixture to determine 
loss on heating. 

Re-heat oil-clay slurry to filtering temperature, and imme- 
diately pour slurry into filter tube. 

Screw on top cap tightly, and place thermometer in well. 
Admit hot air (290° to 300° F.) into tube, gradually in- 
creasing pressure up to 45 lb. per sq. in. Simultaneously 
open bottom valve, and note time. When oil is expelled 
from tube and air blows through bottom valve, record 
filtering time and volume of filtrate. Maintain 45-ib per- 
sq.-in. air pressure in tube, and blow for 15 minutes. 
Release pressure and remove top cap. Determine cake 
thickness by measuring outage in tube before and after 
run. 

Weight charging breaker to obtain drainage loss of oil-clay 
slurry. 

Remove bottom cap, and push clay from tube into tarred 
jar by means of a rod equipped with a rubber stopper on 
the end. Scrape all clay from blotting paper and inside of 
tube with a smali spatula, and transfer to the jar. 

Weigh jar containing clay cake. Extract cake with naphtha, 
and dry in oven. Weigh dry cake. 
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Calculation of Results: 
I. Oil Retention 
1. Clay charged equals clay weighed into beaker minus 
(percent clay in slurry times drainage loss). 
. Clay in press cake equals clay charged (1) minus loss 
on heating. 
. Total loss to press cake (including oil and asphalt) 
equals cake weight minus weight clay in press cake (2). 
. Total percent loss to press cake (including oil and as- 
phalt) basis weight of press cake equals: 
Loss to press cake (3) X 100 
weight press cake 
5. Total percent loss to press cake (including oil and as- 
phalt) on basis of clay charged equals: 
Loss to. press. cake. (3) & 100 
Clay charged (1) 
6. Percent recoverable oil in press cake equals: 
(weight press cake minus weight of dry extracted cake) x 100 
weight of press cake 
7. Percent recoverable oil only on basis clay charged equals: 
(weight press cake minus weight of dry extracted cake) & 100 


clay charged (1) 


> w N 














II. Press Rate 
Press rates, cc. per minute, equal: 
ce. filtrate 


minutes filtering time 





Accuracy: 

This method of determination has been found to be repro- 
ducible to within 2 Ib. oil per 100 lb. clay charged; while 
the press rates obtained are reproducible within 10 per- 
cent, 


CONTACT TEST 
(See Figure 2) 

The equipment and procedure indicated for this test 
is similar in some respects to that recently described by 
V. A. Kalichevsky and J. W. Ramsay.* However, pro- 
vision is made in the test herein described for the in- 
troduction of inert gas into the oil during contacting 
and a suitable outlet leading to a condenser for the 
purpose of collecting moisture and any overhead prod- 
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CONTACTING TIME ---- MINUTES 





LEGEND 
A—contacting at 450° F. 
B—contacting at 400° F. 
C—contacting at 300° F. 
Contacting Solvent-treated Lubricating Distillate (Viscosity, 
70 Sec. at 210° F.) 


FIGURE 3 
Effect of Time on Decolorization 
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FIGURE 2 
Laboratory Contacting Apparatus 
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ucts. This modification is considered a necessary adjunct 
to accurate determinations. 


a. Container 


The use of closed metal (steel) has been adopted 
rather than glass, since in the latter case irregularities 
result due to poor conducting and local over-heating. 
Closed containers avoid exposure to the detrimental ef- 
fects of air during contacting. 

b. Agitation 

Agitation by mechanical means as well as by intro- 
duction of inert gas to the oil at elevated temperature 
has been shown to be necessary to obtain maximum 
accuracy in reproducing results. Tests have shown 
either super-heated steam or carbon dioxide to be suit- 
able “gas” mediums. The former is more readily avail- 
able, whereas the latter is easier to regulate and elimi- 
nates “boiling over.” Standardization of the volume of 
inert gas is important; otherwise considerable variation 
in results may occur. 


¢. Time and Temperature 


While it has been shown that the optimum time and 
temperature conditions vary within a wide range, de- 
pending upon type of clay and nature of oil service, it 
is desirable that at least one of these factors be held 
constant in routine tests. The time recommendation 
given in the laboratory-contact test (Figure 2) has been 
arrived at after careful studies, wherein it appears that 
equilibrium is reached for all practical purposes in 20 
minutes at top temperature in representative service 
(see Figure 3). These conditions may easily be altered 
to meet specific refining purposes. 


d. Color Measurement 


The type of instrument preferred for measuring color 
depends largely on the nature of the work, i.e., plant 
control, research, etc. Greatest accuracy is obtained by 
optical-density color methods‘; hence, these will serve 
best for technical studies of a research nature. For 
routine plant control it is satisfactory to use a com- 
mercial color test, of which the Tag-Robinson and 
Lovibond methods are to be preferred; since these, in 
some measure, express color intensity. The NPA color 
accuracy may be increased to a marked degree by the 
adoption of one-quarter shade chemical standards to 
supplement the usual full and half-number ASTM color 
glasses. 


e. Interpretation of Results 

While some deviations have been observed in the 
application of Freundlich’s adsorption isotherm to de- 
colorization of clay, our experience has been that the 
use of this principle in determining relative clay effi- 
ciencies is sufficiently accurate for practical purposes 
in refinery work (see Figure 1). It is advantageous in 
interpreting test results, where time and temperature 
are constant, to plot the percent clay used against the 
color intensity of the treated oil on logarithmic paper 
to give a straight line. 


OIL-RETENTION TEST 
(See Figure 4) . 

The practical value of a clay with good filterability 
and relatively low oil retention is well known, particu- 
larly by those refineries that do not find it economical 
to recover oil soakage. Many refineries are not equipped 
to measure accurately oil lost in the contact operation, 
particularly from the standpoint of comparing com- 
petitive contact clays. The improved method, as de- 
scribed, is designed more accurately to parallel normal 
plant practice wherein pressure is used in Sweetland- 
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type filter presses for separation of oil from spent 
filter cake. 


RECENT DEVELOPMENTS IN PLANT TECHNIQUE 


Any consideration of this subject necessarily involves 
the consideration of specific requirements. The initial 
use of contact clays in the domestic petroleum industry, 
some 15 years ago centered primarily in the decoloriza- 
tion and neutralization of lubricating oils of relatively 
low viscosity by contact filtration. The essential fea- 
ture of this process consists of heating a mixture of 
contact clay and oil to a predetermined temperature, 
maintaining the mixture at this temperature for a given 
time, cooling, separating oil from clay by a suitable 
means, and removal of the clarified oil to storage. The 
process is fundamentally so simple that full apprecia- 
tion was not had of important factors influencing cost 
of manufacture and quality of product—which, in the 
early stages, resulted in the construction of some unduly 
complicated plants. The undesirable features in many 
of the older plants are gradually being eliminated. 

Filtrol fractionation, a more recent adaption in the 
use of contact clays, in brief involves the fractional re- 
duction of oil in the presence of contact clay to a resid- 
ual of pre-determined specifications. The spent clay is 
then separated from the residual as in the contact-filtra- 
tion process. A plant installation of filtrol fractionation 
has been discussed in trade journals.® The recent adop- 
tion of filtrol-fractionation processing by three leading 
refineries in the Pennsylvania oil region is a practical 
illustration of increasing interest in this field. 

Contact filtration is subject to many controllable vari- 
ables. The realization of maximum efficiency may only 
be had by proper control of these variables, although 
many plants operate at relatively high efficiency even 
though the conditions of operation deviate some from 
those established for optimum performance. The fac- 
tors affecting the use of contact clay may be discussed 
under the following headings : 

1. Service requirements. 

2. Equipment improvements and operating technique. 


SERVICE REQUIREMENTS 


Before establishing optimum conditions for operation, 
it is essential to make a careful study of service require- 
ments, viz., the nature of oil to be refined, the quality 
of product desired, and the type of clay best suited for 
the purpose. 


LUBRICATING DISTILLATES—VISCOUS AND 
NON-VISCOUS 

The color of these types of charging stock rarely 
exceeds 7 NPA, and more commonly for the lighter oils 
(i.e., Saybolt viscosity of 100 to 300 at 100° F.) is in 
the range of 2 to 3 NPA. The service requirements 
for both the light and heavy grades are, therefore, 
moderate ; since the finished oils in this group generally 
fall within the range of 11%4 to 5 NPA. The application 
of improved fractionating equipment to Pennsylvania 
or high-grade Mid-Continent stock in more recent years 
has made it possible, in some instances, to contact-finish 
without preliminary treatment. Solvent treatment pre- 
liminary to contacting has added further to the variety 
of stocks that may be finished by direct contacting with 
clay to satisfactory quality. The following are typical 
solvents: chlorex, Duo-Sol], furfural, nitrobenzene, phe- 
nol, and propane. 

In the case of the non-solvent type of lubricating 
distillate, a light acid treatment, i.e., 3 pounds to 12 
pounds, sulfuric acid per barrel, may be used. It is im- 
portant in the case of acid-treated oil that the pepper 
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sludge be removed as completely as possible. This can 
be done by controlled coagulation and gas-blowing. The 
neutralization number of the sour contact-plant charg- 
ing stock should not exceed 2; otherwise it will be 
found that excessive amounts of clay will be required 
to obtain desired results. Unfortunately, it does not 
follow that a contacted oil is neutral when the desired 
color is reached. The stability of color depends to a 
large extent on complete removal of acid bodies and 


FIGURE 4 ; 
Laboratory Oil-Retention and Filter-Rate Apparatus 





other impurities during contacting. In previous years it 
was considered impossible to obtain this result without 
the use of excessive amounts of clay to serve the pur- 
pose of a neutralizing med um. The more recent proce- 
dure involving the use of the higher contacting tempera- 
tures and more effective stripping of the contacted 
stock makes it possible to obtain neutrality and stabil- 
ity quite satisfactorily at considerably less cost. Acid 
numbers in the range of 0.01 to 0.05 are being obtained 
for both natural and activated clays in actual service. 

The amount of contact clay used for lubricating dis- 
tillates varies from 0.5 to 10 percent, depending upon 
the oil and the clay. Filter-press capacities of from 3% 
gallons to 10 gallons per square foot of filtering area 
per hour are quite customary. 
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LONG RESIDUUM, STEAM-REFINED CYLINDER 
STOCK, AND BRIGHT STOCK 


Stocks of this type from Pennsylvania crude are gen- 
erally delivered to the decolorization process without 
preliminary chemical treatment. In some instances these 
stocks are solvent-treated. The color load on bleaching 
clays in refining this type of oil is very high, frequently 
starting with a color intensity of 3000 units and de- 
colorizing to a filtered oil with but 250 to 450 units 











(6 to 7% NPA). Inasmuch as the oils of this type are 
in the high-boiling range, it is possible to apply con- 
tacting clays at relatively high temperatures (equivalent 
to flash point of oil or higher) without injury to the oil. 
Clay requirements will range from 5 to 20 percent, de- 
pending upon the oil and the clay. Filter rates of from 
2 gallons to 4 gallons per square foot of filter area per 
hour are obtained. 

Cylinder stocks of mixed-base or naphthenic origin 
are generally solvent-treated and/or acid-treated pre- 
liminary to clay contacting. The color of this type of 
stock in general does not exceed 1500 density units. 
These stocks, however, are frequently decolorized to 
lighter colors than the Pennsylvania type of stock. Clay 
efficiencies for the solvent- and acid-treated stocks are 
higher than those treated with acid alone. This in part 
is due to the generally higher acidity and pepper-sludge 
content of the latter group. In spite of efforts by the 
refiner to maintain low acid numbers (less than 2) on 
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the sour stock entering the contact plant, it has been 
observed in some instances that the acid number in 
actual practice is as high as 5 or 6. The fact that high 
acid stocks require increased consumption of contacting 
clay does not imply that pre-neutralization of such 
stocks with alkali or neutralizing clay is necessary or 
advisable. On the contrary, as expressed heretofore, 
contact clay, whether natural or activated, is a very 
satisfactory medium for reducing acidity and unstable 
compounds at relatively low cost under conditions of 
processing outlined herein. For example, in a recent test 
of sour Mid-Continent cylinder stock with an acid num- 
ber of 6 using 0.5 pounds activated clay and decoloriz- 
ing to 3% Tag-Robinson color (235 O.D.*), the fin- 
ished-stock acid number was 0.05. The color of the oil 
after 48 hours at 200° F. was 457 O.D. The result was 
obtained under conditions wherein the oil from the pipe 



























































a reduction in clay requirements of from 25 to 50 per- 
cent may be realized by following this procedure. 
Other factors in the determination of optimum con- 
ditions for contacting at the boiling range are the open- 
cup flash, viscosity, and viscosity index of the oil. Oils 
of higher viscosity require more severe contact treat- 
ment to obtain maximum decolorization than do oils of 
lower viscosity. It has been established that, in order 
to obtain optimum contacting results within practical 
time limits, it is necessary to reduce the body of the oil 
to permit the function of the adsorbent to come fully 
into play. Figure 10 shows the relation between the 
viscosity of oil and time of contacting when contacting 
to maximum decolorization. For example, referring to 
Figure 10, an oil having a Saybolt viscosity of 2,000 at 
100° F. required 10 units of time, and a 625-viscosity 
oil from the same crude source required only 2 units of 
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Flow Diagram for Continuous Contact Filtration Plant 


heater was delivered to a vacuum stripper tower (28 
inch vacuum) and held for 30 minutes preliminary to 
cooling and filtering. A significant feature of the test is 
the fact that no steam was introduced into the oil. 


LUBRICATING STOCKS—SPECIALTY TYPE 

Lubricating stocks of the specialty type, such asi 
transformer oils, turbine oils, petrolatums and waxes, 
must be considered as individual problems; and the 
exact time, temperature, and type of clay required for 
refining in any case should be pre-determined in the 
laboratory. In general, these specialties may be handled 
in the usual type of contact equipment, but require 
extra care in connection with the heating and stripping 
phase of processing in order to promote best conditions 
for obtaining a satisfactory emulsion test, odor, and 
taste removal, etc. 

Speaking broadly, an important factor regarding 
stock quality is the question of oxidation preliminary to 
contacting. It has been quite generally established that 
stocks subjected to oxidation are more difficult to con- 
tact than others. This is shown in the following tests: 

The contacting of lubricating stocks immediately sub- 
sequent to fractional distillation and without cooling is 
covered by patent No. 2,045,160,’ it being claimed that 


Effect of Cooling and Pre-oxidation on Contact-Clay 




















Efficiency 
Pounds Filtered- 
of Clay Oil Color 
per (Tag- 
Stocks Contacted at 500° F. Gallon Robinson) 
Pennsylvania cylinder stock (cooled and exposed to 
BED . . pc Racin aia soning ives ak eric dilt on Wie we gue eae eens ed 2.5 23% 
Pennsylvania cylinder stock (contacted direct with- 
et COMING. wench a ec bae ues she gia ee ts) mee 1.5 2% 
Pennsylvania cylinder stock (contacted direct after 
8 hours’ standing without cooling)............... - 1.5 234 
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time. Of interest in connection with viscosity reduction 
is a recent article on this subject by Wilson, Keith, and 
Haylett,® wherein a cylinder stock in propane solution 
is contacted at 160 degrees with resultant improved 
clay efficiency of 300 to 400 percent. Direct quotation 
from this paper follows: 

“The residual (Mid-Continent) was produced by de- 
asphaltizing to 8214 percent yield as shown in Figure 12. 
Using only 10 Ib. 95 percent acid, it was possible to produce, 
with the addition of 0.46 pounds filtrol per gallon of oil, 
a finished lubricating stock with a Tag-Robinson color of 
3%, a Conradson carbon of 1%, and a viscosity of 122 at 
210° F.” 

An explanation given for the relatively high effi- 
ciency of contact clay obtained at low temperatures is 
that propane is acting as a preferential precipitant 
throughout the bodies which the clay will selectively re- 
move. It seems obvious that the diluent effect of the 
propane furnishes at least part of the mechanism 
through which the well-known increased efficiency for 
bleaching clays at high temperatures is obtained. 


In establishing the optimum contacting temperature 
for various viscosities, it has been customary to use 
the Cleveland open-cup flash test as indicative of the 
practical limits for top contacting temperature. While 
this procedure is not altogether satisfactory and, cer- 
tainly, subject to considerable variation, depending upon 
the nature of the stock, it has proved to be simple and 
quite effective in actual use. The open-cup flash test of 
an oil is readily obtained, and serves quite satisfactorily 
in the nature of a fixed point from which actual top 
contacting temperature may be established. 


EQUIPMENT IMPROVEMENTS AND OPERATING 
TECHNIQUE 


The majority of domestic contact plants were in- 
stalled during the period 1924 to 1930. In some instances 
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the equipment used in these plants was from other por- 
tions of the refinery, and not entirely suitable for the 
new duties. Recent studies as to the use of contact clays 
stg’ resulted in numerous improvements (see Fig- 
ure 5). 


CLAY HANDLING 


Simplification of this portion of the contact plant is 
being accomplished by discharge of the clay at the rail- 
road siding into a portable hopper from which a screw 
conveyor transfers the material to tank storage and 
thence to an automatic weighing mach‘ne. Inasmuch as 
the entire system described is enclosed, the dust nuisance 


tory arrangement has been obtained by by-passing the 
greater part of the feed and employing the mixer 
simply as a means of making slurry, which is then di- 
rected back to the suction of the pipe-still charging 
pump with the main stream. 


HEATER AND FLASH TOWER (LE., TIME AND 
TEMPERATURE OF CONTACTING) 


The time and temperature relation is to some extent 
interchangeable in arriving at the optimum condition 
for contacting petroleum oils. In order to establish 
these factors properly, it is best that laboratory tests 








Contact-Clay. Building containing 
storage, pumps, mixers, filters, surge 
tanks, control instruments, etc. 


a 





FIGURE 6 
Recent Plant Pipe-Still and Vacuum-Stripper Installation 





is eliminated. Incidentally, reduction in and elimination 
of storage space and handling of bags result in con- 
siderable saving. 


MIXING EQUIPMENT 


More recent opinion as regards mixing seems to be 
directed to decreasing greatly the size of this equipment, 
where formerly mixing tanks were used having capaci- 
ties of 50 barrels to 200 barrels and/or employing me- 
chanical mixing circulation. The use of automatic 
weighing machines for the clay permits continuous mix- 
ing equipment of relatively small volume capacity, i.e., 
2 barrels to 20 barrels. Continuous and intimate mixing 
of the clay and oil is effected during its passage through 
this type of equipment and charging pumps. Proper 
temperature of the oil for mixing should be arrived at 
by laboratory test. In cases where it would be unwise to 
pass the entire o:l feed through the mixer, a satisfac- 
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be carried out individually for the specific type of oil 
and adsorbent under consideration. By temperature of 
contact is meant the top temperature reached at the 
outlet of the coil heater, since this temperature has been 
found largely to measure the decolorizing value of the 
clay. In actual plant and laboratory practice, the tem- 
perature is brought to maximum under more or less 
constant rate of temperature rise. The time to obtain 
maximum temperature ranges from 5 minutes to 15 
minutes. The maximum temperature of contacted oil at 
the heater outlet may be from 300 to 450° F. for the 
light lubricants and from 450 to 650° F. for the heavy 
lubricants, depending upon conditions. Mid-Continent 
cylinder oils are generally contacted at about 450 to 
550° F., whereas Pennsylvania cylinder oils of the same 
viscosity are contacted at 500 to 600° F. These tem- 
peratures are considerably higher than were used some 
years ago, and have resulted in decreased clay usage. 

The upper temperature limits in these cases cannot 
safely be maintained from the standpoint of product 
quality or overhead degradation loss without due con- 
sideration of the heater construction, the contact-time 














fact 
the 
rest 







the 
up 
its 
plis 
the 
soa! 
desi 
bee! 











Lh 
it s 
whe 
effi 
con 
this 
helc 
pre 
stat 
hea 
tem 
son 


ind: 
imf 
des 
sect 
diat 
er ¢ 
of 

mir 
in t 
oil 

bub 
sect 
sar’ 
oil. 
and 
bar 
gta 
equ 
wit 
has 
the 
ture 


Filte 


Insid 
Insid 


Filte 


F ite 


Filte 





=o 


ig the 
mixer 
en di- 
ging 


ND 


x tent 
dition 
iblish 

tests 


need 


<2 





i 


factor, and the removal at the top temperature from 
the contacted oil of the moisture and reaction products 
resulting from the contacting. 

While this conclusion has in part been recognized by 
the industry for a number of years, equipment facilities 
up until recently have not been such as to demonstrate 
its real value. In the past the object has been accom- 
plished in part by the introduction of open steam into 
the heater and/or the introduction of steam into the 
soaker or flash tower following the heater. Due to poor 
design of the stripping equipment, this procedure has 
been none too efficient. 

In commercial application of contacting, time beyond 
| hour does not appear justified and, for the most part, 
it seems evident that optimum conditions are obtained 
when using the minimum contacting time required for 
efficient stripping of the oil after it has reached top 
contacting temperature. The term “contacting time” in 
this article is taken as the number of minutes the oil is 
held at or near the top temperature in the flash tower 
preliminary to cooling for filtration. Under no circum- 
stances does it appear desirable to re-cycle the oil from 
heater to flash tower for the purpose of maintaining 
temperature, since such practice results in over-treating 
some portion of the oil. 

The preferred heating and contacting procedure, as 
indicated in Figure 5, is made possible by pipe stills of 
improved design provided with automatic control and 
designed for oil velocities of from 5 to 10 feet per 
second. The improved type of vacuum stripper imme- 
diately following the pipe heater consists of a flash tow- 
er of sufficient capacity to give a maximum contact time 
of 1 hour with float control for variations down to 5 
minutes. The tower should contain several bubble plates 
in the top section for effective stripping action. The hot 
oil from the pipe stills enters this tower on one of the 
bubble plates. Steam may be introduced into the bottom 
section as desired. In general, it will not be found neces- 
sary to use more than % pound of steam per gallon of 
oil. Vacuum of from 23 to 28 inches should be provided, 
and may be economically accomplished by means of a 
barometric condenser equipped with ejectors. A photo- 
graph (Figure 6) of a recent installation of pipe-still 
equipment and vacuum stripper tower is presented here- 
with. The quality of oil produced with such equipment 
has been found to be fully satisfactory. Some idea as to 
the savings effected by operating in the higher tempera- 
ture range may be obtained by reference to Figure 7. 
Of special interest in this figure is the relative higher 
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DECOLOR/ZING EFFICIENCY - PER CENT RELATIVE TO ACTIVATED CLAY AT 500 DEG. F. 


300 400 500 600 
CONTACT TEMPERATURE-DEG. F. 
LEGEND 


A—Domestic activated clay 

B—Domestic natural clay “B” 

C—Domestic natural clay “C” 
Contacting Lubricating Oil for 20 Min. 


FIGURE 7 


Effect of Temperature on Decolorization 


efficiency for the activated clays with increasing contact 
temperatures. 


FILTER (1.E., OIL-CLAY SEPARATION) 


As indicated in Figure 5, the oil-clay mixture from 
the tower is immediately cooled and conveyed to surge 
tank and primary filter press for separation of oil and 
clay. Following the primary filter, final traces of fine 
clay are removed by means of a blotter press. An in- 









































TABLE 5 
General Data—Standard Sweetland Filters 

ORE EE EO Les VES LETTS CTT TALE OIE. 1 2 5 7 10 12 
EERE PY PEC R EN Oe eet OP Pee tee et 10 16 25 25 31 37 
NTN ac Sha oe aiin'n SC e anne BARS Madea. eeu ee ies 20% 36% 61 82 109 145 
Filter-Leaf Spacing—2 Inch: 

I et OE a Do OD Te ria kaha 9 18 30 41 54 72 

Filter area in square feet—Smooth rim... ...... 2.0... ccccccccccences 8 46 185 252 523 1,004 

Filter area in square feet—Grooved rim..............cccccceccccecces 7.5 42 175 239 500 "965 

Maximum cake capacity in cubic feet, with 4-in. cake................ 0.3 2 8 11 22 42 
Filter-Leaf Spacing—3 Inch: 

SUE NT MS CPOE Sie bard Sugg babble sacdve Fee tuacecs delay 7 12 20 27 36 48 

Filter area in square feet-—Smooth rim. ............. cece eete ee eees 6 31 123 166 349 670 

Filter area in square feet—Grooved rim...............0. cc cece ecceeee 5.7 28 117 158 333 642 

Maximum cake capacity in cubic feet, with l-in. cake................. 0.5 2.5 10 14 28 56 
Filter-Leaf Spacing—4 Inch: gf 

fev ta TC NN os Don ad othe Listens wig Sa Nis pido « ww Gaieseme bulma cua 5 9 15 20 27 36 

Filter area in square feet-—Smooth rim... .............eeeeeeeeeeeees 23 92 123 262 502 

Filter area in square feet-—Grooved rim............ 0 cece ec ecee ee eeees 4 21 88 117 250 483 

Maximum cake capacity in cubic feet, with 1}4-in. cake............... 3 12 15 33 63 

Total weight of filter filled with water (pounds)................... 550 2,150 7,300 9,350 16,500 29,600 
| 
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stallation of such equipment is shown in Figures 8 and 
9. The efficiency and capacity of filtering equipment 
have been improved by filtering the heavier oils at high- 
er temperatures of 275 to 350° F. and employing clays 


of higher filterability. Clay-cake thickness of 1% inches 
is not unusual (i.e., equivalent to 4.5 to 7.5 pounds of 
clay per square foot of filter area). The clav capacity 
of the filter and the pounds of oil put through the filter 
per cycle, together with the time required per cycle 
and number of cycles, determine the operating capacity 
of the filter per day. Useful data for calculating filter 
capacities are given in Table 5. While there have been 
no changes in the filter equipment proper within the 
last few years, experimental work is now under way 
using continuous Oliver United pre-coat filters, which 
if successful, will result in reduced cost. 

The removal of oil from clay cake in the filter by 
means of naphtha washing is used to advantage in some 
refineries. The amount of naphtha required to wash oil 
trom filter cake runs from 0.25 to 0.5 gallons per pound 
of clay used, and the whole washing time and airing 
period aggregates 10 minutes to 20 minutes. The usual 
oil content of contact clays in cylinder-stock service 
following air blowing is from 30 to 35 percent by 
weight. Naphtha washing of the cake followed by 
blowing with inert gas reduces this figure to 1 to 5 per- 
cent. 

Research in the field of clay revivification is under 
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FIGURE 8 


Filter-Press Installation 








way, but without evidence of immediate practical ap- 
plication. 

A means of reducing the cost of bleaching clays is 
the re-use of the clay cake (without washing) in pre- 
liminary stages of refining where contacting at higher 
temperatures than in the finishing stage. The justifica- 
tion for this procedure appears to be in the theory that 
the unused portion of effective adsorbent between lower 
and higher contacting temperature is salvaged: 

In summarizing, it may be said that the over-all re- 
sult of the improvements in the past few years has 
been a marked- simplification of the contacting process 
to give lower labor, material, and plant-installation costs 
on the basis of finished production of lubricants. 


ECONOMIC ANALYSIS OF CONTACT-CLAY 
PROCESSING 


Lubricating Stocks 

The modifications and improvements heretofore dis- 
cussed in the use of contact clays on lubricating stocks 
have increased the efficiency of this process to a point 
permitting maximum operating economy, together with 
a yield of higher-grade product than previously ob- 
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tained. By way of comparison, the following points are 
of interest: 


1. Lower Equipment Costs and Greater Throughput 


A recent contact plant having 600 barrels per day 
charging capacity was installed at a contracted cost of 
$80,000 complete. It is estimated that a similar plant, 
but with 1,000-barrels per-day capacity, could have been 
installed at approximately $100,000 complete. In the 
earliest stages of contact filtration a plant of the latter 
capacity would have cost about $200,000 complete. 


2. Continuous Operation 


CONTACTING TIME REQUIRED FOR MAXIMUM DECOLOR/ZATION 
ARBITRARY UNITS 


eiears . ; 7000 2000 2500 3000 3500 4000 
The improved-type plant is designed substantially for VISCOSITY-SAVOOLT UNIVERSAL AT 100 OE6E. 
continuous operation. Intermediate storage capacity is 
small and, hence, rapid changes in the type of stock : i FIGURE 10 , , 
; pee ET Ga . grat ; Relationship Between Oil Viscosity and Time Required for 
contacted can be accomplished. The improved-type plant 


2 _t Maximum Decolorization at Fixed Temperatures and Clay 
should require no more than two men per shift as Rate 


GL, ahd nck (Ze: 











against three to six men for the older-type plant. Labor FIGURE 9 

requirements are greatly reduced on account of auto- Blotter-Press Installation 

matic control devices. cities 

3. Increased Yields and Higher-Quality Stocks and charging stock have contributed to greatly reduced 
Higher temperature treatment, use of high-vacuum clay consumption and increased yields of a higher-qual- 

Strippers, recovery of soakage, improved type of clay ity product. Reduction of clay requirements to 50 per- 
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cent of previous averages has been accomplished in some 
instances. 


4. Lower Manufacturing Costs 

An outstanding point in favor of contacting is its 
simplicity. The process permits rapid and accurate cost 
analysis. In making such analysis three main items in 
cost must be considered, viz. : 


a. Direct operating costs: Calculations have been made to 
show comparative operating costs for one of the older-type 
contact plants (Table 7) against the more modern plant (Table 
6). It will be noted that the total direct costs, excluding clay 
and oil, in the former case are $.00377 per gallon of charge 
compared to $.00237 in the latter case. 

b. Clay costs: Clay costs per gallon of charge may be readily 
calculated by substitution in the formula: 

ke 
————. E= cost per gallon of charge 
2,000 Ib. 
(where C=cost of clay in dollars per ton, and E= pounds 
of clay used per gallon of charge). 

A typical example follows: 

C = $50 per ton 

E = 0.4 Ib. 





Thus clay cost per gallon of charge = 0.4 = $.011 


c. Yield: In order to arrive at actual cost of product for 
comparative purposes, the yield must be obtained. Plant yields 
are sometimes difficult to correlate to specific conditions of 
clay usage. Hence, in addition to the usual plant accounting 
methods, it is well to make a periodic laboratory search of oil 
losses to clay by the method outlined in Table 4. This test may 
readily be applied to actual practice by means of the following 
formulas: 

A— (RG) 100 


Yield of contacted oil = —— (formula F) 


in the above figure. Where oil is recovered from the filter cake, 
the same general formula may be used, but as follows: 
A—[(R — Y)G] 100: 





Yield of contacted oil = 
(formula F-1) 
where: Y = recoverable oil (see Table 4). 
Example : 
Conditions same as without recovery, but Y = 30 percent. 
Thus yield of contact oil = 
750 — [ (0.5 —0.3)40] 100 


750 
Yields obtained in the above manner will be useful in arriv- 
ing at both operating and material costs—the latter including 
clay, oil soakage, etc. 





= 98.9 percent. 


SUMMARY 


The following is believed to be a conservative comparison of 
typical oil and modern lubricating contact costs: 








| Old New 


(Dollars per | (Dollars per 
Gallon } allon 


of Charge) | of Charge) 





Operating costs (Tables 6 and 7).............. $.00377 $.00237 
Clay Costs:* } 

Old, at 0.6 Ib. per gal. at $52 per ton....... | 0 ak eee 

New, at 0.4 Ib. per gal. at $52 per ton...... Bi) pea .01040 

— EES TSAR So WN aR Meta aT |  $.01937 $.01277 











*Activated clay. 


In placing the foregoing cost on a finished-oil basis, yields 
may be obtained by substituting in formula (F), assuming 8 
cents charging-stock value, as follows: 

































































ae A ; . Net Advan- 
(where A= gallons of oil charge; RK =total oil retention on ‘i aus ai pow tage for New 
nae ‘ a Se a St Sp ae ollars per ollars per (Dollars per 
clay charge basis; and G = pounds of clay used). Gal. of Yield) | Gal. of Yield) | Gal. of Yield) 
Example ; Operating and clay cost... $.0202 foe 
nF é . 96.0 | 
A= 100 gal. (750 Ib.) Operating and clay cost...|  ..... | $.0131 $.0071 
R = 50 percent. 97.4 
G64 Ib per gal (40 Ib ) Material cost at 8 cents... .0834 ea eee er 
r P , ‘ 96.0 | 
750 — (0.5°40) 100 Material cost at 8cents...}  ..... | .0822 Seat ees 
. - . = wf | 
Thus yield of contacted oil = ———___—-_—_ = 97.4 sa Reena pad Ae Bae 
750 Total cost........... $.1036 | $.0953 $.0083 
percent. Overhead loss, or degradation, if any, is not included — . ——— 
TABLE 6 
Standard Organization and Expense Schedule 
(Plant Capacity—1,000 50-Gallon Barrels Per Day) 
Refinery (Lubricating) Department (Contacting) Unit 
| Plant | | Standard | 
| Hrs. in | No. of | [Standard Costs per 
| Split | No. | Shift | Stan- | Mate-| Units in | Standard Month 
| (Per- | of | How! or | dard | rial | Standard |  ) 
ACCOUNT NAME Position | cent) | Men | Paid | Day | Mo. | Unit | Mo., 657 | Price or Rate Fixed Variable 
| | | | | 
Position and Non-position Labor: | Foreman........ | 25 1 | Mo. | Day | ee ee eee ee | at $1.00 per hr. | 2 eee 
| | | | 
| No. 1 operator. . | 100 | 3 | Shift} .... | 730 | tees. at 1.00 per hr. ae 
No. 2 operator...} 100 | ae + oer | 730 | Ber ahrnatcs | at .75 per hr. ae 
| Heavy laborer... ; 100 es. um Day | 156 | Seer at .60 per hr. | a Gare 
Total labor. .| | wee eS aes Brees $1,446.10 | ...... 
General Expense: Sc Wacecls > ks, « ga Su Sunibi nS Wee Oe sade $416.00 ras + ; 
es Senn, 0 nO POE ROO io a ok ook coccinea niece ceemneecccticweenscees cole MI Be deginae a 
Steam, 100,000 Ib. at $.30 per thousand pounds... ... 0... ccc ccc ccc ccc cc ccc cc cceccias Serer 
ae cain. ete eninaera bd ae wpaibae aes $486.00 aa om : 
IES <5 alg'h lh ai. «5:4 0-0 ya om 6. Ke gee buat mee aliaaNare dea adeea toate: & dougie Siacheten oa. ka Ais oie ae Si,903.10 | .....-- 
I CAS CR Od ated aes dig io diane ug Bg A dly'a 6 PRMD ER Oe casi od he ee $2.94 Seals S 
eI ME MNOIU 0 5 50.0 5.05 ois n'a Fb le sive. Hb Vip WOME 0.05.6 46 gcd doedisiaisie goaeceee sien Fo} | 
Variable Items Dependent Upon Fuel at 1 gal. per SO gal. at 3 cents per gallon of charge... . 0.2... ccc ccc ccc cccccccclaccccscel  avcece $.0006 
Throughput: rr a © om er We, ee ce OO OO CUUNURID HOMME... ww ck ccc ccc cccccccccchoccccccl . ccecca .0003 
a ee a PN as le des 5 Xela Wid cis 0 lnidle di ehewie wad bObCw wee heeceekh  etdbie .0001 
Ae Rn aie nea id Whee Sia ea Be ot 6rd a < Wie Ne arel.6.6ig 4, 6ibla Sie-« 6/00. 0e-haho ase» bowed Lakut> ces peck 0001 
NL a les lg D gid AE REDE Oe EK aD eas 3 $.0011 
es er OU NN oc Whoa cbieewsidéncebewe vende celecsed cbecks $.00237 














Plant time efficiency—90 percent (730 Ib. times 0.9 equals 657 hours per month). 
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TABLE 7 


Standard Organization and Expense Schedule 


(Plant Capacity—1,000 50-Gallon Barrels Per Day) 
Refinery (Lubricating) Department (Contacting) Unit 






























































Plant Standard 
Hrs. in No. of Standard Costs per 
Split | No. | Stan- | Mate-| Units in Standard Month 
(Per- of dard rial | Standard 
ACCOUNT NAME Position cent) | Men| Mo. Unit | Mo., 657 | Price or Rate Fixed Variable 
Position and Non-position Labor: | No. 1 foreman................. 50 1 wee Tea. eee ae $300.00 per mo. SiSGGO. of) .. cians 
Se Se SS os a. kn ks SS 100 3 SAS Ga. a eee. 1.00 per hr. vc | Sea Saranac 
a ae 100 3 ce ise... ebatae -95 per hr. S| te ar rt 
eee rere 100 3 se: ge be A Mbp oss -70 per hr. Sea. 4k cbe 
NFOEC TE TOR 100 3 hy ee eae eee -75 per hr. CMe AH sigeace 
BO DE ing bo 5 x ace se Deen 100 1 ee RP Re -55 per hr. ke eee 
SO TE i. 5.8s eee we GeE BR ae ee 0 OP Sa BS es a eee Sass tie 4. sade 
General Expense: Rennins Coeatanant Be Ok © MOE os a so ais on acces dicvs cee seeeeresceutonedenes oe 2 ee aetna 
Pree, Ge Ses. ot ewe ee CNS ti oe oon i nk ee bec weenie reo seebowekeae wad oF Bee Maro one 
Stam, SGT I.e Ge OO CHOI HOMIEE:. 5 ow <6 5o bo 0c ook viva Lies Kecepynadesesuns aaa eee tee 
DOU CR. 8 oe ss Us 5 Cabos sks Sp beelwe.b Reread cubed tans deed aed Gee Oecd eee $1,196.18 | Neary 
nnn i it is bk Sa ay 4 wa 4 So elt aldne ke Se aes ae Sad entree ae eee SSRIS. 2 SS 
i Bee A I a oe: oo vdeo ova 5 6 a6 SR OAS awd 0 be NORE CESS Cree ORE ELE Ss tea eae ee ees 
Eee Bae ees Ge CINE oF os. 0 55 ko o's ha whe 4 ks Riise ob hs Dia ie wake DEE ce MEL Fi cccpiiiee 
Variable Items Dependent Upon | Fuel at 0.8 gal. per 50 gal. at 3 cents per gallon of charge... .. 1.2... cece cee eee eee] teens $.00048 
Throughput: Ns 555k 'es 6d 40 40S E 6 CEES Sp ewe bie bie de babe bie He ee dk aie Se ee aE ook ee ee ee .00060 
ee ARPS Oe Oy CIAE PO rs Penne ree ete oT Py pry cote toe MEP ee .00012 
Tatel: westeble-~- Ties meat -O6 Meee ooo i. ons osc ic beik as bb db4 ehbbw et deka abeliea eee Ue $.00120 
Total Rucd acid: waridiie—Per. galiom OF Care... o5 ois 665 oi6 5 kb bbs cideds Shu bbdedcaeee. coxsne .00377 

















Plant time efficiency—90 percent (730 hours times 0.9 equals 657 hours per month). 
Process Requirements—Variable: Steam = 2 lb. per gallon; Fuel = 0.8 gal. per 50 gal. 


Where clay soakage is recovered, formula (F-1) is 
used instead of formula (F) and, in addition, cost of 
recovery shown as a debit. 


MOTOR FUELS 


The foregoing discussion is confined to handling lu- 
bricating stocks and specialties. There is an increasing 
demand for contact clays, brought about by the various 
new processes in motor-fuel manufacture. Attention in 
the past few years has been especially directed to pro- 
duction and maintenance of high octane number, low 
gum content, and stability. Both activated and natural 
contact clays have been applied successfully on various 
types of vapor- and liquid-phase cracked distillates. In 
the new field of gas polymerization the use of activated 
clays as catalyst carriers and catalysts are demanding 
considerable attention. Various patents refer to the 
merits of this type of material for such purposes, and it 
seems quite likely that contact clays of the activated 
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type will be in demand for this phase of petroleum 
refining. 
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Lubricating Oils 


HE possibility of employing solvent methods for 

refining petroleum oils was first shown by But- 
lerov, as early as 1870, but it was not before the be- 
ginning of this century that such methods were ap- 
plied commercially — first for refining kerosine and 
later to the manufacturing of lubricating oils. Delay 
in the practical application of solvent-refining meth- 
ods might be explained partly by the lack of cheap 
solvents and by the inadequacy of mechanical and con- 
structional facilities in the past. Some delay was 
caused by lack of appreciation of the characteristics 
of solvent-refined oils, and also because the attention 
of the petroleum industry was absorbed for some 
years with the rapid development in distillation 
equipment and technique. In fact, it is probable that 
the economic success of solvent-refining processes is 
largely due to the great strides made in distillation 
practices immediately preceding the introduction of 
these processes. 

The effects of aromatics on the burning quality of 
kerosines had been recognized for many years. The 
search for a method of removing them better than by 
acid refining led to the discovery of the solvent 
power of liquid sulfur dioxide and the development 
of the Edeleanu process. Similarly, when it was rec- 
ognized that many of the undesirable characteris- 
tics of lubricants were due to compounds of an aro- 
matic nature, solvents were found which were ca- 
pable of removing them from those oils. 

A large percentage of the lubricating oils made 
from petroleum is intended for use in internal-com- 
bustion motors, and certain properties have become 
recognized as desirable in such oils. The more im- 
portant of these properties appear to be a flat viscos- 
ity-temperature gradient commonly measured in 
terms of viscosity index, good resistance to oxida- 
tion, and a low carbonizing tendency. Various tests 
are used to evaluate oxidation resistance and car- 
bonizing tendency. Oxidation resistance is hard to 
define, and no single test seems adequate to evaluate 
it. The carbon-residue test will be assumed as an 
index of the carbonizing tendency of an oil, even 
though it is occasionally misleading. 

Lubricating oils are a very complex mixture of 
large hydrocarbon molecules. The molecules may be 
considered as mostly hybrids consisting of aromatic 
or unsaturated rings, naphthenic or saturated rings, 
and saturated chains in varying proportions. It is 
obvious that, in building large 
molecules with various propor- 
tions of these three types of car- 
bon linkage, a wide variety of 
compounds can result. Hence, in 
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speaking of an oil, or any part of it, as aromatic 
or naphthenic or paraffinic, we really mean that one 
or the other of the above types of carbon linkage 
predominates in that particular oil or part of it. Pure 
compounds of either type are not usually present in 
lubricating oils. Waxes come closer to being pure 
compounds (paraffinic chains), but dewaxing and 
dewaxing solvents are not considered in this article. 

It has been found that compounds of predominant- 
ly aromatic type are characterized by low viscosity 
index and poor oxidation resistance and, therefore, 
are undesirable from the standpoint of the refiner. 
Aromatic types also tend to increase the carbon res- 
idue, but in this respect they are not as significant 
as the asphaltic compounds. Asphalts are compounds 
of very high molecular weight, and exist in the oil 
in a highly-dispersed colloidal state. There are other 
compounds of an unstable nature which are easily 
polymerized to asphalts by heat or oxidation. Both 
might be considered analogous to the “preformed” 
and “potential” gum in gasolines. In addition, there 
are resinous compounds which may be light colored 
and relatively stable to oxidation. All of these as- 
phalts and resins have in common the property of 
being non-distillable in the ordinary sense. In other 
words, at all ordinary pressures they vaporize at 
temperatures far above the point at which they break 
down to form carbon. The usual refining solvents do 
not remove asphalts very effectively ; and, if asphalts 
are present in large amounts, they are best removed 
by distillation or by the precipitation type of solv- 
ents such as propane, amyl! alco- 
hol, and others. A detailed discus- 
sion of de-asphalting processes, 
however, is somewhat beyond the 
scope of this article. 
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Commercial solvents for refining lubricating oils 
are mostly organic compounds or mixtures of com- 
pounds having a limited solubility in paraffinic or 
naphthenic hydrocarbons at ordinary temperatures 
but relatively good solvent power for aromatic-type 
hydrocarbons at the same temperatures. In other 
words, refining solvents have a preferential solubil- 
ity for compounds of the aromatic type, and will se- 
lectively extract the predominantly aromatic types 
from a mixture of hydrocarbons such as a lubricat- 
ing-oil fraction. However, other factors being equal, 
refining solvents have a somewhat greater solvent 
power for compounds of lower molecular weight, 
and it is possible for a solvent to extract compounds 
of low molecular weight of a relatively paraffinic 
nature, and fail to remove others which are relative- 
ly more aromatic but of higher molecular weight. 
For this reason, it may be inadvisable to solvent- 
refine a very wide fraction or a blend of widely dif- 
ferent stocks. The stock may be over-refined on the 
lighter end and under-refined on the heavier end. 
This may not be evident from the viscosity index, 
but the oxidation resistance under certain conditions 
may be affected. 
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tically, this is not the case; because, while there may 
be marked differences between the solvents in their 
pure state, in practice we are not dealing with pure 
solvents but with a solvent-oil system. The oil must 
be considered as reacting on the solvent as well as 
the reaction of the solvent on the oil. Analysis of a 
solvent-refining system shows that the raffinate is in 
equilibrium with nearly pure solvent, and_ the 
amount of solvent dissolved in the raffinate is quite 
small—perhaps 10 percent. Therefore, it is not sur- 
prising that the quality of the raffinate is much more 
a function of the stock being treated than a function of 
the solvent used. On the other end of the system we 
have the extract, which is mostly solvent, in equilibrium 
with the charging stock. The solvent is carrying in 
solution an appreciable amount of aromatic compounds 
removed from the oil. When aromatic compounds are 
added to any refining solvent, they tend to increase the 
solubility of oil in the solvent until, when enough is 
added, the solvent and oil become completely miscible 
and the solvent can then no longer function as a re- 
fining agent. The amount and kind of aromatics pres- 
ent in the solvent are, of course, a function of the 
charging stock; and, as the influence of the aromatics 
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FIGURE 1 
Solvent ‘‘A.’’ 


Refining solvents vary somewhat in solvent power, 
which is the ability to hold the aromatic constituents 
of the oil in solution. Solvent power is important be- 
Cause it influences the amount of solvent required to 
remove a given amount of impurity from a given 
stock. The solvent power of any solvent is increased 
by raising the temperature, but there are objections 
to carrying this expedient too far because of the ef- 
lect on selectivity. The selectivity of a solvent is its 
ability to distinguish between the aromatic type of 
compounds and those of the naphthenic and paraf- 
linic types. If a solvent cannot do this, it obviously 
has no value as a refining agent. Considering the 
wide differences in chemical constitution of the 
Various refining solvents now used, one would ex- 
peet fairly-wide differences in their selectivity. Prac- 
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on the solvent is very great, the type of oil charged to 
the system is really the dominant factor. As a result, 
it is found that practically all of the commercially-used. 
solvents give about the same quality and yield of raf- 
finate from a given charging stock if the best treating 
conditions are used for each of the solvents. Figures. 
1, 2, and 3 are constructed from data obtained with 
three of the most widely used commercial solvents in 
one-stage and three-stage systems. A temperature and 
solvent ratio may be found for each which gives prac- 
tically the same quality and yield of oil. A detailed 
technical discussion of these graphs will be published 
shortly in Modern Methods of Refining: Lubricating 
Oils, by V. A. Kalichevsky. 

However, all solvents will not operate upon all charg- 
ing stocks with equal economy, as some solvents are 
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FIGURE 2 
Solvent “B.’’ 


better suited to handle certain stocks than others. This 
does not apply to the treatment of residuum stocks 
where a large amount of asphaltic material is present. 
The Duo-Sol process, for instance, cannot logically be 
compared with single solvents on such stocks because, 
owing to the action of propane, the Duo-Sol process is 
essentially a combination de-asphalting and solvent-re- 
fining process and is, therefore, particularly suited to 
asphalt-bearing stocks. In the absence of asphalt, this 
advantage disappears. 

From the foregoing it is obvious that the charging 
stock is the most important factor in solvent refining ; 
and, while it may not determine which of the various 
commercial processes should be used, it will strongly in- 
fluence the choice of treating conditions for efficient 
operation as well as the yield and quality of the fin- 
ished product. Solvents vary in boiling point; and, as 
the solvent is generally recovered from the raffinate 
and extract phases by distillation, it is necessary to have 
a certain differential between the boiling point of the 
solvent and that of the oil. Therefore, the lower-boil- 
ing solvents can be used to treat lighter oils than would 
be practical with higher-boiling solvents. All solvents 
do not have the same selectivity or solvent power at the 
same temperature, and this again varies with the stock 
to be treated. Light oils of a predominantly aromatic 
or naphthenic nature require lower treating tempera- 
tures than heavy oils of a paraffinic nature. Light 
Coastal oils, for instance, require very low treating tem- 
peratures with some solvents, and, therefore, refrigera- 
tion would be necessary; while other solvents might be 
used at ordinary temperatures on the same stocks, and 
save the cost of refrigeration. Conversely, on viscous 
paraffinic oils, some solvents may be used at ordinary 
temperatures, while others require considerably elevated 
temperatures. 

Elevated temperatures sometimes have a practical ad- 
vantage, particularly with viscous oils having a high 
wax content. Higher temperature reduces the viscosity 
of the oil, and allows more intimate contact with the 
solvent. It also tends to reduce the danger of wax 
emulsions in the treater by holding the wax in solution. 
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Hence, what might appear to be an expense for addi- 
tional heat may in reality be a good investment from 
the standpoint of ease of operation or additional treat- 
ing capacity. 

While solvents permit the refiner far more latitude in 
the degree of refinement to which a stock may be 
treated than was generally possible with acid, there are 
limits beyond which it is not economical or even de- 
sirable to go. A higher viscosity index may usually be 
obtained with solvents than with acid from a given 
stock, but a point is reached where the viscosity index 
increases very slowly while the yield decreases rapidly, 
and that is obviously the economic refining limit for 
the particular stock in question. It is not always advis- 
able to refine a stock to the economic viscosity-index 
limit, because a distinct loss in oxidation resistance may 
develop before that point is reached. Therefore, the 
maximum viscosity index which a stock is capable of 
producing economically may not be the best point to 
carry the refining in practice. 

Solvent-refining operations appear quite simple, but 
operating a solvent-refining plant is not simple because 
of the several factors involved and the effect that each 
may have on the others. The solvent must be brought 
into intimate contact with the charging stock, and suf- 
ficient time allowed for the solvent to take up all of the 
undesirable part of the oil that it will under the condi- 
tions chosen. The time required will, of course, depend 
upon the amount of interface present or the dispersion 
of the oil in the solvent. When the solvent and oil have 
come to as nearly complete equilibrium as possible, they 
must then be separated as completely as possible. The 
time required for separation will depend upon the dit- 
ference in gravity between the oil and solvent phase, 
the viscosity of the system, the degree of dispersion, 
and whether or not an emulsifier is present. 

It is evident that a fine dispersion of oil in the solv- 
ent accelerates extraction but delays separation. Time, 
of course, determines the amount of material which 
must be held in the system for a given throughput and, 
therefore, affects the cost of solvent, equipment, etc. 
In practice it is, therefore, necessary to compromise on 
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the degree of dispersion which will give the best ex- 
traction and separation in a reasonable time. It is pos- 
sible to use mechanical aids to accelerate both extrac- 
tion and separation. High-speed mixers have been used 
in conjunction with centrifuges, but both consume 
power and require additional cost for upkeep. There is 
still another way of decreasing time and compensating 
for the losses due to imperfect mixing, viz., more 
stages. 

A single sieve will separate completely pebbles having 
a diameter of % in. from those having a diameter of 
¥, in., but solvents do not work that way. Solvents will 
only remove a certain proportion of the impurity pres- 
ent, and, therefore, a succession of mixtures of solvent 
and oil must be made in order that extraction of the 
undesirable materials in the oil may approach comple- 
tion. If the amount removed by any particular stage is 
not quite what it should have been, the failure may be 
corrected by adding one or more stages. When equilib- 
rium is completely reached in each stage and separa- 
tion of the phases is also complete, there is little to be 
gained in using more than seven or eight stages for 
severe refining, and even less if refinement is not to be 
carried very far. In practice, however, it may be ad- 
visable to employ less perfection in mixing and sepa- 
ration and introduce more stages. This is encountered 
in practical operation of the packed-tower treater. 

It so happens that most of the compounds having 
properties suitable for refining agents also have spe- 
cific gravities substantially higher than oil. Therefore, 
if a drop of oil is introduced at the bottom of a column 
of solvent, it will rise to the top and be continually in 
contact with fresh solvent throughout the trip from 
bottom to top. If horizontal equilibrium between the 
solvent and the oil were fast enough, the drop of oil 
would have to travel only a few diameters to be com- 
pletely refined, and a treating tower only 1 inch or 
2 inches in height would suffice. By extending the 
tower to many feet, it is possible to compensate for the 
lack of equilibrium at any one point and accomplish the 
same result. As towers have no moving parts and the 
liquid “holdup” is usually small compared with stage 
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treaters, they are coming into wider use. At any one 
point they may be considered as inefficient; but that is 
overcome by the large number of effective stages which 
they contain because of their great height—and the 
over-all result is generally better than an eight-stage 
treater if they are carefully operated. 

Another method of compensating for imperfect equi- 
librium between solvent and oil is the use of a tempera- 
ture gradient. Mention has been made of the fact that 
increasing the temperature increases the solvent power 
of a solvent but decreases its selectivity. Mention has 
also been made of the fact that the presence of aroma- 
tic constituents in the solvent reduces the selectivity. In 
all counterflow systems the solvent gradually picks up 
aromatics as it travels from the raffinate end, where it 
is introduced, to the extract end where it departs; and, 
hence, the solvent is continually losing selectivity. The 
yield is determined entirely by the state of affairs on 
the extract end of the system. In other words, the yield 
is what the solvent does not elect to carry away with it 
as extract. Yield is, therefore, a function of the charg- 
ing stock, the solvent, the solvent-to-oil ratio, and the 
temperature at the extract end of the system. On the 
other hand, the quality of the raffinate will be a func- 
tion of the stock, the solvent, the solvent-to-oil ratio, 
and the temperature at the raffinate end. Practically 
speaking, the identity of the solvent drops out, and may 
be disregarded. The important consideration is the 
progressive change in solvent power and selectivity of 
the solvent throughout the system. A solvent ratio 
capable of producing a raffinate of desired quality may 
display too much solvent power at the extract end of 
the system, and result in a low yield. If, however, the 
temperature is increased at the raffinate end, less sol- 
vent may be used. By gradually decreasing the tempera- 
ture towards the extract end, compensation for the in- 
creasing solvent power of the solvent 1s obtained, and 
the quality-yield ratio may be improved, but care must 
be used in adjusting the temperature gradient to the 
optimum inherent to the system. Otherwise, the quality 
or yield of the raffinate may drop. 

Compensation for excessive solvent power and loss 
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TABLE 1 
Charging Capacity of Solvent-Refining Plants Producing Lubricating Oils 
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of selectivity of the solvent may be accomplished 
other ways. In the case of mixed solvents such as 
benzol-sulfur-dioxide, it might be done by changing the 
solvent ratio as, for instance, increasing 
dioxide toward the extract end. With single solvents it 
may be done by adding water or another solvent to- 
ward the extract end, but the principle remains the 
same. 

While on the subjects of temperature gradients, se- 
lectivity, and solvent power—mention might be made of 
a difficulty which is sometimes encountered in prac- 
tice. One or more of the stages may form a complete 
solution ; i.e., the two phases disappear. This may be 


the sulfur 


due to too high temperature, too high concentration of 
aromatics in the solvent at that point, or both. It can 
be corrected by dropping the temperature, using more 
solvent or modifying the solvent with water, etc. A 
higher solvent ratio is usually advisable. 


Occasionally, a failure to get good separation is due 
to the formation of emulsions. Any system dealing with 
two immiscible liquids is subject to emulsification, par- 
ticularly if a finely-divided insoluble material is pres- 
ent. In the case of solvent refining, such a material 
might be wax or asphalt. If improper separation of the 
solvent and oil phases is encountered, it should first be 









































TABLE 2 
Solvent Data 
Sulfur Cresylic Nitro- 
Propane Dioxide Benzol Acid Phenol Chlorex Furfural benzene 
i eel oe 6 ek bk ew 66b 6 mee ceces 44.08 64.12 78.05 108.06 94.05 142.98 96.03 123.05 
ESS re ae —310 99 >” Fa ae eee 105.6 —12 —34 42.5 
Boiling point, ° F. (760 mm. mercury).......... 43.8 14 175.3 365-400 361 352.4 323 411.5 
Vapor pressure at: 100° F. (mm. mercury)...... 9,460 4,370 ee, er Se Eee, oe 2 7 0.9 
ns cise ccccctscceetss] «seuss 45,524 3,520 160 RS ease ee: ims 100 
Sigel CEE LTTE EE 212.2 311 552 800 2a eee Ee eer 
Critical pressure, Ib. per sq. in.,absolute......... 643.3 1,160 700 740 ae © \ e6540% Ee: ees 
Latent heat of vaporization, Btu. per lb........ 183.0 167 169.7 180 206 115.4 193.5 142 
Specific heat, Btu. per Ib. per° F.............. 0.658 0.32 0.41 0.53 0.56 0.369 0.416 0.34 
Specific gravity, G6/G6° F.. wee cece ceccees 0.5116 1.45 0.8050 1.045 1.072 1.222 1.1622 1.207 
Ee TEs eS  cladeseel  epeane |  denese 10 180 174 168 138 208 
ee sees shea  sebecd”  \L ‘esedes 0.07 2.5 9 1.01 at 8.5 0.2 
percent percent percent 20° C percent percent 
ES 8 ee ee eae: BS -2cestex ey er ore 1.71 at 9 0.25 
percent 90° C. percent percent 
254 Refiner & Natural Gasoline Manufacturer—V ol. 16, No. 6 


Pou 
Fla: 
Fire 

i 
Vise 
Vise 
Car 
Col 
Slig 


de 
cal 


me 


dif 
dli 
for 
ex 
lar 
fai 
the 
ces 
bec 


see 


on 
sta 
sin 
ad 


acc 
the 
pa: 
an 
bet 

7 


Ta 
vel 
las 
ha 
the 
use 
as 


dat 


Rite mpeetean 


Jui 





a 


| Capacity | 
(Percent) 


sssezce | 
| S88ese8s 


= 
= 


elineee 
S| ssss 


leoeear te 
S| sssssss 


se | 


| 


s 


| 


of 
an 
re 


TABLE 3 
Comparison of Mid-Continent Motor Oils 


TABLE 4 


Comparison of Pennsylvania Motor Oils 














1932 1937 
(Acid-refined) (Solvent-refined) 
SAE-40 | SAE-60 | SAE-40 | SAE-60 
COM OIE Ts On... Wao Ad och oo So ed 25.7 28.8 28.0 
Pe a ae ee oe 20 25 0 5 
SE Me Ws ono 6 as vhs o ais 3989 430 480 460 515 
NN, TOE ba 5 occ da'e Mewes wie 490 535 520 585 
Viscosity (Saybolt Universal) at 
POUL M Sc cca hes iaks cars 770 1,765 660 1,437 
Viscosity (Saybolt Universal) at 
gs TS "SR aa peer 73 110 73 110 
NNT TO se os dale eeaee a’ 83 80 100 98 
Carbon residue, percent........... 0.9 1.4 0.2 0.3 
eT | rere 170 240 60 80 
SN ORMENESGM INO. 0.0000 cccescees 17 4 0 0 




















determined whether a solution or an emulsion is the 
cause. It can then be corrected accordingly. 

From what has been said, it is clearly impossible to 
make a fair direct comparison of the various com- 
mercial processes now in use because of the widely- 
different nature of the charging stocks they are han- 
dling. No one process is best for every stock ; and there- 
fore, no single stock can be used for such a comparison 
except by the refiner who is interested in that particu- 
lar stock to the exclusion of ali others. Neither is it 
fair to discuss the mechanical equipment in vogue at 
the moment with any particular process. Solvent pro- 
cesses are comparatively young, and practically all have 
been changed more or less since their introduction. It 
seems unquestionable that other changes will be made, 
and that some may even be under way. We might dwell 
on details of. the chlorex or furfural processes, for in- 
stance, only to find that tomorrow they are no longer 
simply chlorex and furfural but have had something 
added to them, as happened with the Edeleanu process. 

It, therefore, appears possible only to list the actual 
accomplishments of the more important processes from 
the most recent data we have been able to collect, and 
pass on to a brief consideration of solvent-refined oils 
and some of their properties compared with oils in use 
before the advent of solvent refining. 

With this thought in mind, we have summarized in 
Table 1 the charging capacities of lubricating-oil sol- 
vent-refining plants throughout the world during the 
last few years. Plants using straight sulfur dioxide 
have a total capacity of 92,260 barrels per day; but 
they are not included in the summary, because they are 
used mostly for refining light petroleum products such 
as kerosine. 

Considering viscosity index, carbon residue, and oxi- 
dation stability of petroleum oils as the measures of oil 
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1932 1937 
(Percolated (Solvent-refined, 
and Percolated, and 
Dewaxed) Dewaxed) 
SAE-20 | SAE-60 | SAE-20 | SAE-60 
CE MDs os oes v-cecscdoumeee 28.4 26.2 31.1 28.5 
te es tos ee ae eee 5 20 0 0 
I Is oss iis <-acaad'g Biotec 430 510 430 540 
WO Na koh i bea ok ee 485 575 480 610 
Viscosity (Saybolt Universal) at 
of A RPE ey es 373 1,736 294 1,543 
Viscosity (Saybolt Universal) at 
WU cs bbs ic act een kgea 57 123 55 122 
We oo o500.i6 ses conn 100 98 117 105 
Carbon residue, percent........... 0.6 1.5 0.3 0.4 
ee ae ree 120 300 70 30 
Stigh ouigetion No. ........ 066.008 4.0 1.0 0 























improvement in solvent-refining operations, the advan- 
tages of solvents over the older acid-refining methods 
may be easily observed. In acid-refining Mid Continent 
stocks for. manufacturing oils of approximately SAE- 
40 grade, it was barely possible to obtain products 
which had a carbon residue below approximately 0.8, 
except with overhead stocks, while the viscosity index 
could not be improved more than to 85-90. The oxida- 
tion stability of such oil was likewise below that of the 
present oils. Solvent-refining methods applied to resid- 
ual stocks permit manufacture of similar types of 
oils having a carbon residue of about 0.2 and a viscos- 
ity index of 100, while their oxidation stability is great- 
ly improved. Table 3 gives a comparison of acid-re- 
fined and solvent-refined oils* marketed during 1932 
and 1937, respectively. 

While the above discussion shows the effect of 
solvent refining on Mid Continent stocks, similar ad- 
vances were made in manufacturing oils from Penn- 
sylvania crudes. These oils contain only small quanti- 
ties of “preformed” asphalt, and their carbon residue 
can be effectively reduced by applying solvents’ fol- 
lowed by clay percolation. The effect of such prelim- 
inary solvent refining on the properties of finished 
products may be likewise visualized from the compari- 
sons in Table 4. 

The above typical data show the progress made in 
manufacturing lubricating oils and the extent of the im- 
provement of commercial products which are now being 
marketed. 

No. convincing data have. been. published. so far. to 
show that solvent-refined oils differ from acid-refined 
oils with respect to oiliness or wear when strictly com- 
parable test conditons were employed. The follow- 
ing data are typical when oils of equal viscosity, .and 
from the same crude source, are used. Oil No. 1 was 
acid-refined, while oil No. 2 was solvent-refined. Both 
were of Mid-Containent origin, and were handled. ex- 
actly alike except for the difference in the refining 
agent used. Wear tests were made with a Timken ma- 
chine, and friction load curves with a Kingsbury 
machine. 


Timken Wear Tests 
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Oil No. 1 Oil No. 2 
Rr ery creer rrr | ae Sas 1.28 1.33 
Ne SERRE TEIRE RR GARI ewes 9 Sel AY: 1.02 1.03 
SS SRA PRET PA eee De te Pie eres 1.11 1.09 
MIN ia ono ids Ghee 0d ducaks 05h eRe ee 1.14 1.15 











Friction-load curves in Figure 4 also show the prac- 
tical equivalence of these two oils. 
[Continued on page 262] 
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miGH-OCGTANE 


E. SAEGEBARTH, 
A. J. BROGGINI, and 
E. STEFFEN 


Edeleanu Company, Ltd. 
New York, New York 


HE steady increase in compression ratios of in- 

ternal combustion engines during the past 10 
years, with the aim of improving engine efficiencies, 
has increased the demand for non-detonating fuels to 
such an extent that the refiner has had to turn to 
new methods for their production. Cracking and re- 
forming have been generally accepted by the oil in- 
dustry; and recently polymerization of gaseous ole- 
fins, with and without the use of catalysts, and the 
manufacture of isooctane and isopropylether have 
been introduced into the technique. 

The purpose of this paper is to show how solvent- 
extraction methods can be used for the production 
of blending stocks of 80 to 100 octane number from 
straight-run naphthas of widely-different origin. In 
1925, L. Edeleanu directed attention to the anti- 
knock properties of extracts obtainable by liquid- 
sulfur-dioxide extraction of naphthas and low-boil- 
ing kerosine cuts. His U. S. patents 1,585,473 and 
1,661,566, granted in 1926 and 1928 respectively, sug- 
gest especially the use of extract fractions boiling 
between 270 and 430°F. for blending with the lower- 
boiling fractions, thus eliminating the paraffins and 
naphthenes of high-boiling range and very low oc- 
tane number. 

The demand for blending stocks of higher octane 
number made it necessary to improve upon this 
method of extraction by selecting treating conditions 
under which only the aromatic and unsaturated hy- 
drocarbons would be removed, leaving undissolved 
as many as possible of the saturated constituents of 
the naphtha. This was accomplished by extracting 
the charging stocks at low temperatures ranging 
from 0 to —60°F. 


SELECTION OF CHARGING STOCK 


The concentration of aromatics present in straight- 
run naphthas varies widely, depending upon their 
origin. In order to cover as wide a field as possible, 
we selected for these experiments a Mid-Continent 
naphtha with 9.5 percent aromatics, a Sumatra naph- 
tha containing 19.8 percent aromatics, and a South 
Texas stock with 31.2 percent aromatics. These three 
samples comprise straight-run naphthas of about the 
lowest and highest aromatic content generally avail- 
able. 

The suitability of the stocks for solvent extraction 
also depends on their boiling range. Since benzol 
(boiling point, 176°F.) is the lowest-boiling aromatic 
compound, substantially all the aromatics will be 


NUMBER 


Blending Stocks 


Produced by 
Solvent Extraction 





GTRAIGHT-RUN naphthas from widely-different 

types of crudes are extracted with liquid sulfur di- 
oxide at temperatures from 0 to —60°F. Regardless 
of the origin of the charging stock, excellent sep- 
aration of the high-octane-number constituents, 
comprising the unsaturated and aromatic hydrocar- 
bons, from the low-octane-number constituents, 
comprising the naphthenic and paraffinic hydrocar- 
| bons, is obtained. The aromatic and unsaturated hy- 
drocarbons are dissolved by liquid sulfur dioxide. 
After recovery of the solvent from the extract solu- 
tion, blending stocks are obtained with octane num- 
bers ranging from 80 to 90, depending upon the 
extraction temperature. Upon further fractionation, 
stocks with octane numbers as high as 100 may be 
produced. 

These blending stocks are suitable for raising the 
octane number of motor fuels. The freedom from 
gum and the stable characteristics of these stocks 
especially favor their use in aviation fuels. They 
are also widely used as solvents for lacquers and 
varnishes due to their high Kauri butanol numbers. 

A semi-commercial plant which was used in these 
experiments is described. Utilities and operating 
costs are given. 

This paper was presented at Seventh Mid-Year 
Meeting, American Petroleum Institute, at the 
Broadmoor Hotel, Colorado Springs, Colorado, June 
2, 1937. 








concentrated in fractions with a true initial boiling 
point of 176°F. Actual tests have shown that ex- 
tracts produced from straight-run fractions having 
a boiling range from 100 to 400°F., have ASTM inr- 
tial boiling points of approximately 200°F. This in- 
dicates that it is desirable to extract cuts with an 
initial ASTM boiling point of about 200°F. in order 
to obtain maximum yields of blending stocks based 
on throughput. This statement refers to straight-run 
gasolines only. In cracked naphthas, olefinic constit- 
uents of lower boiling point are present which it 
may be advisable to extract. 

The composition of the charging stocks, as well.as 
that of raffinates and extracts, was determined by 
the Egloff analysis. Three volumes of 80 percent 
sulfuric acid per volume of stock and re-running 
were used for the determination of the unsaturated 
hydrocarbons, and 98 percent sulfuric acid in the 
same proportion for the aromatics. The percentages 
of naphthenes and paraffins were calculated from 
the aniline points of the acid-treated naphthas, using 
70°C. as the aniline point of pure normal paraffins. 
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The percentages of olefins present in the straight- 
run naphthas was found to be small, ranging from 
1 to 2 percent. For reasons of brevity, we refer in 
the following to “aromatics”; also in those cases in 
which the stocks actually contain a small amount of 
unsaturated hydrocarbons. 


TREATING CONDITIONS AND RESULTS 
Mid-Continent Naphtha 
The results obtained with a straight-run Mid-Con- 
tinent naphtha, boiling between 225 and 400°F., are 
shown in Table 1. 
TABLE .1 


Extraction of a Straight-run Mid-Continent Naphtha 
with Sulfur Dioxide 








EXPERIMENT NO. 





























} 1 | a [am [ w 
Amount of sulfur dioxide used, 

percent by volume............ | 40 40 40 40 

Extraction temperature,° F...... | eo |—2 —40 —60 

\Charging| High-Octane-Number 
Stock Stocks 
Vields, percent by volume........ ne 12.5 10.6 9.6 9.1 
IS ot ee are 53.1 36.7 34.7 33.5 32.2 
Octane No., CFR method........| below 41 | 82.6 86.2 89.0 91.0 
ME CUEING. | 6. 6. cise s Seckes | 34.4 71.7 | 77.3 | 82.8 | 88.6 
Unsaturates and aromatics, per- 

ES rrr rer Te 9.5 70.7 78.6 84.3 89.1 
Naphthenes, percent by volume... 15.6 7.3 5.9 4.8 3.4 
Paraffins, percent by volume...... 74.9 | 22.0 15.5 10.9 7.5 
Sulfur, percent by weight........ 0.03 ee ae ard 0.10 
ASTM Distillation, ° F.: 

Initial boiling point........... 225 243 251 251 255 

10-percent point.............. 256 271 276 275 279 

50-percent point.............. 301 309 313 313 314 

re 359 362 362 361 364 

Seer ter rer | 397 | 412 413 414 414 














Forty percent by volume of solvent was used at 0, 
—20, —40, and —60°F., respectively. Since the 
charging stock contains only about 10 percent aro- 
matics and unsaturates, the yields of extracts are 
low—ranging from 12.5 to 9.1 percent by volume. 
However, the aromatic content of these blending 
stocks is high, varying between 71 and 89 percent 
by volume; consequently, they show high CFR oc- 
tane numbers—from 82 to 91—and high Kauri gum 
numbers, from 72 to 88. 

Sumatra Naphtha 

Two treatments of a Sumatra naphtha are shown 
in Table 2. 

This charging stock boils between 190 and 321°F.; 
d) percent by volume of sulfur dioxide was used for 
the extraction at —40°F., which yielded 22 percent 
by volume of extract with 90 CFR octane number 
and 89 Kauri butanol number. In the extraction at 
0°F., 85 percent of sulfur dioxide was employed on 
account of the larger amount of blending stock ex- 
tractable at this temperature. The blending stock, 
amounting to 30 percent by volume of the charging 
stock, shows an octane number of 82 and a Kauri 
butanol number of 75.8. 

South Texas Naphtha 

Tests on the South Texas straight-run naphtha 
Were carried out with 70 percent by volume of sulfur 
dioxide at 0, —20, —40, and —60°F., and results 
Were obtained as shown in Table 3 by experiments 
No. VII to X. Since 31 percent by volume of aro- 
Matics is present in this charging stock, the yield of 
extracts is quite high—ranging from 46.5 percent at 
0°F. to 34.0 percent at —60°F. CFR octane numbers 
Tange from 80 to 91, and Kauri gum numbers from 69 
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TABLE 2 


Extraction of a Straight-run Sumatra Naphtha with 
Sulfur Dioxide 

















Experiment No. 
Vv VI 
Amount of sulfur dioxide used, percent by 
i. PR EER Te Oe eee IE rea 85 55 
Extraction temperature, ° F............... en 0 —40 
Charging High-Octane- 
Stock Number Stocks 
Yields, percent by volume................. ao 30.0 22.0 
EMO, PR oo acide ths spina ds nee eies 53.6 40.8 36.2 
Octane-No:, CPM method. : 2.6 oo. ee 81.8 90.3 
MOE NE. TNO, F655 vd ce ek Ah eeeeencee ee ek ee 75.8 88.9 
Unsaturates and aromatics, percent by vol- 
ee EDD BRP eee AR a eee > 19.8 61.6 78.7 
ASTM Distillation, ° F.: 
Sebtsal WO NEE. gw kaos os oe 2S eee 190 202 207 
TOOROORE GONEEE «oo .0 60:00 Hawi OF Saeko 211 226 233 
SP So oy i 05 55 50 oil ean seen 241 253 261 
ND SID «5 ko soso kcctve bala Cee 288 293 296 
De eos oa aed atone sien 321 318 324 

















to 82. Aniline points of the extracts lie between 
—12.8 and —19.3°C. 

Attention is directed to experiment XI, in which 
a temperature gradient was employed in the extrac- 
tion tower, holding 0°F. in the upper part of the 
tower, 30°F. in the middle, and —60°F. at the 
bottom. Yields and specifications of the extracts 
obtained in experiments X and XI are alike. The 
temperature-gradient treatment deserves preference 
due to savings in refrigeration, since the solvent has 
to be cooled only to 0°F. instead of to —60°F. as in 
the normal procedure. 

The specifications of some of the raffinates are 
shown in Table 4. It is seen that the raffinates con- 
tain only about 1.5 percent aromatics, with the ex- 
ception of the raffinate from experiment VII, which 
shows 3.5 percent aromatics. The reason for this is 
that the extraction at 0°F. yielded a large percentage 





TABLE 3 


Extraction of a Straight-run Naphtha from South Texas 
Crude with Sulfur Dioxide 
































EXPERIMENT NO. 
Vil VIII Ix x XI 
Amount of sulfur diox- 

ide used, percent by 

SSE ROC are 70 70 70 70 70 
Extraction temperature, 

Fats inten: ties Satenataris dies 0 —20 —40 —60 | Oto 

—60 
Charging 
Stock High-Octane-Number Stocks 
Yields, percent by vol- 

ee Ee rer ae 46.5 39.5 35.9 34.0 34.0 
Gravity, ° API......... 46.8 38.9 36.5 35.0 33.7 33.6 
Octane No., CFR meth- 

De RS ARS eee 57.9 80.0 84.4 88.2 91.1 90.8 
Kauri gum No......... 46.1 68.8 77.2 81.0 82.4 82.4 
Unsaturates and aro- 

matics, percent by 

EEE EES Oe 31.2 63.1 73.5 80.2 84.0 84.7 
Naphthenes, percent by 

PEED SE 19.8 13.2 10.1 8.0 6.2 5.8 
Paraffins, percent by 

MOIR yas wacece 5 Ge 49.0 23.7 16.4 11.8 9.8 9.5 
Aniline point,° C...... ee —12.8 | —17.7 | —19.3 | —19.3 | —19.5 
Sulfur, percent by weight|below 0.01 | <0.01 jeg ite <0.01 | <0.01 
Freezing point,° F..... ee ane eet below 

—60 
meet: > uerenaenees 

Initial boiling point... 232 239 237 241 247 247 

10-percent point...... 256 258 259 261 267 267 

50-percent point...... 292 290 288 289 292 292 

90-percent point...... 344 338 336 336 337 336 

HOG POE. ooo ccc ove 382 398 390 390 394 391 
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FIGURE 1 


Composition of Extracts Produced from Mid-Continent 
Naphtha at Temperatures of from 0 to —60° F. 


of extract, viz., 46.5 percent of the charging stock, 
and, for optimum treating conditions, somewhat 
more than 70 percent by volume of solvent should 
have been used. It is significant that the properties 
of the raffinates obtained at 0°F. are almost exactly 
the same as those of the raffinates produced at 
—60°F, which shows that liquid sulfur dioxide has 
sufficient solvent power even at this low tempera- 
ture to dissolve all the aromatics from naphthas. 
Moreover, the raffinates contain very little sulfur. 
These characteristics make them suitable for use as 
cleaner’s (Stoddard) solvents. The data shown in 
Table 4 allow the statement that the fraction boil- 
ing above 300 to 350°F. may be blended into high- 
quality kerosine. The remaining lower-boiling frac- 
tion may be charged to a reforming unit. 


EFFECT OF TREATING TEMPERATURE ON 
OCTANE NUMBERS 


The octane numbers were determined according 
to the CFR method with an intake temperature of 
300°F. 
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Octane Numbers (CFR Method) vs. Treating Temperature 
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Composition of Extracts Produced from South Texas 
Naphtha at Temperatures of from 0 to —60° F. 


As is generally true with most selective solvents, 
the degree of selectivity is a function of the extrac- 
tion temperature. Since the octane number of the 
extracts, or blending stocks, is directly dependent 
upon their aromatic-hydrocarbon concentration, it is 
desirable to use the solvent at a temperature which 
yields the highest concentration of these hydrocar- 
bons. Liquid sulfur dioxide will remove the aro- 
matics from light petroleum distillates at any tem- 
perature at which phase separation will take place. 
However, at temperatures in the neighborhood of 
+14°F., or higher, a considerable amount of hydro- 
aromatics (naphthenes) and paraffins is dissolved by 
the solvent, thereby appreciably reducing the octane 
number of the blending stocks. Figures 1 and 2 
show the trend of the concentration of aromatics, 
naphthenes and paraffins in the Mid-Continent and 
South Texas extracts as the extraction temperature 
is decreased from 0°F. to —60°F. 

Figure 3 shows the effect of the extraction tem- 
perature on the octane number of the extracts pro- 


TABLE 4 


Inspection of Raffinates Produced by Extracting Straight- 
run Naphthas with Sulfur Dioxide 























Origin of Naphtha....| Mid Cansinsins Sumatra South Texas 
Experiment No........ I IV v VI vi | Xi 
Extraction temperature, 

Ws ibs £0 oe ranks pce | o | —60 0 | —40 0 | —60 

Raffinates Produced 
Yields, percent by vol- ; 

ES EEE ONE eS 87.5 90.9 70.0 78.0 53.5 66.0 
Gaepita° APT. 66 cise 54.8 55.3 59.2 59.1 53.7 54.0 
Octane No., CFR meth- 

SE eee below 41] 51.2 50 |below_41|below 41 
Kauri gum No......... Are 36.0 35.5 32.7 32.4 
Unsaturates and aro- 

matics, percent by 

MUNI. Sc ares 46% ve 1.5 2.0 1.2 3.5 1.3 
Naphthenes, percent by : 

SS BORIS oe 16.0 ee oe 24.5 25.1 
Paraffins, percent by - 

WES 56 bu ce cus’ s at 82.5 ae oe 72.0 73.6 
eis: Seema 

Initial boiling point...) ... 223 | ... 190 He. 236 

10-percent point...... feck 255 ‘a 211 Sen! 259 

50-percent point...... P 303 a 240 oe 298 

90-percent point...... ee 362 Sa! 292 ies 350 

End point........... ve 399 ay 320 sab 394 
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duced from Mid-Continent naphtha, Sumatra naph- 
tha, and South Texas naphtha. In all cases extracts 
with octane numbers in the vicinity of 80 were ob- 
tained at 0°F.; while octane numbers of about 90 
were produced at —60°F., in spite of the fact that 
the crude sources are entirely different and that the 
concentrations of aromatics in the charging stocks 
vary from 9.5 to 31 percent by volume. 


EFFECT OF EXTRACTION TEMPERATURE 
ON YIELDS 


The yield of blending stock of high octane number 
obtainable from a given straight-run naphtha de- 
pends upon its content of aromatics and upon the ex- 
traction temperature. Yields versus extraction tem- 
peratures are plotted in Figure 4 for the blending 
stocks produced from the Mid-Continent, Sumatra, 
and South Texas naphthas. 

The yields of blending stock obtainable from the 
Sumatra naphtha at —20 and —60°F., as indicated in 
Figure 4, were calculated from the following equa- 
tion : 

A—1.5 

\ 

F 
in which: 
Y=yield of extract, percent by volume. 
A=aromatics and unsaturates in the charging stock, 
percent by volume. 

F=a constant varying with the extraction temperature. 

This formula may be used to predict roughly the 
extract yields obtainable from straight-run naphtha 
cuts. The value of F for various extraction tempera- 
tures is shown in Figure 6. The relationship between 
extract yields and octane numbers in the case of the 
South Texas stock is shown in Figure 5. 


OCTANE NUMBER OF EXTRACTS INCREASED 
BY FRACTIONATION 


Even at low extraction temperatures, liquid sulfur 
dioxide will dissolve a certain amount of paraffins 
and naphthenes along with the aromatics. The ex- 
periments further show that paraffins and naph- 
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Yields of Blending Stocks Produced from South Texas 
Naphtha vs. Octane Number 


thenes of lower boiling range are more soluble in 
the solvent than those of higher boiling range. While 
this is known from experience with lubricating oils 
having such different characteristics as neutral oils 
and cylinder stocks, it was surprising to note that 
a similar situation exists in the case for naphthas 
with a fairly narrow boiling range. For example, an 
extract from a somewhat different South Texas 
naphtha than the one described above, having an 
aromatic content of 78.2 percent by volume and a 
boiling range of from 222 to 333° F.,- was_ closely 
fractionated into five successive 20-percent cuts. 
As may be seen from Table 5, the aromatic concen- 
tration of these fractions increases with the average 
boiling point. The result is that the octane numbers 
of the cuts also increase with the average boiling 
point. The original extract, having an octane num- 
ber of 90, yielded fractions with octane numbers 
from 81 to above 99.5. The yield of 100-octane num- 
ber stock is estimated to be 50 percent of the orig- 
inal extract. 


OTHER IMPORTANT PROPERTIES OF SULFUR- 
DIOXIDE. EXTRACTS 

Most notable among the other properties of ex- 
tracts shown in Tables 1 to 3 are the Kauri butanol 
numbers, which vary from 71 to 89 depending upon 
the extraction temperature. These stocks are, there- 
fore, particularly suitable for use as high-grade 
lacquer solvents. They possess the added advantage 
over synthetic lacquer solvents of having a smooth 
evaporation curve. 

The aniline points, which are also used to indicate 


TABLE 5 


Fractionation of South Texas Sulfur-Dioxide Extract 








Sulfur- | Cut | Cut | Cut | Cut | Cut 
Dioxide | No. 1 | No. 2| No. 3| No. 4| No. 5 
Extract | 0-20 | 20-40 | 40-60 | 60-80 | 80-98 

0-100 Per- | Per- | Per- | Per- | Per- 
Percent | cent | cent | cent | cent | cent 





Rag CDE A aR 35.6 41.8 | 35.8 | 35.6 | 32.9 | 32.5 
RE So, a a cevelo stance een sweet sweet | sweet | sweet | sweet | sweet 
ee rr ee 81.2 72.9 | 85.5 | 80.8 | 85.4 | 83.1 
Unsaturates and aromatics, 

percent by volume.......... 78.2 53.2 | 81.3 | 82.0 | 92.7 | 92.0 
Octane No., CFR method..... 89.9 81.1 | 92.2 | 94.1 | 99.5+] 99.5+ 
ASTM Distillation, ° F.: 

Initial boiling point......... 222 194 224 246 | 273 284 

10-percent point............ 239 201 227 252 | 276 289 

50-percent point............ 258 211 228 262 | 278 295 

90-percent point............ 291 224 231 275 | 280 312 

ee Ser oy er 333 244 254 290 | 296 335 
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Yield Factor vs. Temperature 


the solvent power of lacquer solvents, are very low. 
The South Texas extracts for example, have aniline 
points of —13 to —20°C. 

The extracts obtained from the South Texas and 
Mid-Continent naphtha, when re-run to about 2 per- 
cent bottoms, met the gum specifications of the 
ASTM copper-strip test (method D-130-30) and the 
Army Air Corps copper-dish test (U. S. Army spe- 
cification 530.1). The latter test was met in some 
cases even without re-running the caustic-washed 
extracts. The extracts also passed the most severe 
test in which a copper strip is exposed to the vapors 
and the liquid during the ASTM distillation. This 
procedure is specifically used to test the corrosive- 
ness of lacquer solvents. 


BLENDING CHARACTERISTICS OF EXTRACTS 

In order to determine the blendine characteristics 
of some of the extracts produced, mixtures were pre- 
pared containing 75 percent, 50 percent, and 25 per- 
cent of a 91- and 98-octane-number extract, and of 
isooctane, respectively. The 91-octane-number ex- 
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FIGURE 7 


Octane Numbers of Various Blends 


260 


tract was obtained by treating the South Texas stock 
with 70 percent sulfur dioxide at —60°F., as shown 
in Table 3 under experiment X. The 98-octane-num- 
ber blending stock was produced by fractionation of 
an extract obtained at —60°F. A Mid-Continent 
straight-run nahptha, boiling between 103 and 266° 
F., with an octane number of 63.4, was used for the 
blending tests. Table 6 and Figure 7 show the oc- 
tane numbers of the respective blends in relation to 
the amounts of extract or isooctane present. It will 
be noted that the blending value of the 98-octane- 
number extract compares very favorably with iso- 
octane and that the blending values of these extracts 
are about the same as their CFR octane numbers. 


VOLATILITY OF BLENDING STOCKS 


The boiling ranges of the light Mid-Continent 
stock and of the blends with 91-octane-number ex- 
tract are given in Table 7 in comparison to that of 
a commercial gasoline. The initial boiling points of 
the blends are high, because the light Mid-Continent 
cut does not contain the lowest boiling constituents 
which are normally present in motor fuels. The 
quantity of the light ends to be added to the blends 
is limited only by the specification for vapor pres- 
sure. It will be noted that the 50 percent boiling 
point of blend II, containing 50 percent by volume 
of extract, is about the same as that of the commer- 
cial gasoline. We find that the ASTM distillation 


TABLE 6 


Octane Number of Blends 








OCTANE NO. OF BLENDS WITH: 
Blending Stocks in Blends 
(Percent by Volume) 





Sulfur-Dioxide Extracts | Isooctane 








Woes a na cin. sing 6 dSa Mee Gere es OF 91.1 98.0 | 100.0 
Me eso aatdantasleeaen Leneen 83.1 86.5 88.5 
Me 56d bes < Heute wks ceiemnehent han 77.5 79.0 79.7 
Me Ca eas ajniottnn ae ek pence 70.0 71.5 71.0 

_ ARR EE OES PM eee 63.4 63.4 63.4 








characteristics (volatility) of the extracts produced 
from a given charging stock at temperatures be 
tween 0 and —60°F. are practically the same. Ob 
viously, then, it is desirable to extract at such tem- 
peratures at which blending stocks of the highest 
possible octane numbers are obtained. 

Instead of the 63.4-octane-number light stock used 
in the above blends, many light straight-run cuts of 
70 octane number and higher are available which, 
when blended with 50 percent by volume of 90-0 
tane-number extract, would yield an 80-octane-num- 


FABLE 7 


Boiling Points of Blends, Consisting of Mid-Continent Light 
Gasoline Cut, and 91.1-Octane-Numher Extract 





























Number of Blend....| ... Bie ee 
Extracts in blends, per- | F 
cent by volume..... | 0 25 50 75 100 Commercial 
gasoline 
Gravity, ° API........ 69.8 59.5 50.0 41.7 33.7 60.2 
Octane No., CFR } 2 
OS EE are 63.4 70.0 77.5 83.1 91.1 71.0 
ASTM Distillation, 
oP. 
Initial boiling point..| 103 112 118 140 247 81 
10-percent point..... 142 154 175 214 267 124 
30-percent point..... 166 182 212 252 279 187 
50-percent point... .. 182 205 243 276 292 239 
70-percent point..... 197 235 279 299 307 285 
90-percent point..... 224 302 322 331 337 349 
End point.......... 266 357 376 386 394 394 
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ber blend without the addition of casinghead gaso- 
line. 
LEAD RESPONSE OF BLENDS 

The octane numbers of the blends may be further 
increased by the addition of tetraethyl of lead. The 
lead susceptibility is shown in Table 8 for blends 
containing 25 percent and 50 percent 91-octane-num- 
ber extract, 50 percent 98-octane-number extract, and 
50 percent isooctane, respectively. Although the aro- 
matic blends respond less favorably to tetraethyl lead 
than the isooctane blend, a material improvement is 
obtained. 


APPARATUS FOR LABORATORY EXTRACTIONS 
(See Figure 8) 


Extractions in the laboratory were carried out in 
a complete small-scale Edeleanu pilot plant where 
sufficient stock was available. In other cases, 4-stage 
batch countercurrent treatments were made. 

The pilot plant is equipped with a tower mixer 
10 feet high and 2 inches in diameter, packed with 
Yy-inch Raschig rings. Settling chambers are pro- 
vided for raffinate and extract solution at the top 
and bottom of the tower, respectively. The tower is 
provided with a jacket which is divided into three 
different sections covering the upper, medium, and 





TABLE 8 


Lead Response of Blends Containing High-Octane- 
Number Extracts and Isooctane, Respectively 


| 


| Octane No. Octane No. 
Octane of Blend Plus | of Blend Plus 
in Blends No. of Octane 1 cc. of 2 ce. of 
(Percent Blending No. of Tetraethyl Tetraethyl 
by Volume) Stock Blend Lead per Gal. | Lead per Gal. 


Blending Stock 


3. 


0 extract 


25 extract ; 0 77.0 80.1 
50 extract....... 91. 7 81.7 83.6 
50 extract.......| 0 9 82.8 84.7 
50 isooctane. ....| 9. 84.9 aan 


lower part. A low-freezing-point naphtha, function- 
ing as a brine and being cooled indirectly by a two- 
stage ammonia refrigerating unit, is pumped through 
the pre-coolers for charging stock and solvent and 
through the various jacketed sections of the extrac- 
tion tower in order to hold the desired temperatures. 
This arrangement makes it possible to maintain a 
temperature gradient in the tower—holding, for ex- 
ample, 0°F. in the solvent pre-cooler and in the 
upper part of the extraction tower, —30°F. in the 
middle section, and —60°F. in the bottom section of 
the tower by adjusting the amounts of cold brine 
pumped to the various parts of the unit. A liquid 
pressure of about 50 pounds per square inch is main- 








FIGURE 8 
Apparatus for Laboratory Extractions 
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TABLE 9 
Utility Requirements and Costs Per 42-Gallon Barrel of Charge 

















OR PRS as ele uh ews ROEM Edd oOo > 40h 25.0.8 busied bie UIe cs Mas UST O Cochin 0° F. —60° F. 
hc en ne 5 Wakiibln’s wig dah soe s eee wee aléGngeweeaeeb 6 O04 ke') eoanes 70 Percent 70 Percent 
PER BARREL PER BARREL 
Require- Cost Require- Cost 
UNIT COSTS ment (Cents) ment (Cents) 
er i Sic chs watccsacewe caucaes 22 cents per 1,000 Ib. 30 Ib. 0.66 30 Ib. 0.66 
i ow a cs wah cease pies cosine ceqeaeeaees 7 cents per 1,000 Ib. 40 lb. 0.28 40 Ib. 0.28 
eT on ee es ep ekuda gees es eeceeqndeaes 0.6 cents per 1,000 gal. 1,260 gai. 0.75 1,400 gal 0.84 
ee Cake a a Gwe was bs dw deve bevceccdeeenwsinas 0.7 cents per kilowatt hour 2.75 kwh. 1.93 4.0 kwh. 2.80 
ee rk dg cd wig 3s ie co-ed aioe 000 ba 6 tubs OKO C600 sie 3.3 cents per pound 0.30 Ib. 0.99 0.30 Ib. 0.99 
reir! Cher oa ia se ok tgs Geode as ee CREE OEE bao Ceads Reeebedybeda sees oP sews ds ee Seeears 5.57 























tained in the tower to prevent formation of pockets 
of sulfur dioxide, and also to force the raffinate— 
and extract—solutions to the evaporators. The sol- 
vent is recovered by distillation at atmospheric pres- 
sure; the sulfur dioxide is liquefied by a compressor 
and a water-cooled condenser, from which it runs 
to storage for re-use. Vacuum evaporators are not 
required, as the sulfur dioxide may be readily re- 
moved under atmospheric pressure at temperatures 
equaling the 20- to 30-percent ASTM point of the 
stocks. The solvent recovery stills are normal frac- 
tionating columns consisting of a fractionating sec- 
tion, stripping section, and re-boiler. Liquid sulfur 
dioxide is used as a reflux. From the solvent recov- 
ery stills the products are pumped to caustic treaters. 

The quantities of charging stock and solvent are 
measured in graduated tanks, from which they are 
pumped into the pre-coolers by piston pumps of 
variable stroke. The capacity of the pilot plant is 2 
gallons per hour of charging stock at a treating rate 
of 100 percent solvent. The 10-foot tower is equiv- 
alent to 4 to 5 equilibrium stages. 


COMMERCIAL UNIT 


A 6,000-barrel commercial plant, operating at low 
temperature, has been in operation for about 8 
months. Evaporating liquid ethane is used in this 
plant for cooling the distillate and solvent to the 
extraction temperature, rather than a brine system 
as described for the pilot unit. Liquid propane is used 
to condense the ethane. This two-cycle refrigeration 
system has proved to be very efficient for producing 
low temperatures. 

Solvent is recovered in this unit by means of a 
multiple-effect evaporation system, as is normally 
done in Edeleanu plants, with the exception that 
fractionating columns are used to hold back light-oil 
vapors. The vacuum stage is by-passed during naph- 
tha operation. 


UTILITIES CONSUMPTION 

The operation of a naphtha plant at —60°F. does 
not increase the utility requirements much over those 
of a unit operating at 0°F. Table 9 shows utility 
requirements and cost for extraction at 0 and —60° 
F., based on 70 percent solvent in each case. 

Steam consumption and solvent loss are the same 
at normal and low-temperature extraction. Cooling- 
water requirements for low-temperature treatment 
are increased by about 10 percent, and power con- 
sumption by 40 to 50 percent. Labor requirements 
for plants of large size are three operators per shift 
and one foreman per day in either case. On the basis 
of the utility costs shown in Table 9, total operating 
cost for a 3000-barrel unit, including maintenance, 
repairs, and royalty, are 11.4 cents per barrel of 
charge for 0°F., and 12.5 cents per barrel for opera- 


tion at —60°F., showing an increase of only 10 per- 
cent. 
FLEXIBILITY OF PROCESS 

A notable feature of this process is that the re- 
finer is not limited to naphtha treating alone. The 
addition of a vacuum stage to the recovery system 
will make it possible to treat high-sulfur kerosines 
and light lubricating oils. In the latter case, the re- 
frigeration plant required for naphtha treating is 
operated at higher temperature or it is completely 
by-passed. 





Lubricating Oils 
[Continued from page 250] 


Today, solvent, refined oils are recognized as prod- 
ucts of premium quality, and are preferred by buyers 
to conventionally-refined oils of equal cost. In the early 
stages of their development, this was not always the 
case. For example, the introduction of the newer 
higher-strength bearing alloys brought with them cases 
of bearing corrosion which were at that time attributed 
to solvent-refined oils. These failures were afterwards 
traced to their source, being most frequently the result 
of engine operation at excessive crankcase temperatures 
which were set up at sustained road speeds above 
70 m.p.h, 

As a matter of fact, careful research showed that 
typical solvent-refined oils were less prone to corrode 
bearings than the widely-accepted Pennsylvania oils 
which were conventionally refined. They were, how- 
ever, more prone to cause corrosion than the Coastal 
oils, which tended to form sludge rather than acids 
during oxidation. Much credit must be given the 
petroleum industry for studying this problem with an 
open mind. 

A similar situation existed in the lubrication of en- 
gines of high specific output; but several years of prac- 
tical experience, both in our own country and abroad, 
has shown conclusively that solvent-refined oils are fat 
superior to any oils previously available. The aviation 
industry, particularly, has demonstrated the better 
quality of solvent-refined oils as to leave no doubt that 
a marked improvement in operation has resulted from 
their use. 

Field resulfs must always be accepted as the final 
word in the evaluation of any change, whether it be 
oil refining or anything else. In the case of solvent 
refining, the field results over a period of four years 
or more, on a great variety of oils, have been remark- 
ably consistent in substantiating laboratory predictions 
that solvent-refined oils were generally superior to acid- 
refined oils. We may now conclude that the superiority 
of solvent-refined oils is a proven fact. 


BIBLIOGRAPHY 
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Experimental 








Solvent-Extraction 


HERSCHEL G. SMITH, 
Gulf Oil Corporation, Pittsburgh 


OR our earlier experimental studies of solvent- 
extraction agents and processes we employed a 
series of glass separatory funnels maintained at the 
desired temperature in a water bath, working out a 
cycle of usually six stages with the separated extract 
layer from one funnel drained intermittently into the 
succeeding funnel. This system and variations there- 
of at the time had been used extensively by various 
refinery laboratories on such studies. Semi-continu- 
ous or continuous apparatus along this line with 
fixed connections also had been developed. Although 
this method proved satisfactory for indicating the 
yields and quality of solvent-refined oils and indicat- 
ing roughly the desirable conditions of operation for 
any solvents or mixtures thereof operating at atmos- 
pheric pressure, still it proved to-be a cumbersome 
and somewhat time-consuming one—particularly 
when appreciable volumes of oils were desired for 
study, and when it was desired to study a wide range 
of operating conditions, two requirements for more 
advanced study of solvent-extraction methods. 


DEVELOPMENT OF CONTINUOUS APPARATUS 


Our next step along this line was, therefore, to as- 
semble a small continuous, glass, solvent extraction 
tower of 1 %/16-inch inside diameter, 5 feet high, 
with jacket for temperature control and the use of 
short sections of glass tubing as packing for securing 
contact. With proper arrangement of continuous 
charging pumps and flow regulation, we secured ap- 
paratus that was superior to any we had previously 
employed, as to both accuracy and volume of experi- 
mental oil available for study. The capacity of this 
small tower was limited to an oil charge of around 
0.5 gallon per hour, and I concluded that it would 
be advisable to extend this system to a larger tower 
with greater refinements in control of volumes, tem- 
peratures, and other conditions, so that more exact 
study of the matter could be made. Based on our ex- 
perience with this smaller preliminary tower, we 
then designed and installed a glass tower of 15 feet 
over-all height. The problems of high cost for a 
straight glass tower, structural complications, break- 
age hazards, difficulty or impossibility of securing 
very long glass tubing of this size, or of welding 
shorter lengths of tubing, led me to conclude that it 
would not be feasible to develop such a tower in one 
Section ; therefore, we designed and built one having 
more novel and satisfactory structural and design 
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A 15-foot glass, continuous-extraction tower unit 
for experimental work and control purposes 
has been evolved that gives very satisfactory results 
for both experimental and plant-control purposes. 
The unit is provided with control features for meet- 
ing all desired variables in the way of volume, 


temperatures and other operating details. A still 
larger unit, constructed of steel, of the same simi- 
lar general arrangement, has also proved satisfac- 
tory for operation at higher pressures. 

For the glass-tower unit, the details have been so 
arranged as to provide for operation by trap flow 
control, with no valves in the system other than the 
check valves of the charging pumps which are of 
adjustable proportioning type. The glass tower has 
distinct advantages for experimental work in pro- 
viding visibility of the actual solvent operation and 
control of the desired level for apparent change of 
phase between downward-flowing solvent mixture 
and upwardly-rising oil. 

Figure 1 is a semi-detailed elevation drawing of 
the glass tower; Figure 2, a photograph of the in- 
stallation; Figure 3, one of the charging tanks and 
pumps. 

This paper was presented at Seventh Mid-Year 
Meeting, American Petroleum Institute, at the 
Broadmoor Hotel, Colorado Springs, Colorado, 
June 2, 1937. 





features, of reasonably low ccst, and providing full 
control of all of the operating variables for which 
study was desired, with automatically-regulated 
overflow control, that has been very helpful in our 
studies. This tower was designed so that regular 
5-foot lengths of standard pyrex tubing could be 
used for three flanged sections, both for the tower 
proper and outer tubes 56 inches long for the jacket, 
with compression joints so that liquid-tight joints 
were secured at the ends of the glass tubes by pull- 
ing up on threaded-through rods. The flanges were 
so designed as to accommodate stuffing boxes to pro- 
vide liquid-tight joints for the outside glass jackets 
independent of the inside glass tubing; so that, if 
any leak should occur in the circulating fluid em- 
ployed for temperature control of various sections 
of.the tower, it could not possibly find its way into 
the oil and solvent inside the tower proper, but 
would merely show as an outside leak. The larger 
tower of improved design has been in successful use 
in our experimental studies of solvent refining at at- 
mospheric pressure for two years, with a duplicate 
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now operating successfully as a check on large-scale 
operation in one of our refinery laboratories. 


DESIGN DETAILS 


Figure 1 gives a semi-detailed elevation drawing 
of the outfit, along with individual sketches of details 
of each of the three joints of the installation. Figure 
2 is a photograph showing one of our installations of 
this design. 

The tower proper consists of three sections of 
1 13/16-inch inside-diameter x 2-inches outside-dj- 
ameter x 5 feet long standard pyrex glass tubing, 
each separate section being surrounded by a jacket 
Section of 2 3/4-inch inside-diameter x 3-inch out- 
side-diameter x 4 feet 8 inches long standard pyrex 


tubing. For temperature adjustment and contro] 
water is circulated in the jacket when the desired 
extraction temperatures are below the boiling point 
of water, oil is used when higher temperatures are 
required. 

The end of each section of tubing of the tower and 
jacket was ground to exact fit for assuring tight 
compression joints, each joint being similar to an 
ammonia flange joint. DuPrene rubber packing has 
been found most satisfactory, being affected but lit- 
tle by oil or solvent. In order to avoid strains and 
breakage, it was found advisable to build a vertical 
chassis or rack on which the tower could be as- 
sembled, as shown by the side elevation, Figure 1, 
each of the pair of supporting arms at each inter- 
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FIGURE 1 


Experimental Extraction Tower Unit 
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mediate flange being held up by a special spring, 
each pair of springs so adjusted as to have sufficient 
tension to support just about one-third the total 
weight of the tower. With the two pairs of spring 
hangers and a direct bottom support from the floor, 
and with the provision of ample clearances and soft 
DuPrene packing in the flange joints, so that glass 
does not touch a metal flange at any point, no seri- 
ous breakage trouble has been encountered. 

For the jackets for tower temperature control, 
each of the three sections is supplied with a three- 
way valve and thermometer well. The temperature 
of the circulating liquid for temperature control can 
be read at an outlet in each section, and any jacket 
can be partly or wholly by-passed in case it is de- 
sired to study the effect of greater temperature vari- 
ations than would be encountered by straight liquid 
circulation through the three sections in series. The 
lines for charging and for drawing out the refined 
oil and extract mixtures are also provided with ther- 
mometer wells for temperature observation—each of 
these wells merely consisting of a section of brass 
pipe slightly larger than the line proper so as to 
accommodate an enclosed well. The brass flanges 
are drilled at the necessary points with L-holes, and 
tapped to accommodate the connecting pipes so as 
to provide all desired connections for the tower 
proper and the jackets; thus no welding of connec- 
tion to glass tubing is required at any point. 

The extract layer from the tower is drawn out 
through a f{-trap with top vent, the elevation of 
which is made adjustable by clamp support, this trap 
being connected with the bottom of the tower by flex- 
ible tubing. Steam heating of this at a constant tem- 
perature serves the dual purpose of keeping the ma- 
terial in liquid form when high-solidifying-point oils 
and/or solvents are being employed and of assuring 
a constant temperature for gravity control of flow. 
For normal operation of the tower under the best 
conditions there is a level at which, within a very 
short distance, the direction of flow of the liquids 
appears actually to reverse itself, due to change in 
phase: below this level the upwardly-rising oil drop- 
lets are visible as the moving material; above, the 
downwardly-moving droplets of mixture of solvent 
and extracted material. Thus the flow appears to be 
taking place in two directions in the tower at the 
same time, above and below this level. By adjusting 
the fy-outlet by movable clamp, without any flow 
control valves, we are able to apply rather exact dif- 
ferential means for maintaining the desired level for 
the place trading effect noted above, so that a change 
of an inch or two in the height of the f-outlet trap 
will effect a change of 6 inches or more in the height 
of the level of the apparent flow direction change 
in the tower. The preferable operating level for this 
point has been determined by trial to be about 30 
inches from the bottom of this tower. 

All inlet and outlet charging lines are provided 
with steam jackets or double pipe exchangers, or by 
insulated wrapped-copper steam coils where flexi- 
bility of connections is required. 


OPERATING DETAILS 


The starting up and operating procedure for this 
tower may be outlined as follows: 

‘Temperature controlling liquid in tank A is heated 
with the closed steam coil a, maintained at about the 
temperature at which it is desired to operate the 


tower by means of a thermostatically-operated Sol- 
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enoid and butterfly valve which serves to admit or 
by-pass steam for the heating coil as required. Pump 
B is started so that there is circulation of the fluid in 
the jackets of the three sections of the tower, as de- 
sired, this fluid passing through line b, exchanger c, 
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FIGURE 2 


Extraction Tower Unit 
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through connection in flange d at the top of the up- 
per section of the tower, downward through the 
jacket sections, which are joined by f\-connections 
as shown. The fluid passes from the tower jacket to 
pump B and returns through small tube exchanger e 
to the temperature controlled reservoir A. The rate 
of flow can be varied by providing a by-pass regu- 
lating valve on pump B, so as to secure a moderate 
temperature. drop between the bottom and top sec- 
tions, when this condition is desired. 

Solvent from either of the two charging tanks C, 
each provided with a steam-heating coil, is forced by 
pump D through double-pipe steam heater f and ex- 
changer c into the top flange g of extraction tower 
E, thence into tower through the circular perforated 
distributor h, located 18 inches below flange g, until 
the tower is about one-third full of solvent; then the 
oil charge from either of tanks F, which are provid- 
ed with closed steam-heating coils, is pumped by 
pump G through steam heater i and exchanger e, 
through the connection on the bottom of flange j 
of the tower, and into the tower through the circular 
perforated distributor k, located 18 inches above 
flange j. This oil then rises through the solvent, as 
accumulated in the tower. The pumping of both the 
solvent and of the oil charge at the desired charging 
rates for each is then continued until the tower is 
filled and equilibrium attained. After proper adjust- 
ment of the preferred level of change of apparent di- 
rection of flow in the tower has been secured, as dis- 
cussed above, the operation is continued for as long 
as desired, the refined-oil mixture flowing from the 
top of the tower through steam-heated line I into 
running tank H; the extract mixture flowing 
through trap n to running tarik I. 

Figure 3 is an illustration of ‘the layout of charg- 
ing tanks and pumps. With these adjustable propor- 
tioning pumps on the charge and solvent, and the 
arrangements as described for trap control of the 
outlet, no valve, other than the check valves of the 
pumps, is required for the entire outfit*for full con- 
trol of the flow of charge, solvent, refined-oil mix- 
ture, or levels in the tower, as there is a balance in 
pressures of the liquid columns: the specific gravity 
of the extract mixture in the f-trap times the total 
height of it equals the over-all specific gravity of the 
liquids in the extraction tower times the height to 
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the highest point of the outlet at m. The two mix- 
tures flow automatically to the running tanks. This 
control is an important point for exact operation of 
this type of equipment, as attempts at regulation of 
flow with needle valves often give erratic results and 
poor control. 

As a matter of convenience, the recovery of sol- 


FIGURE 3 
Charging pumps and ‘tanks 
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vents from the refined oil and the extract mixtures 
is effected in separate laboratory vacuum stills. 


Studies in cycle oil recovery from the extract mix- 
tures can be carried out most conveniently by oper- 
ation at desired temperature conditions in the tower 
and the later placing of bottles of the extract mix- 
tures in temperature-controlled ovens or water baths 
at various temperatures, the separated oils from the 
mixtures with these varying conditions being mea- 
sured, recovered, and inspected. 


TYPICAL OPERATING RESULTS 


This outfit has been so designed that it can oper- 
ate satisfactorily on any solvent for which the sep- 
arating rate of the extract mixture from refined-oil 
mixture at any stage is sufficiently rapid to permit 
operation of the tower at reasonable capacity. For 
example, it will operate on chlorex (f, 8-dichlorethyl 
ether), phenol, furfural, and various solvent mix- 
tures, with proper variation in the solvent ratios and 


operating conditions to take care of various proper- 
ties of the particular solvent and oil employed. Al- 
though this paper is intended to describe a tower 
rather than to offer comparisons of the effectiveness 
and advantages of various solvents, a brief outline 
of the typical conditions that prove satisfactory for 
the operation of the extraction tower on furfural are 
given hereinafter, primarily with the thought that 
these data will tend to clarify the mechanical details 
of tower operation (Figure 4). 

Acknowledgment is due a number of associates for 
assistance in construction and working out of the 
best operating details for this unit, particularly to 
Messrs. Albert S. Orr and H. L. Pagett. 

We also have built and have in successful opera- 
tion an experimental tower of still larger size for 
study of solvents under pressure, fundamental de- 
tails of which remain the same as for the unit de- 
scribed, except for the use of steel tubing instead of 
glass with necessary glass level gages and valve con- 
trol of pressure operation. 


Electric Dehydrating 


J. J. ALLISON 
Lion Oil Refining Company 
El Dorado, Arkansas 


ALT in crude oil may affect refinery processing 
in several ways: 1, mechanical stoppage of 
equipment; 2, corrosion; 3, impurity of product. 

Electrical desalting is accomplished.in two steps. An 
emulsion is made of the salt-bearing crude and fresh 
water; then the mixture is electrically demulsified and 
separated. About 90 percent of the salt is transferred 
from the crude oil to the wash water. Efficiency of salt 
removal depends upon the nature of the crude, degree 
of emulsification, and effectiveness of separation of oil 
and wash water. 

Emulsification is accomplished by one or more of the 
following methods: turbulent flow of oil and water; 
orifice-plate mixers; centrifugal pumps and back-pres- 
sure valves. The oil and water are separated by elec- 
trical dehydrators, such as are used for natural crude- 
0:1 emulsions. 

The dehydrator consists of a 180-barrel, 25-pound 
working pressure, 10-foot by 12-foot tank; 220-volt 
control equipment; 220- to 16,500-volt transformers 
mounted on top of the tank, and electrodes within the 
tank. 

The drops of water suspended in the oil phase are 
subjected to a strong electric field. By electrostatic in- 
duction, the drops assume positive and negative poles. 
There is mutual attraction between unlike poles on 
adjacent drops, the force being sufficient to cause 
coalescence, resulting in drops large enough to fall 
through the oil to the bottom of the 
tank from which the water is drained. 

The electric field between. elec- 
trodes has an average value of 
10,000 volts per inch. 
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and Desalting 


Average throughput per day per unit is 1,500 barrels ; 
operating temperatures, 130 to 200 ° F.; electric power 
load, 2 kw.; amount of wash water, 5 to 20 percent 
of the oil. 

The process is continuous, and is a part of the still 
equipment on the crude-charge line. Operation is under 
supervision of the stillman, and requires no additional 
labor. Adjustments are pressure, temperature, and 
water level. Should the equipment become inoperative, 
a pilot light gives warning in ample time for correction. 

The Lion refinery is desalting a very corrosive crude 
from the Urbana (Arkansas) field by the electrical 
process. The salt content is being reduced from ap- 
proximately 100 grams per barrel to about 4 grams per 
barrel, and dehydration occurs down to 0.7 percent or 
less. Before desalting, the average length of a run on 
the crude unit was from three to six days until a shut- 
down resulted from plugging of furnace tubes, ex- 
changers, and towers with solid salt. Corrosion of con- 
denser and run-down equipment was severe. By using 
wash tanks, hot settling drums, and other schemes. for 
reducing the salt content, runs were lengthened to 10 
or 12 days. Since installing the electric desalters, 60- 
and 70-day runs are normal. During a typical opera- 
tion, when the salt content of the crude was being re- 
duced from 107 to 5.6 grams per barrel, laboratory 


distillation showed that the release of hydrochloric acid 


at 650 ° F. was reduced from 63.85 pounds to 0.54 
pounds per 1000 barrels of crude. The result is de- 
creased corrosion of the equipment. 
Where salt is a serious problem, 
we consider it an act of wisdom to 
eliminate it from the crude before 
distillation. : 


Mid-Year Meet- 
m Institute at 
tel, Colorado 
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The Effect of Sweetening 


on the P roperties of Gasoline 


W. A. SCHULZE and 
A. E. BUELL 


Phillips Petroleum Company, 
Bartlesville, Oklahoma 


ASOLINES are given a sweetening treatment pri- 

marily to improve the odor. Depending on the 
nature of the gasoline and the method of sweetening, 
several other properties are also affected in varying de- 
grees ; and, unfortunately, the effects as a rule are in the 
wrong direction. Of these properties, octane number 
is probably the most important to refiners—not only 
because it is especially susceptible to adverse change, 
but because even small losses are reflected in costly 
increases in tetraethyl-lead requirements. Color stabil- 
ity, potential gum, and potential corrosion are other 
properties which are readily affected during the sweet- 
ening treatment. Since octane ratings are of especial 
significance at the present time, this paper deals mainly 
with this phase of the sweetening problem. 

The effects referred to are not those obviously due to 
lack of proper facilities or occasional faulty procedure, 
such as loss of octane number because of weathering 
of the product during treatment in open agitators, or 
positive corrosion tests resulting from use of an excess 
of free sulfur in doctor treating, but rather those re- 
sulting from inherent limitations of the process, such 
as the occurrence of undesirable side reactions during 
the oxidation of mercaptans in an alkaline medium as 
in the doctor-treating process and its modifications. 


1. COMPARISON OF MERCAPTAN AND DISULFIDE 
SOLUTIONS 


Since the prime object of sweetening is the improve- 
ment in odor of the gasoline through conversion of the 
foul-smelling mercaptans to the less odorous disulfides, 
it can be determined whether or not there is any in- 
herent necessity for accepting a loss in octane number 
as a result of sweetening, by comparing portions of a 











TABLE 1 
Relative Knock Effects of Mercaptans and Disulfides 
Amount Octane No. with 
as Sulfur Octane 1 cc. Tetraethyl 
Compound Added (Percent) No. Lead per Gallon 
ERS ae Sine 50.8 63.7 
Methyl mercaptan......... 0.044 49.8 58.9 
Methyl! disulfide........... 0.050 49.9 58.9 
Ethyl mercaptan........... 0.042 50.0 58.9 
Ethyl disulfide............. 0.043 50.1 59.1 
nButyl mercaptan.......... 0.040 49.9 58.9 
nButy! disulfide............ 0.038 49.9 58.8 




















XPERIMENTAL data are presented to show 
| that naphtha solutions of mercaptans and the 
| corresponding disulfides have the same octane 
number within the range of concentrations en- 
| countered in commercial gasolines. These com- 
| pounds act similarly in naphthas containing tetra- 
| ethyl lead equivalent to 1 cc. per gallon. 


Losses from one-half to three octane numbers 
are shown on gasolines sweetened in plants employ- 
ing various modifications of the doctor-sweetening 
process, the losses being explained on the basis of 
the higher alkyl polysulfides formed during the 
oxidation of the mercaptans in the gasolines. 


Experimental data confirm the statement that 
the deleterious alkyl polysulfides are not formed in 
sweetening by the copper process. Direct compari- 
son of sour and copper-sweetened gasolines shows 
that for all practical purposes the octane number 
is unchanged during the sweetening treatment. 


The higher alkyl polysulfides formed in doctor | 
sweetening are very unstable compounds, and make 
gasolines less color stable to sunlight and poten- | 
tially corrosive. Synthetic and natural gum inhib- | 
itors likewise are rendered less effective. Copper- 
sweetened gasolines, therefore, are considerably 
superior to gasolines sweetened by conventional 
methods. 


This paper was presented at Seventh Mid-Year 
Meeting, American Petroleum Institute, at the 


| 
Broadmoor Hotel, Colorado Springs, Colo., June 2, | 
1937. | 
| 
} 








gasoline which have been dosed, respectively, with 
equivalent quantities of various mercaptans and the 
corresponding disulfides. Table 1 gives such a compari- 
son for three of the most common mercaptans and 
disulfides. Several others have also been tested, and it 
appears that these results are typical of the entire 
group. In the tests reported in Table 1 sulfur com- 
pounds were dissolved in a substantially sulfur-free 
reference fuel which is a low vapor-pressure product ot 
natural gasoline. The sulfur compounds were obtained 
from the Eastman Kodak Company, and were used 
without further purification. The sulfur contents shown 
in the table were those obtained on the prepared solu- 
tions by an extremely-accurate analytical method. 
Since the results obtained on the mercaptan and di- 
sulfide solutions are so nearly identical, it may be con- 
cluded that, for all practical purposes, there is little 
difference between these two classes of compounds in 
their effect on octane number with or without tetra- 
ethyl lead. Especially when it is considered that the 
concentration of sulfur compounds in these solutions 
is greater than in most of the gasolines in which ap- 
preciable octane losses occur during sweetening, it 1S 
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evident that the disulfides formed during sweetening 
cannot be responsible for this effect. 


Il. EFFECTS OF SWEETENING ON OCTANE 
NUMBER 


When the mercaptan solutions shown in Table 1 are 
treated with copper-sweetening solution as described 
in previous articles by the authors, the octane numbers 
of the sweetened products are virtually the same as 
those of either the mercaptan solutions or the syn- 
thetic disulfide solutions. This, in conjunction with 
other evidence, proves conclusively that the mercaptans 


TABLE 2 


Octane Numbers of Copper-treated and Doctor-treated 
Mercaptan Solutions 














Sulfur ASTM Octane No. with 

Content Octane 1 cc. Tetraethyl 

Solution (Percent) No. Lead per Gallon 
1. Methyl mercaptan....... 0.044 49.8 58.9 
a. Doctor-treated........ 0.048 48.5 56.7 
b. Copper-treated....... 0.044 49.8 58.9 
2. Ethyl mercaptan........ 0.042 50.0 58.9 
a. Doctor-treated........ 0.049 48.6 57.4 
b. Copper-treated....... 0.041 50.1 58.8 
3. nButyl mercaptan....... 0.040 49.9 58.9 
a. Doctor-treated........ 0.043 48.6 57.8 
b. Copper-treated...... | 0.039 49.6 58.7 














are converted directly and completely to disulfides in 
this method of sweetening. Doctor treatment, however, 
using plumbite solution and free sulfur according to the 
conventional equations : 
Na:PbO.:+ 2RSH——>Pb(RS).2+2NaOH 
Pb(RS)2+ S——RSSR+ PbS 

gives octane numbers considerably lower—from which 
it is obvious that these reactions do not tell the whole 
story, and that part of the sulfur must be converted to 
other compounds with strong pro-knock characteristics. 
This is shown in Table 2. 

The results of the doctor treatment were obtained 
using fresh plumbite solution and about 90 cent of 
the theoretical amount of free sulfur according to the 
equation cited. As will appear later, it should not be 
concluded that octane losses of the same magnitude 
would always result on solutions of similar mercaptan 
content, as the method of treatment apparently is the 
controlling factor. The losses shown are probably mini- 
mum, since the conditions used in the experimental 
tests were not favorable to the formation of deleteri- 
ous oxidation products as the conditions which are en- 
countered in most commercial installations. 

Investigators have expressed the reactions of doctor 
treating and its modifications in various ways over a 
period of many years, and there still is little agree- 
ment, except that it is usually assumed that the mercap- 
tans are converted to disulfides without formation of 
more than mere traces of extraneous compounds. Ef- 
fects of these compounds, however, are so pronounced 
that there is now little doubt that they exist in ap- 
preciable quantities, and this is becoming more widely 
recognized with improvement in analytical methods and 
better realization of the significance of effects which 
were formerly disregarded or attributed to other 
causes, 

in a series of investigations made several years ago 
by Chaney and Schulze,’ it was found that the lower- 
boiling mercaptans are readily oxidized with solutions 
of alkaline polysulfides, such as sodium polysulfide and 
caustic, even in the absence of sodium plumbite or lead 
sulfide. In order to be an effective oxidizing agent the 
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sodium-polysulfide solution must have the molecular 
formula of Na:S«, wherein x is at least 3. Although 
the reactions involved in the sweetening step are some- 
what involved and cannot be readily expressed in sim- 
ple equations, the primary step may be shown by the 
following concurrent reactions: 

2RSH+ Na.S,——R-S-S-R+ H.2S+ Na:S.-1 

2RSH + Na?:S,——>R-S-S-S-R+- H2S+ NasSx-2 

2RSH+Na.S,——>R-S-S-S-S-R H.S+NazSx-s 
These equations show how the disulfides, trisulfides, 
tetrasulfides, and even higher polysulfides may be 
formed simultaneously in the process. Since the treat- 
ing solutions contain excess alkali, the hydrogen sulfide 
formed in the reaction is converted to monosulfide— 
and such monosulfide also lowers the average polysul- 
fide concentration in the solution. 

With a proper choice of sodium-polysulfide treating 
agent it was possible to convert a large proportion of 
the mercaptans in naphtha solutions to alkyl polysul- 
fides higher than the disulfides, and it was found that 
the properties of solutions containing these higher 
polysulfides were similar to the properties of doctor- 
treated solutions, and from the magnitude of the ef- 
fects to estimate the extent of undesirable side reac- 
tions occurring in the various modifications of doctor 
treating. Octane-number losses were found to be pro- 
portional to the amounts of the higher polysulfides 
present. 

In this connection, it should be borne in mind that 
the authors as well as other investigators have found 
that low-boiling mercaptans are readily oxidized merely 
with caustic and elementary sulfur. The reactions are 
probably similar to those occurring with the polysul- 
fide solutions. 

The formation of trisulfides, tetrasulfides, and even 
higher sulfur compounds during treatment with doctor 
solutions containing appreciable quantities of sodium 
plumbite and subsequently breaking out with elemen- 
tary sulfur is perhaps explainable on the basis of 
either competing reactions or of transient polysulfide. 
In the absence of water-soluble lead compounds, it is 
obvious that the sodium polysulfides may be readily 
formed from caustic and sulfur. Thus, in the presence 
of lead sulfide and either; 1, caustic and sulfur or, 2, 
low concentrations of sodium sulfide and air, the poly- 
sulfides—serving as the oxidizing medium—may readi- 
ly be formed. 


This seems a more logical explanation of the mys- 
terious reactions involved in some types of doctor treat- 
ing than those previously advanced. Additional evi- 
dence lies in the fact that lead sulfide will not sweeten 
gasoline in the presence of high concentrations of 
sodium sulfide, which acts to keep the sodium-polysul- 
fide solution below the minimum Na,S,. 

The deleterious effects of the higher alkyl polysul- 
fides have been reported previously. For instance, 
Birch and Stansfield , isolated trisulfide from doctor- 
treated ethyl-mercaptan solution, and compared the ef- 
fects of synthetic trisulfides with disulfides when added 
to sulfur-free gasolines. They also concluded that even 
higher polysulfides, although not isolated, must be pres- 
ent in doctor-treated gasolines, since the octane losses 
during doctor treatment were greater than those ob- 
tained with equivalent quantities of trisulfides. 


III. PLANT RESULTS 


In commercial operation ‘the copper-sweetening 
method has consistently shown no appreciable octane 
loss, regardless of the nature of the gasoline or the 
degree of sourness. Octane losses from doctor treating 
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have been reported by various authors as ranging from 
0.5 to 3 or more octane numbers, and this agrees with 
our experience. Several comparisons of the two meth- 
ods are presented in the following tables; and, because 
it was not possible to avoid recourse to laboratory treat- 
ment for some of this work, attention should be di- 
rected to the technique necessary to obtain reliable 
results by the various methods. The sulfur chemistry 
of petroleum is indeed complex, and a rather compre- 
hensive understanding is necessary if the experiments 
are to have any significance. In making the laboratory 
tests, the results of which are shown in this paper, 
every conceivable precaution was taken to avoid weath- 
ering losses and the like, so that the sweetened products 
were truly characteristic of the sour gasoline except for 
the oxidation of the mercaptans. It should be pointed 
out too that new solutions were used in all of the 
doctor treatments, and that the octane ratings thus ob- 
tained were the maximum obtainable. In commercial 
practice, where the doctor solutions are used repeatedly, 
the octane ratings and other properties of the gasoline 
will be still less favorable than those reported herein. 
For example, the low-boiling methyl and ethyl mercap- 
tans react with new doctor solution to give the cor- 
desponding lead mercaptides, which are almost totally 
insoluble in gasoline and which precipitate out as 
sludge. These lead mercaptides are mixed with lead 
sulfide, and are extremely reluctant to react with ele- 
mentary sulfur to form disulfides. Even with long 
contacting this conversion is not complete; therefore, 
this first portion of gasoline from new doctor solution 
will contain somewhat less of the sulfur compounds 
than succeeding portions. The octane number of this 
gasoline is somewhat better, therefore, than can be 
obtained in practice with solutions which reach a state 
of more or less equilibrium with repeated use. Atten- 
tion is called also to the complete extraction of methyl! 
mercaptan from gasoline merely with caustic to form 
the water-soluble sodium mercaptide in the absence 
of soluble lead compounds. In such instances higher 
octane numbers are obtained than are possible in prac- 
tice. These are merely some of the pitfalls which have 
led in the past to erroneous interpretations of the re- 
sults obtained by laboratory tests with the various 
modifications of doctor treating. In sweetening with 
copper solutions, no insoluble compounds or sludges 
are formed, all of the mercaptans are converted to 
disulfides, no change occurs in the treating solution 
and, therefore, the results obtained in laboratory tests 
are always duplicable in commercial practice. 

Table 3 shows results of laboratory treatment of a 
cracked gasoline, using the copper method and two 


TABLE 3 


Laboratory Treating Tests 








Laboratory, Laboratory, | Laboratory 





| } Doctor Doctor | and Plant, 
| Sour | Method ‘‘A’’ | Method “‘B’’| Copper 
Octane No...........| 61.6 | 61.2 60.0 ee 3: 
Octane No. plus 1 cc. | | 
tetraethyl lead.....| 68.3 | 67.7 67.1 | 68.3 








variations of the doctor method. The sour gasoline is 
representative of a product on which daily tests have 
been made over a period of several months. Samples 
of the plant-sweetened gasoline showed an average loss 
of 0.8 octane number by the doctor method, and similar 
tests at a later period showed no loss by the copper 
method. The reduction in the tetraethyl-lead require- 
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ment of this gasoline as a result of conversion to the 
copper-sweetening method amounts to 0.25 cc. per 
gallon. 

Doctor treatment by method “A” consisted of using 
a 50-percent excess of new plumbite solution, and 80 
percent of the theoretical quantity of elementary sul- 
fur, with one hour of vigorous contacting. As this 
procedure has appeared to give minimum octane losses 
by doctor sweetening in any of its modifications, this 
treatment was selected for use in the other examples. 

Direct comparisons of the products from the two 
types of treating plants operating simultaneously on the 
same gasoline are seldom available for obvious reasons, 
It has been possible, of course, to establish the octane 
loss. encountered in doctor sweetening in any com- 
mercial installation by direct comparison of the octane 
ratings of the sour and sweetened gasolines. Likewise, 
it has been possible to establish beyond peradventure 
of doubt that copper-sweetening plants subsequently in- 
stalled entirely eliminated that loss. Recently, however, 
samples were secured from a plant operating both a 
large copper-sweetening unit and a large doctor-treater 
on the same gasoline. The results are shown in Table 
4. The gasoline is a high-end-point, straight-run, Texas 
Panhandle crude, used as a base in third-grade motor 
fuel. 

There was some weathering loss in the doctor treat- 
ment, but this can account for only a relatively small 
part of the total octane loss. The large increase in the 
total sulfur content should be noted. 











TABLE 4 

Comparison of Copper Sweetening and Doctor Treating 

| Plant, | Plant, 

Copper- Doctor- 

Sour | Treated | Treated 
Pig Be > a arrears 47.7 | 47.7 44.2 
ASTM octane No. plus 1 cc. tetraethyl lead. 56.7 | 56.7 52.4 
ASTM octane No. plus 3 cc. tetraethyl lead. 65.5 } 65.5 61.5 
PRISeE GITET, POTCEME «.. ow oc cece cccccoees 0.035 aks ee 
TAR) GUMUT, DETCONE ooo cic cece ccees | 0.068 0.068 0.084 

oO rr rr re aids negative negative 
SOUS FEE < aa oasawee de eoooenes ences 60.2 60.3 59.8 
Reid vapor pressure, Ib.................. 5.45 5.45 5.10 

ASTM Distillation, ° F.: 

Initial boiling point................. 108 105 104 
Oates POIME . wc c ccc cscs sees 162 161 162 
50-percent point. .............00008: 250 251 249 
90-percent point:...............008- 369 368 37 1 
Pak: 5 Sediies bee ace rowan wees 422 422 416 

















For further direct example, it has been necessary 
to resort to laboratory treatment by one of the methods 
as compared to plant treatment by the other method. 
This gives valid results when the copper-treating 
method is used in the laboratory. In cases where it has 
been necessary to use laboratory doctor treatment, the 
results cited are known to be within the range of pre- 
vious plant results before the copper-treating method 
was installed. 


Since the gravity test is the most sensitive indication | 


of weathering losses, examination of the data in Table 
5 shows that weathering has played little or no part 
in these tests. It should be mentioned that whereas 
example “5” showed a loss of only 0.5 octane number 
by the laboratory doctor treatment employed in these 
tests, the gasoline averaged about 1.5 octane loss in 
plant doctor treatment. This is insline with the previous 
statement that the octane losses by our laboratory doc- 
tor method are extremely conservative, and represent 
minimum losses by such methods of treatment. 
Differences in sulfur content of the copper-treated 
gasolines are negligible, while the increases shown in 
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the doctor-treated gasoline represent a real difference— 
small in the case of the laboratory-treated samples, and 
appreciable for the plant. samples. 


Iv. COLOR, GUM, AND CORROSION 


The higher alkyl polysulfides, which may be thought 
of as persulfides, are analogous to peroxides in their 
effects on the various properties of gasoline. As al- 
ready shown, these persulfides and peroxides both 
cause depreciation in the octane number. This analogy 
may now be extended to other properties of the gasoline 
such as potential corrosion, color stability, and potential 
gum. 

Gasolines containing low concentrations of these poly- 
sulfides may be subjected to moderate heating over a 
period of time without appreciable decomposition of the 
polysulfides ; whereas exposure to sunlight, or even the 
light on cloudy days, is sufficient to cause decomposi- 
tion with the formation of corrosive sulfur. A gasoline 
containing an appreciable amount of alkyl polysulfides 
but no elementary sulfur, if not exposed to sunlight, 
will give a negative copper-strip corrosion test ; where- 
as after exposure to sunlight it will be very badly cor- 
rosive. Some years ago it was noted that certain gaso- 
lines which showed no corrosion even after a test 
period of as much as three hours at 210° F. would be 
badly corrosive in several minutes after exposure in a 
4-ounce sample bottle to as little as 15 minutes of sun- 
light. This effect was due to the decomposition of the 
higher alkyl polysulfides which were formed by doctor 
treatment in the presence of air. No doubt this effect 
has been encountered often in practice, but unex- 
plained. For example, a sample of gasoline containing 
polysulfide compounds may have become exposed to 
sunlight before the corrosion test was made and, hence, 
the sample may have given a positive test. As is fre- 
quently the case under such conditions, a second sample 
may have been obtained and found to be non-cor- 


rosive simply because it was not exposed to light 
for so long a time as the first sample. 

In connection with the potential corrosiveness of 
alkyl polysulfides, it should be pointed out that the 
amount of elementary sulfur necessary to give-a pos- 
itive copper-strip corrosion test varies widely with 
the characteristics of the gasoline. Light gasolines 
containing only saturated hydrocarbons will, in gen- 
eral, give positive corrosion tests with extremely low 
quantities of elementary sulfur; whereas cracked 
gasolines may contain a number of times more ele- 
mentary sulfur before a positive test is obtained. 
Hence, the amount of alkyl polysulfides present in 
gasoline and the amount of such compounds decom- 
posed cannot always be determined merely by ex- 
posure to sunlight and subsequent corrosion tests. It 
is possible to have present sufficient quantities of 
these deleterious compounds to cause substantial de- 
preciation in other properties of the gasoline: for 
example, octane number, without noticing the ad- 
verse light effect. 

It has been noted too that straight-run gasolines 
containing appreciable quantities of alkyl polysul- 
fides formed during the doctor-treating process are 
generally somewhat color-unstable on exposure to 
sunlight for a period of four hours or so. Usually 
these gasolines become hazy, and sometimes so 
cloudy that they appear milky. Similar reactions occur 
in cracked gasoline ; but, due to the greater solubility 
of the reaction products in unsaturated hydrocar- 
bons, there is very little or no precipitation. 

Still another very undesirable property of alkyl 
polysulfides is the effect on the gum stability of gas- 
olines. As stated previously, these compounds may 
be likened to peroxides. They tend to destroy natural 
inhibitors, and render very much less effective syn- 

[Continued on page 276] 




































































TABLE 5 
Straight-run Gasolines 
| EXAMPLE 1 EXAMPLE 2 
| Copper Doctor Copper Doctor 
Sour (Plant) | (Laboratory) Sour (Plant) (Laboratory) 
EE Cae US 5:5 5 oso din lw aa Dae 53.1 53.1 51.3 50.1 50.1 49.1 
ASTM octane No. plus 1 cc. tetraethyl lead.................. 62.7 62.7 61.4 61.6 61.5 60.5 
| BRITS Pie rn ee ter ar 0.011 nee eae 0.011 5a i ore 
ee FR ep npr he he rs oe PRA Ts 0.027 0.027 0.028 0.022 0.022 0.024 
ES FORE OM eee PE ORL ‘ann negative negative ES negative negative 
I PM od ks NR ass end cra de aaa dc neo wa oe ae 58.5 58.4 58.5 63.0 63.0 63.1 
SER NOE UMORNI NID Son ibid lon'e sch aiad Kam ars awlaninuhe se vsibia 6.10 6.10 6.10 9.70 9.65 9.75 
| 
ASTM Distillation, ° F.: 
ee IS EE PION OC TCT ee 105 103 101 90 87 89 
REMMI... SoBe oS c's hm die ok Gch aly arava ee te Re | 175 176 174 142 136 138 
ENE NN 5 SY 5 dis wwSS wie So vd CS e daw seee as MS sl 262 266 264 250 250 252 
OMNIS, fh) 5 u-ta ins cia, 4 oe ne han Rate ee eS | 354 352 350 355 357 360 
MONE cinta os aka teth bei haoeaniny aetna | 405 404 403 413 416 411 
Cracked Gasolines 
| EXAMPLE 3 EXAMPLE 4 EXAMPLE 5 
| Copper Copper Doctor 
(Labora- | Doctor (Labora- | Doctor Copper | (Labora- 
Sour tory) (Plant) Sour tory) (Plant) Sour (Plant) tory) 
Rene OCHAMENER 5G Sc pany usetns «tee 68.7 68.5 66.7 63.3 63.3 62.3 67.7 67.7 67.2 
ASTM octane No. plus 1 cc. tetraethyl lead.......... 72.6 72.5 71.2 69.7 69.7 68.7 73.6 73.6 72.7 
STEER A" GSES SED it Rte at | 0.054 saat eee O08 4. ot 0.027 se eae 
Bead sulfas, Pereent.. oo... cc csootecvscecvsuies | 0.300 0.296 0.313 0.048 0.049 0.057 0.058 0.059 0.062 
SEL SRI pipiens tenet eons age sites negative negative Peres negative negative yb ti negative negative 
Gravity ce, er. pee ers ha Ae, 59.3 59.1 59.2 54.3 54.3 54.3 61.1 61.1 61.1 
Reid vapor NINN Nc. Jy a or ace.6- Scalones's id alone Sipe a ae 8.00 7.70 7.70 6.15 6.00 6.00 12.55 12.30 12.65 
ASTM Distillation, ° F.: 
Pritigh RM MUNN. 5 SSG 65 ie isos eae ees 92 93 92 100 100 98 85 86 84 
a DOME Src ae a cars ae alate 131 133 133 171 172 170 109 106 111 
DOG MR 5G eu ak eee eens Gas 240 242 242 290 289 288 239 235 242 
PDO MNES SS co die so savas iaale ores 349 353 349 355 355 355 358 356 357 
Bind MER oon ru aee Uno caer chou age 398 404 398 408 410 405 409 402 407 
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of California, San Francisco, California 


HE sweetening of sour gasolines ; both cracked and 

straight-run, has been a troublesome burden to the 
petroleum industry for many years. In many refineries 
this branch of processing has been permitted to follow 
the path of least resistance. As a result, it generally 
has been the practice to manufacture a ‘“doctor-sweet” 
product as demanded by the consumer by some method, 
regardless of what it might have been, with practically 
no serious attention paid to losses accompanying such 
treatment. This utter disregard in the past for sweet- 
ening losses and resultant high costs have usually been 
considered as something which “had to be” in order to 
prepare a satisfactory marketable product. 

However, today, the order of things has altered. The 
pressure of economic conditions has forced the industry 
into an investigation of such avoidable losses; and, for 
the first time, operations which have heretofore been 
considered as inconsequential from the standpoint of 
cost have been found to be of such great magnitude as 
to demand attention. 

It is the purpose of this paper to point out where the 
major losses may be found, what their cost is to the 
industry, and to indicate what steps may be taken to 
correct them. 

In practically all refineries where sweetening has been 
required, the well-known sodium-plumbite (doctor) and 
sulfur method has been used. It is, therefore, this 
method which has been, and continues to be the worst 
economic offender ; and until recently practically all at- 
tempts at improvement in sweetening operations have 
been directed toward it. It has been possible greatly to 
improve earlier results obtained, but the maximum pos- 
sible efficiency has been found to be far below that 
which is possible with later sweetening methods. 


SWEETENING LOSSES AND COSTS 


Chemicals 

For a number of years after the doctor and sulfur 
method of sweetening sour gasolines was adopted uni- 
versally by the refining industry, it was the practice to 
discard chemicals employed during the operation. The 


TABLE 1 
Chemical Cost of Doctor Sweetening—No Regeneration 


| 








Mercaptan sulfur in gasoline, 


ee ee bh aie 6s ail 0.005 0.01 0.02 0.05 
Chemical cost, dollars per 


Bs wetsds sews whssces $9.92 | $19.84 $39.74 $99.33 





chemicals used, principally litharge and caustic soda, 
have always been items of major expense in doctor 
sweetening ; and, when they were used only once, the 
sweetening expense was found to be prohibitively high. 

Table 1 shows the magnitude of the chemical cost 
involved in doctor sweetening without regeneration as 
originally practiced. 

Since the chemical cost, as shown in Table 1, was of 
a prohibitive nature, the industry began to employ re- 
generation of the plumbite solution. The means em- 
ployed are well known; and, therefore, no discussion of 
the method is required here. When efficient regenera- 
tion was employed, it was possible to reduce materially 
the cost of actual chemicals consumed, and the effect of 
such procedure may be illustrated by a comparison of 
the cost of chemicals required for sweetening cracked 
gasolines containing approximately 0.01 percent by 
weight of mercaptan sulfur. For instance, over long 
periods of operation, this cost was found to be approxi- 
mately $2.70 per 1000 barrels, as against $19.84 per 
1000 barrels shown in Table 1, for gasoline of the same 
mercaptan-sulfur content. It is, therefore, obvious that 
efficient regeneration of sodium-plumbite solution con- 
tributed greatly to the reduction of the cost of chemi- 
cals used in sweetening. 

However, even with the very best of regeneration it 
has always been impossible to avoid certain mechanical 
handling losses of chemicals during the process. Nat- 
urally, the cost of such mechanical losses is included in 
the totals stated above. It was not possible, however, 
to reduce the total cost of sweetening by the difference 
due to the chemicals saved with regeneration because 
of the utilities, such as steam and air, which were re- 
quired to accomplish regeneration, and the additional 
refinery labor necessary for this operation. 

Methods were, therefore, continually sought which 
would permit further reductions in cost of chemicals, 
elimination of the use of certain chemicals entirely, and 
reduction of labor to a minimum. During the develop- 
ment of the regeneration procedure, it was noted that 
the presence of lead sulfide in sodium plumbite very 
often facilitated the sweetening operation, and it was 
this fact that led to a study of the possibilities thus 
indicated. As a result, it was found that the use of 
lead sulfide in a suspension in caustic-soda solution 
greatly simplified sweetening procedure and eliminated 
simultaneously all chemical consumption of litharge, 
caustic soda, and sulfur. The activity of lead sulfide 
has been explained by the following chemical reactions: 


PbS - 1402 - PbO S 
(Lead sulfide) (Oxygen) (Lead oxide) (Sulfur) 
PbO + 2NaO0H —> Na PbO. + H.O 
(Sodium (Sodium (Water) 
hydroxide) plumbite ) 
2RSH + NaPbO. —. (RS): Pb + 2NaOH 
(Mercaptan) (Lead 
mercaptide) 
(RS)2Pb + S > 2S2 a PbS 
( Disulfide) 
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T HE losses occurring in the sweetening of gaso- 
lines are discussed in detail, their cost to the 
| industry evaluated, and the steps that have been 
taken to overcome these losses outlined. 

The largest saving in chemical costs was effected 
in doctor sweetening when regeneration of the spent 
chemicals was adopted. Where this process is ef- 
ficiently practiced, further potential savings in this 
item alone are insufficient to justify additional ex- 
pensive research work or plant modification. The 
main losses in present doctor-treating operations are 
those of gasoline and knock rating, with resulting 
increase in cost to maintain knock-rating specifica- 
tions. The unavoidable addition of excess free sul- 
fur, with its attendant detrimental effect on speci- 
fications and inhibitor susceptibility, result in fur- 
ther unnecessary processing cost. These factors 
fully justify improvements in the sweetening oper- 
ation. 

The Stratco lead-sulfide process sweetens by cata- 
lytic oxidation, using air for the oxidizing agent. 
The catalyst is a suspension of lead sulfide in 
strong caustic-soda solution. Since the process is 
catalytic, the chemical consumption is minimized— 
being due solely to mechanical losses and that small 
quantity required to maintain the catalyst at its 
maximum effectiveness. Operating continuously in 
a closed system without “blackstrap” emulsions, 
gasoline losses are negligible. Previous over-treat- 
ment and production of poor copper-strip-test stock, 
necessitating re-treatment are eliminated because no 
free sulfur is used. Knock-rating losses and tetra- 
ethyl-lead requirements have been reduced to a 

minimum. Thus the lead-sulfide process permits the 
fullest realization of possible economies in sweet- 
ening. 
This paper was presented at Seventh Mid-Year 
| Meeting, American Petroleum Institute, at the 
| Broadwoor Hotel, Colorado Springs, Colorado, June 
| 











These reactions show that, although lead sulfide en- 
ters into the sweetening, it is regenerated, and the net 
result is that only oxygen is consumed in converting 


mercaptans to disulfides. The action of lead sulfide is, 


therefore, essentially catalytic. 

The commercial application of this development is 
known as the Stratco lead-sulfide process, and it has 
been in use for long periods of time. It is very simple 
in its operation, and involves the addition of small quan- 
tities of air to the gasoline which is being continuously 
sweetened by the catalytic action of a substantially bal- 
anced reagent consisting of finely-divided particles of 
lead sulfide suspended in a strong solution of caustic 
soda. At all times there is a certain quantity of air dis- 
solved in the gasoline to be sweetened—which, in the 
case of certain gasolines having low mercaptan-sulfur 
contents, is adequate for completion of reaction. When 
it becomes necessary to add supplementary small quan- 
tities of process air, it is extremely difficult to control 
the quantity to the exact theoretical amount required. 
Any excess air, therefore, will convert some lead sul- 
fide to the undesirable sodium plumbite, in the presence 
of caustic soda, as indicated by the above reactions, and 
interferes with the sweetening reaction. In order to 
counteract this effect and maintain the reagent in the 
substantially balanced condition, which was required 
for successful sweetening, it was found necessary to 
add continuously a small regulated quantity of aqueous 
solution of sodium sulfide to the system. The sodium 
sulfide re-precipitates the sodium plumbite as lead sul- 
fide. 


The mechanism of the process is shown in a typi- 
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FIGURE 1 
Typical Flow Sheet—Stratco Lead-Sulfide Process 
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materially the mechanical losses and over-all con- 
sumption of chemicals. For example, the cost of 
chemicals required for sweetening a gasoline con- 
taining 0.01 percent of mercaptan sulfur was reduced 
to $1.60 per 1000 barrels from a previous cost of 
$2.70, or a reduction of approximately 40 percent. 
Recent improvements in the method af application 
of the process are expected to reduce this chemical 
cost to considerably under $1.00 per 1000 barrels of 
gasoline sweetened. 

The complete elimination of “blackstrap” emul- 
sions and the infrequent reagent regeneration re- 
quired for removal of accumulated impurities reduce 
the consumption of utilities, steam, and air to a small 
fraction of that required when normal doctor-regener- 
ation methods are employed. Further economies are 
effected because of the elimination of labor required 
for spent doctor regeneration. 

However, the most important conclusion that can 
be reached from the facts presented above is that 
the economy in cost of chemicals obtainable by any 
sweetening process over doctor sweetening with best 
regeneration procedure is so small that extensive re- 
search and plant modification cannot possibly be 
justified upon this factor alone. It is necessary, there- 
fore, to select a method of sweetening which, while 
operating at the lowest chemical cost possible, si- 
multaneously permits taking full advantage of the 
several other items of economy which are of great 
magnitude, and which will be discussed in the fol- 
lowing sections. 


GASOLINE LOSSES 


In the old-style batch doctor-treating method as 
originally practiced, several percent of marketable 
finished gasoline was lost: a, by evaporation into the 
atmosphere upon agitation; b, in “blackstrap’”’ emul- 
sions which were discarded; and c, in batch water 
washing of doctor-sweetened gasoline where water- 
gasoline emulsions were unavoidable and were lcst to 
the plant water-disposal systems. 

When the continuous closed system of doctor 
sweetening was adopted, the loss of gasoline by 
evaporation during sweetening was largely avoided. 
W here it was possible satisfactorily to break down 
the “blackstrap” emulsions during regeneration, a 
portion of the gasoline from this emulsion which 
had previously been lost was recovered. In cases 
where doctor-sweetened gasoline was washed with 

rater, the losses were somewhat reduced by using 
a circulatory water system. It has, therefore, been 
possible, by using great care and applying best tech- 
nique, to reduce the gasoline losses during sweeten- 
ing from the several percent which accompanied the 
old-style batch treatment to losses which vary in 
accordance with the quality of operation from values 
of 1 percent to 3 percent in most refineries. 

Table 2 converts these losses to monetary values, 
from which it is easy to determine that substantial 
economic betterment can be made in sweetening op- 
erations where such losses exist. 

Various attempts have been made to recover a 
portion of the gasoline formerly lost by the appli- 
cation of centrifugal separation to “blackstrap” emul- 
sions, and it has been possible to recover by this 
method a portion of the gasoline. However, when 
centrifugal separation is applied to a doctor-sweeten- 
ing operation, the refiner can cnly hope to reduce 


slightly his former chemical cost, and the economic 
benefits of processes other than doctor sweetening 














are not available. Centrifugal separation, therefore, 
may be classed as only a partial solution for best 
sweetening economies. 

As can readily be noted from the flow diagram of 
the lead-sulfide process (Figure 1) gasoline losses 

may be reduced to an absolute minimum. In reality, 
the only loss suffered is that due to evaporation in 
tankage and during transfer. Over long periods of 
time, these losses have averaged less than 0.25 per- 
cent of the through-put on normally stabilized gaso- 
lines. 

It has been shown how with the lead-sulfide meth- 
od it is possible to reduce chemical costs to a mini- 
mum. To this definite monetary saving can also be 
added the additional saving of all gasoline formerly 
lost by doctor sweetening with the exception of that 
occurring due to normal tank evaporation and during 
pumping. 

Table 2 enables the reader to evaluate this factor 
from his own operations. 














TABLE 2 
Value of Loss Per Year Per 1,000 Barrels Per Day 
| | | me 

Pewoemteds LOG8. . 62... cesses | 1Percent 2 Percent | 3 Percent 
Stock Value: | | 

$.03 per galion..........8..00. | $4,599 $ 9,198 $13,797 

$.04 per gallon................ | 6133 | 13,266 18,396 

ee ae oe 7,665 | 15,330 22,995 








OCTANE NUMBER 


One of the most lucrative possibilities of improved 
sweetening procedure may be found in the conserva- 
tion of octane number. An analysis of commercially- 
doctor-sweetened gasolines from most sources dis- 
closes a loss in octane number upon doctor sweeten- 
ing, varying from approximately one-half point to as 
high as two points. These losses are a combination 
of the loss of light ends during sweetening, chemical 
reactions taking place during sweetening, and the 
deteriorating effect of excess free sulfur in the 
doctor-sweetened gasoline owing to poor operating 
control. This loss of octane is very costly to the re- 
finer, since it means increased tetraethyl-lead require- 
ments, necessity of reforming larger quantities of 
straight-run gasoline, blending of larger quantities 
of high-octane components, or addition of more light 
fractions such as natural gasoline. 

In order to make possible a true evaluation of ex- 
isting losses and the possible savings which may be 
realized by the use of improved sweetening methcds, 
it has been absolutely necessary to perfect and use 
a method of knock-rating determination which is ac- 
curate, i.e., capable of check results within as close 
limits as possible and by which octane differences of 
small magnitude can be detected. 

The ASTM-CFR method of determining octane 
number, by definition, allows a tclerance of such 
magnitude that unless great care is used in making 
comparisons, many refiners miss entirely the loss 
which they are suffering in octane number during 
doctor sweetening. Therefore, they do not recognize 
the unnecessary cost of the increased use of tetra- 
ethyl lead or other means of attaining the desired 
cctane number. 


When octane determinations are made using the latest 
type of humidity control,? it is possible to obtain a 
higher degree of accuracy and check results than have 
previously been obtainable. For the purpose of el: mi- 
nation of error as far as possible, and in order to be 





Refiner & Natural Gasoline Manufacturer—V ol. 16, No. 6 





Lea 


Cul 


cel 
sol 
ga: 
pai 
in 

un: 


ty] 
tar 
suc 
SW 
bee 
of 


oct 
the 
Fo 
pet 
per 
for 


hay 
doc 
hav 
the 
hay 
sys 
car 
the 
tro 
ma 
tan 
con 
pro 
hav 


fac 
sult 
tem 
as | 
the 
Swe 
tior 





hat 
ing 


tor 


ie@s 
xht 


exX- 
be 
1 
ds, 
use 
ac- 
ose 
ot 





TABLE 3 


Octane Numker, Lead Susceptibility, and Tetraethyl-Lead Requirements 

















DOCTOR TREATMENT Lead- ore: 
Sulfide Chloride 
Sour Laboratory | Commercial Treatment Treatment 
Octane No.: 
Sample No. 1 SEE PEELE EE LEE EU oo SHUT eA eee 67.6 66.0 ee 67.5 
I nooo. sn cig k dot sikelele ae ba ahs Se aN a erates a 70.6 seis er 69.7 
IE Sk oe Davia s om oincg gia acdrad oad Salata Rintia ackaee san a 66.6 66.0 Re 66.2 aes 
MIN C5. aig. 3-5: Ris avdio oer oud Bie Od leatats Sep ek OURS Renee ees 65.7 dienes ee 65.6 Wiate\ 
NS i, SAE LN, ace eas Aes aratians ch AER se Sl ole ie een eae ee 64.4 63.3 63.1 63.8 63.7 
SS Ree eee tia Bore were y Tee Wane ores re poe es 66.4 Re ay 65.1 65.8 Dae 
BRE 5.55 6. 0.8% 2d AAA Saas SARS A ORRION O'S CGEM pinta RA 59.8 ce 58.8 59.1 Sf 
ES 5 1'5,5 crea sp als 0:4. Sckia Wass 0.6 RMS @ Gd ara a ES SIO TS eons 63.1 61.8 sre 62.4 care 
NG Cb St, ais Sue einen cee SURE Ie DSP EES Nees 55.9 54.3 54.2 54.7 > 
CO Re rr en re re ree ey ee Or re he 59.8 59.0 ae 59.6 odie 
We I oie ain. oke o.oo Road owade canes akc s ve ann Galnediaas san 69.4 69.1 69.6 68.7 
Lead Susceptibility: 
ee Ee rere reat rere rer rer rr rity or ree 0.91 0.93 Pe 0.94 
Cn OS Ee ert emcee se Sie sba' 4 s-oc8 Mile. Bond ote Saas 0.71 RE sift 0.78 
ah. io oe. ciclo alraisca tactoraetstack:d wie e406 wea ae pee ae eRe 0.69 0.72 aes 0.73 Rees 
Pe aaa 525 Oho Ua Sh eh E Sho sdb ou. cade ee eeKena nese 0.77 gibi cen 0.75 ce hal 
pS RE ee AT aren ny Poteet Boney Pr inie Ae ele Fal eA 0.86 0.86 0.88 0.88 0.87 
I oo 56a 5: gi bide aiih esha a are gl SA Nawte a Ble Oe Rie Mea osiiw sieleteasaie he ete 0.87 0.88 Prd, 
Sree ers en ey ey 0.71 ee 0.70 
PN boo sch Cig omnia dls ete St BAe BIR RRR NEN RESTO SS 0.91 0.92 0.92 eS 
SS a ee ee ee er ae een ere ae 0.96 0.97 ver 
De INS ois wags Ane dare e 43 Odes Saale c dies ame eureka ratd 0.58 0.55 0.58 0.57 
Cubic Centimeters of Tetraethyl Lead to 70 Octane: 
Sample eel 1 Straight-run..... 0.6... cece eee eee eee e eee eens 0.25 0.50 sd tale 0.31 rig 
SE SAGA, 0ls a alcdcie's Aad obe cs Oeite Os eNO SNARES 0.66 0.82 eee 0.72 seit 
5 Cracked ...... 0... cc ec ee ec eee e cece sce enceeretesceces 0.63 0.74 0.77 0.66 0.72 
DTG d cso cide 5 p60 a 6.00% he SEES EDL EE Cee ay ae 1.44 1.33 say 
Ne p's ccainhi. piesa sk OGa amd edee alae ee ae ao sate 1.38 pics 1,24 
I ool. 5. 5. 5.65 ioe o\ebuely' bie obald is ee Gig a eek ISIE Role ae rare 1.96 1.96 1.85 Carnie 
I eb iiss « ie oo aca uole Bis SOS aOR S wd OR dees eRe eee ied 1.17 aot 1.06 dita 
I rr er er re rr ere oe ee 0.13 0.22 0.09 0.29 




















certain of differences in true octane number between 
sour and doctor-sweetened gasolines, as well as between 
gasolines sweetened by other methods, a system of com- 
parison has been developed for determining differences 
in knock ratings by simultaneous testing of the samples 
under parallel conditions. 

The gasolines tested cover wide ranges of source and 
type; and since, without exception, all have shown oc- 
tane losses upon doctor sweetening, it is concluded that 
such losses always occur when a gasoline is doctor- 
sweetened. In some refineries these losses may not have 
been detected, probably because of the limited accuracy 
of the normal knock-testing method. 

One of the most logical ways to evaluate the loss of 
octane upon sweetening by any method is to consider 
these losses in terms of tetraethyl-lead requirements. 
For octane losses equivalent to 0.1 cc. of tetraethyl lead 
per gallon, the cost per annum to the refiner is $4,292 
per 1000 barrels of daily throughput at existing prices 
for tetraethyl lead. 

In any refinery where accurate knock-testing methods 
have been employed and where knock-rating losses upon 
doctor sweetening have been fully recognized, attempts 
have been made to avoid the losses by improvements in 
the doctor-sweetening method. The major improvements 
have been two, viz., the change from the batch-agitator 
system to the closed continuous system; and, second, 
careful control of the amount of free sulfur added to 
the gasoline to “break out” the doctor. The lack of con- 
trol in the latter has long been recognized as one of the 
major reasons why gasolines have suffered material oc- 
tane losses upon doctor sweetening. However, careful 
control of the sulfur added to the system has been a 
problem difficult of solution, and the savings possible 
have, therefore, been limited. 

The recognition of these limitations was one of the 
factors leading to the adoption of the catalytic lead- 
sulfide process which employs a closed continuous sys- 
tem and uses no free sulfur. It has been found poss:ble, 
as a result, to conserve the natural octane number of 
the sour gasoline to the fullest extent by lead-sulfide 
sweetening. It is well known that there are wide varia- 
tions in the response of different gasolines to the addi- 
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tion of tetraethyl lead. A convenient measure of this 
ease of response is a numerical value termed “lead sus- 
ceptibility” developed by Hebl, Rendel, and Garton.’ 
The larger the value of lead susceptibility, the more 
readily does the gasoline: respond to the addition of 
tetraethyl lead. It will be noted in Table 3 that the 
lead susceptibility of a particular gasoline is not altered 
greatly by sweetening, regardless of what sweetening 
method is used. The important thing, then, is to choose 
a sweetening method that will entail a minimum octane 
loss in order that lead costs may be reduced. 

In leading gasoline to “Q” specifications, lead sav- 
ings as high as 0.2 cc. per gallon of gasoline are pos- 
sible; and when leading to premium-grade gasolines, 
these savings are as much as 0.35 cc. of tetraethyl lead 
per gallon. From Table 4 the monetary value of such 
savings in tetraethyl lead can be readily evaluated. 


TABLE 4 
Lead Savings 








Cubic Centimeters of Tetraethyl Lead 
per Gallon of Gasoline 

















} 0.1 0.2 0.3 0.35 
Saving, dollars per year 
per 1,000 bbl. per day... $4,292 $8,584 $12,876 $15,023 











GUM STABILITY AND INHIBITOR 
SUSCEPTIBILITY 


In many instances, doctor-sweetened gasolines have 
been only partially susceptible to the normal effect of 
gum inhibitors. It has been found that one of the prin- 
cipal causes of this lack of susceptibility results from 
adding an excess of free sulfur during sweetening. As 
a result, an effort has been made to reduce the sulfur 
to a minimum; but, since it is always impossible in 
commercial operation to add the exact amount of free 
sulfur which is theoretically required, the maximum effi- 
ciency of inhibitors has not been obtainable. Since no 
free sulfur is required in the lead-sulfide method of 
sweetening, inhibitors exercise a greater effect, and it 
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treating cost. 


In recent examinations of Mid-Continent cracked 
gasolines for inhibitor susceptibility, it has been found 
that the susceptibility of the gasoline after lead-sulfide 
sweetening is equal to that of the same gasoline when 
sweetened with doctor and sulfur, the addition of the 
latter being carefully controlled so that no excess was 
present in the gasoline. It was subsequently found that 
when excess quantities of sulfur were used, the inhibi- 
tor susceptibility of the lead-sulfide-sweetened gasoline 
was definitely superior to that sweetened by the doctor- 
and-sulfur method. It has been noted that the copper- 
dish gums of the gasoline sweetened by lead sulfide 
were materially lower than in the case of the other 


sweetening methods employed. 


INFLUENCE OF SWEETENING METHOD UPON 
PREVIOUS REFINEMENT 

Most gasolines are refined to a given specification, 
whether it be for gums, color, or sulfur content, by 
some method such as acid or clay. It is obvious that any 
detrimental effect introduced by subsequent sweetening 
methods will, therefore, result in increased cost of the 
previous refinement. This being the case, the refiner is 
naturally interested in selecting a sweetening method 


which has a minimum deteriorating effect on the finished 


product. 

Experimental work has indicated that a gasoline 
sweetened by the lead-sulfide method is lower in copper- 
dish gums than is the same gasoline when sweetened by 
doctor and sulfur. Further, once the sulfur content of 


is, therefore, possible to manufacture a finished gasoline 
of a specified gum content and induction period with a 
lesser degree of acid or other treatment previous to 
sweetening and still maintain the same quality in the 
finished product. Naturally any reduction in acid or 
other treatment required or a decrease in quantity of 
any inhibitor necessary for the manufacture of a gaso- 
line of a given specification is reflected in the over-all 


the finished gasoline has been reduced to a given speci- 
fication, no increase has been found after lead-sulfide 
sweetening. On the other hand, in a doctor-sweetened 
gasoline, there is normally a small rise in sulfur con- 
tent, owing to unavoidable addition of excess free sul- 
fur, which may be as high as 0.02 to 0.03 percent. This 
increase in sulfur content must be counterbalanced by 
an increase in the degree of previous treatment to main- 
tain the sulfur specification desired. Such over-treatment 
is necessarily chargeable to the sweetening operation, 
Sometimes, also, the excess of free sulfur is sufficient 
to affect the copper-strip corrosion test of the finished 
gasoline, and results in the necessity of re-processing 
an entire tank. Such re-processing naturally adds to the 
over-all cost of treatment. 


CONCLUSIONS 


1. The unavoidable losses in: 
a. Gasoline 
b. Octane number 
c. Inhibitor susceptibility 
by ‘‘doctor-and-sulfur” sweetening fully justify im- 
provements in the sweetening method to be employed 
by any refiner. 

2. In cases where the “doctor-and-sulfur” sweetening 
method is employed efficiently, extensive research work 
and plant modifications to improve present sweetening 
operations cannot be justified on the potential savings 
in chemical costs alone. 

3. The “doctor-and-sulfur” sweetening method re- 
quires a higher degree of previous treatment for quality 
of finished product resulting in unnecessary high proc- 
essing cost. 

4. The lead-sulfide process makes possible fullest 
realization of all potential savings capable of realization 
in sweetening. 
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The Effect of Sweetening on the 
Properties of Gasoline 


(Continued from page 271) 


thetic inhibitors which may be added. In other 
words, it has been found that much smaller quanti- 
ties of inhibitors are effective in gasolines sweetened 
in such manner that alkyl polysulfides are absent. 
At this point it seems desirable to call attention 
again to the fact that these extremely deleterious 
compounds called alkyl polysulfides are not formed 
at all during sweetening with the copper processes. 
In these new methods of sweetening the mercaptans 
are converted completely to disulfides. The oxidizing 
medium is slightly acid, whereas doctor treating in 
all of its various modifications employs an alkaline 
medium conducive and necessary to the formation of 
the higher polysulfides. Thus, it has been confirmed 
in the rapidly-increasing number of commercial in- 
stallations that copper-sweetened gasolines are much 
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better in quality than those sweetened by doctor 
processes. Due to the absence of the alkyl polysul- 
fides in copper-sweetened gasolines, such gasolines 
have: 1, higher octane ratings; 2, improved sunlight 
stability ; 3, no potential corrosiveness; and, 4, great- 
er gum stability with smaller amounts of inhibitors, 
either natural or synthetic. This is not because the 
copper treatment improves any of the qualities ol 
the untreated gasoline other than odor, but merely 
that it eliminates the degrading effects resulting 
from other sweetening methods. The tangible bene- 
fits that are realized depend entirely on local condi 
tions at individual plants. 
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Economics of Investments for 


Storage of Light Ends 


W. B. FRANKLIN 


Humble Oil and Refining Company, 
Baytown, Texas 


HE present trend in the oil industry toward the 

complete utilization of light ends in polymeriza- 
tion processes, by the manufacture of special chemical 
products and by greater precision in blending to meet 
gasoline specifications, has stimulated interest in prob- 
lems involving the storage of light ends. This paper 
presents the results of economic studies of three such 
problems, viz. : 

1. Comparison of investments for storage of light 

ends in various types of tankage. 

2. Economics of seasonal butane storage. 

3. Seasonal butane storage versus the cost of addi- 

tional butane recovery. 
Although the cost data used are believed to be typical 
of normal refinery operations, it should be emphasized 
that, in any particular problem, cost data such as labor 
and material prices, values of raw and finished products, 
etc., applicable to that locality should be used. 

There are two types of vessels in general use for the 
storage of relatively large quantities of volatile hydro- 
carbons, viz., insulated and refrigerated storage tanks 
operating at atmospheric pressure, and pressure tanks 
built to withstand the maximum vapor pressure of the 
stored liquid. Tanks of the first type are connected to a 
vapor-recovery system, and are refrigerated to a tem- 
perature corresponding to the boiling point of the liquid 
at atmospheric pressure by vaporizing a portion of the 
tank contents. Such a system has the advantage of low 
initial cost, but requires maintenance and operating 
expense. 

Until recently the storage of light hydrocarbons in 
pressure vessels was limited to small quantities because 
of the difficulties involved in the fabrication of large 
tanks and the resulting high initial investment required. 
These difficulties have been largely overcome by im- 
proved technique in construction and the more extensive 
use of welded tanks. For operating pressures up to about 
25 pounds per square inch spheroidal tanks of capaci- 
ties as high as 100,000 barrels are obtainable. For high- 
er pressures, spherical tanks are in general use. The 
capacities of spheres of the welded type are limited by 
difficulties encountered in stress-relieving thick metal 
plates. It is possible to obtain spheres of greater capac- 
ity by use of riveted construction ; however, the cost is 
prohibitive except in special cases. 


VAPOR EVOLUTION FROM STORAGE VESSELS 


In order to present an economic comparison of the 
various types of storage vessels, it is necessary to esti- 
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APOR evolution from pressure and refrigerated 

storage tanks used for storage of volatile hydro- 
carbons is discussed. It is demonstrated that the 
quantity of vapor evolved from refrigerated tank- 
age is proportional to the amount of butane stored, 
and is independent of the quantity of admixed base 
stock for casinghead gasolines of high vapor pres- 
sure. 

Comparisons of investments for storage in pres- 
sure and refrigerated tankage indicate that the lat- 
ter is more desirable when no additional labor is 
required for operation of the compressor plant. In 
highly-active service, pressure storage is, in general, 
more economical. 


It is shown that seasonal storage of butane ap- 
pears profitable for any type of tankage when a 
price differential of $1.50 per barrel ($2 per bar- 
rel as gasoline, less $0.50 per barrel as fuel) can 
he realized, and in certain situations seasonal stor- 
age should prove profitable for much lower price 
differentials. 

Economics of investments for seasonal butane 
storage have been compared with the cost of addi- 
tional vapor-recovery facilities. Plants, operating at 
butane recoveries in excess of 50 percent, which 
can realize on additional recovered butane for only 
a fraction of the year, may profit by providing 
storage for excess summer butane production ito 
meet the seasonal demand rather than by increasing 
vapor-recovery facilities. 

This paper was presented at the Seventh Mid- 
Year Meeting, American Petroleum Institute, at the 
Broadmoor Hotel, Colorado Springs, Colo., June 2, 
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mate the expense required for the maintenance and 
operation of the equipment which, in turn, requires a 
knowledge of the quantities of vapor evolved from 
light-end storage. The use of pressure tankage is, quite 
obviously, for the purpose of minimizing or completely 
eliminating vapor evolution. In properly-designed tank- 
age, dead-storage vaporization (vaporization due to heat 
received from the environment) may be completely 
eliminated, and vapor displacement caused by tank 
pumpings is either eliminated or considerably reduced 
—depending on the rate of pumping and the nature of 
the stored material. The operating expense of pressure 
storage is, therefore, small. 

The operation of insulated tankage is dependent upon 
the partial vaporization of the liquid contents for neces- 
sary refrigeration. Some data were available on vapor 
evolution from insulated tankage held in dead storage. 
The tanks investigated (80,000-barrels, atmospheric 
pressure, 117 feet in diameter by 42 feet high) were in- 
sulated with a 2-inch thickness of mineral wool and 
contained refinery casinghead of 25 pounds to 40 
pounds. Reid vapor pressure. The following equation 
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(Basis: 


TABLE 1 


Vapor Evolution from Refrigerated Storage 
40,000 Barrels of Butane Plus Admixed Base Stock) 








Temperature of tank contents, 


ee he ca ald wah gabe eeieetescs bveaaceoceucures 
ne awe w dee nbssee swale neste becdoe 
TE sk a a'5 6. go's Ole eos ORS s cdc ct ie vaikee cones 
Boag eMac es es cae ceevecceecceseooeees 
es... conc cases bbead aeesscscccececes 
Average temperature of liquid entering NS ss alin onde so dik aah do ose sine ae 
Dead-storage vaporization (as liquid), bbl. per year... ........ 0.2.0... 02.005 
Vapors expelled by pumping to tank (as liquid), bbl. per year................. 
Initial flash vaporization (as liquid), bbl. per year....................cceeeeee 
Flashing condensed vapors returned to tank (as liquid), bbl. per year........... 


Total vapor evolution (as liquid), bbl. per year. ...............2ecceeeeee 

















Bee ee Lene 30 40 50 60 
ak Rss de enced ala 37 58 79 100 
RS net ee 108,000 69,000 51,000 40,000 
a a nit oiatin) Shae 68,000 29,000 11,000 0 
error ee. 75 75 75 75 
biaWeas ap Sees 80 80 80 80 
need da weleeamis 4 57 43 32 23 
SRP r eS. oe 16,800 19,000 18,000 18,000 
Wakw Hamid’ steracere 470 300 220 170 
SERdip as uoness 8,900 9,000 8,700 8,100 
Kinane a Cares 2,340 4,300 5,500 6,600 
teh Mie Ror atlas Gs 28,510 32,600 | 32,420 32,870 








represents the best correlation of the available data for 
these vessels. 


where: 
C= capacity of tank, bbl. 
T. = average atmospheric temperature, ° F. 
T, = atmospheric boiling point of liquid stored, ° F. 
X= fraction of the tank filled with liquid. 

Tmax = maximum vapor space temperature, ° F. 

Tmin = minimum vapor space temperature, ° F. 

The first term of this equation represents the heat trans- 
ferred through the walls and insulation to the liquid 
contents, assuming the skin temperature of the insula- 
tion equal to the average atmospheric temperature. This 
assumption is justifiable on the basis that the resistance 
of insulation, metal wall, and liquid film are the limit- 
ing resistances to heat transfer. The second term repre- 
sents the vapor evolution due to expansion in the vapor 
space calculated from the diurnal temperature change. 
It is believed that this equation is sufficiently accurate 
for approximating dead-storage vapor evolution from 
large refrigerated tanks (insulated with 2 inches of 
mineral wool) for casinghead containing 30 to 100 per- 
cent butanes. However, a correction is necessary in the 
first term for any tankage whose ratio of effective sur- 
face to volume is greatly different from that for which 
the relation was derived. 

In addition to the above, vapor evolution from the 
initial refrigeration of the liquid entering storage must 
be considered. This is computable directly by heat bal- 
ance from a knowledge of the quantity and temperature 


(Basis: 


Barrels per day vaporized = C [ 0.000048 (T.— Tv) X + 0.0047 (1 —x)(=" 


or percent vaporized per day = 0.0048 (T. — T») + 0.47 as (FE 


of the entering liquid, the boiling point of the tank con- 
tents, and enthalpy data of the hydrocarbons. 


Tmax—T min )] 
» ee 


max— I m in ) 
mle 


It has been found that vapor evolution from refrig- 
erated storage is a function of the quantity of butane 
stored, and is practically independent of the concen- 
tration of butane in the stored liquids for propane-free 
casinghead varying from 30 to 100 percent butanes, 
A typical situation has been analyzed, and is shown in 
Table 1. It was assumed that 40,000 barrels of butane 
must be stored for six months in the form of casing- 
head of Reid vapor pressure varying from 30 to 60 
pounds per square inch. An average atmospheric tem- 
perature of 75° F., and an average temperature 
of the liquid delivered to storage of 80° F. were 
selected. For the sake of simplicity, 100 per- 
cent inventory was considered, thereby  elimi- 
nating vapor evolution due to breathing; and 
it was assumed that all vapors evolved were compressed, 
completely condensed, and returned to the tank. It is 
evident from this illustration that the total vapor evo- 
lution and, hence, the processing expense are substan- 
tially independent of the quantity of butane-free base 
stock stored. It is also apparent that, when it is re- 
quired that only butane be stored, no appreciable re- 
duction in operating expense can be effected by the use 
of base stock for “holding” the butane, except in un- 
usual circumstances where small quantities of butanes 
are stored in large refrigerated tanks. 





TABLE 2 


Comparison of Expense of Storage of Butanes in Pressure and Refrigerated Tankage 
40,000 Barrels of Butanes) 








| REFRIGERATED STORAGE 




















Pressure re ——_——— 
Storage Case I Case II | Case III 
i 
Investment for tankage, dollars...................... wate Pie ck dhe bee Cb a Se ba $120,000 | $33,000 $33,000 $33,000 
rs i i OC ORE. CHUMESE. ccc csc cc cette nvecseecectvecsascese|  ‘teenece | 22.000 22,000 22,000 
DE GS Seat srasé a's Beko MR Ae ee ECS oad 0 ed ele $120,000 $55,000 $55,000 | $55,000 
SEG ON OT OY PEE Ce eee eS Pee eee eee. ee cree oe 8,760 4,380 le ee 
RMN IE 65 vik erik scegn cece nb erecerseenseecereserees 300 | 633i 2a 633 
OS Se es re ee ee ee er ee 300 633 } 633 633 
Utilities, dollars per year... oe I ee ee es ee eae ee Me meee 800 | 400 800 
Direct overhead, dollars per year IES ow eee ta So seen ke a ade een eee 129 1,836 1,061 272 
ie er as ig Oi aw wel dished Caw eh ewan beeen We owes 1,200 | 550 550 550 
ERE ER OL ST OL Ee ET eee ee eee $1, 9: 29 $13,212 | $7,657 $2,888 
Wk a Sia oink oe ea own o.d a 6 KA sigma Ss ¢ietad 64 wrecdala Fated 3,600 2,310 2,310 2,310 
Eo dns alas a GER Ewe 85 65 0-040 098 Cs Owae Be Ved $5,529 $15,522 $9,967 $5,198 
Es ee. facie cine thet nes med swheensecceel.  esenade $9,993 $4,438 $—331 
Pay-out on additional investment for pressure storage, years: . 
i 2 eee eel es cdg teas 6 ideas eCees ve wese wees sctecesh -. sapnese 6.5 | 14.7 Infinite 
a Oe ee a a pai db a/ndle'e SEAT AMI NES eo eilecee ck Gece hssen 7.3 | 20.0 Infinite 











Case 
Case II—Plant idle for six months. 
Case III—No additional labor required. 









I—Plant operating throughout the year, requiring one man per day of additional labor. 
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TABLE 3 


Comparison of Expense of Storage of Casinghead, of a Reid Vapor Pressure of 30 Lb., 
in Pressure and Refrigerated Tankage 
(Basis: 40,000 Barrels of Butanes Plus 68,000 Barrels of Base Stock) 























REFRIGERATED STORAGE 

Pressure 
Storage Case I Case IT Case III 
Investment for tankage, dollars... ............- csc ce cece ees c eee e ee eeeceeceeeeensceees $115,000 $62,000 $62,000 $62.000 
investment for compressor plant, lines, etc., dollars............:cceecee csc ceeeeeeeeeeeee|  teeereee 22,000 22,000 22,000 
Tks ME: NS i. 6.5.5 Sia sine 6,0 40.2 21s 6 6-5 v4 0B CRAKE TC OS Oe LAA POE OER SS $115,000 $84,000 $84,000 $84,000 
Operating labor, dollare per year... ... 2.2... cece ccc c cee renscnscececscccccs| + Seecees 8,760 San cota 
Renalt Tabor, GOALS PEF WORT 6050.6 c 5 ao. sige cae sc cence ds ewegn dees pace sagas 288 705 705 705 
Repairs and material, dollars per year. ........... cece eee ccc e eee eeeeseeeeees 288 705 705 705 
PISS MIMI AIRE ONE os iis Soares spe ene 6 04s tOw asd budicngNiooe so 03 CACM Ba) hoe 800 400 800 
Direct overhends, Gollars Per Yeas .....5 5 555s scene bocce ceds seer civceecscosssees 124 1,867 1,092 303 
Mai, MI NE 0 5, 56 ciao. 5: 6.0.6d tid 500-0. OO PAD OARA? DRAMAS DREETAS EES 1,150 840 840 840 
Direct epperian, GOMAIE DET YOU o.oo. o coos 65 00s 5 ik os cite cs so chew obec sp ob edbundedions $1,850 $13,677 $8,122 $3,353 
ntsc eng Ae one! 5 <a ll a ERNE BMI NESESA APE E PY 3,450 3,180 3,180 3180 
Total epenee; GOREN GET PORE oo 55s 5 iin 5 io dies oi nn as cad Seb Nse Op eons Sects cpevesens $5,300 $16,857 $11,302 $6,533 
Difference in total expenses, dollars per year............ cece cece ecw ence ees seereeees|  teeeeee $11,557 $6,002 $1,233 

Pay-out on additional investment for pressure storage, years: 

Sie ee EE PARI OPO ELC ET CEE E Ce TCO ee Le 2.7 5.2 25.1 
1 NSS I ar eer eer eras ee en re Barrer rr ty eee ry ut gt pce 2.8 5.7 48.0 




















Case I—Plant operating throughout the year, requiring one man per day of additional labor. 


Case II—Plant idle for six months. 
Case III—No additional labor required. 


COMPARISON OF INVESTMENTS FOR STORAGE 
OF LIGHT ENDS IN VARIOUS TYPES 
OF TANKAGE 


Considerable difficulty has been experienced in ob- 
taining reliable cost data during the current year be- 
cause of the rapid advances in material and labor prices. 
It was, therefore, decided that available cost data prior 
to that time be used as a basis for these studies. In 
Figure 1 the approximate initial investments for various 
types of tankage are shown as a function of tank capac- 
ity. These data, for the most part, represent actual in- 
vestments on a number of installed tanks; however, in 
some cases the total investment was taken as the cost 
of steel and erection plus 50 percent. 

Table 2 presents comparisons of the initial invest- 
ments and total expenses for the storage of 40,000 
barrels of butanes in relatively inactive pressure and 
refrigerated tankage. Cases were set up under refrig- 
erated storage to illustrate the relative merits of this 
type under these conditions: case I, one man-day 
of operating labor required throughout the year ; case 
IT, plant idle for one-half the year; and case III, no 
additional labor required to operate the compressor 
plant. The time necessary to pay out the additional 
first cost for pressure storage is seen to vary from six 
to an infinite number of years, depending upon the 
operating labor required. From this it can be con- 
cluded that refrigerated storage is the more profit- 
able investment where little or no additional labor is 
necessary. It should be pointed out that on the above 
illustration, although operating expenses were calcu- 
lated for relatively inactive tankage, they will not be 
greatly increased in active storage, since utility costs 
are small compared with the total. 

A further comparison of pressure and refrigerated 
tankage is made in Table 3 for the storage of 108,000 
barrels of casinghead of 30 pounds Reid vapor pres- 
sure containing 40,000 barrels of butanes. The initial 
investment required for storage of this quantity of 
casinghead is $115,000, as compared with $120,000 
lor the storage of 40,000 barrels of butanes (Table 2). 
It is apparent that the initial investment for storage 
of butane in pressure tankage is practically ‘ndepen- 
dent of the base stock added. This, however, does not 
apply to refrigerated storage; the total investment 
definitely increases as the percentage of butane is de- 
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Vapor Evolution from Refrigerated Storage 


creased. Since the operating expenses are substan- 
tially the same as those in Table 2, it should be ex- 
pected that the pay-out time of the additional in- 
vestment for pressure over refrigerated storage will 
be less with the lower vapor-pressure casinghead. 
Table 4 presents a comparison of the costs of stor- 
age of butane and base stock in segregated tankage. 
Based on the above comparisons, refrigerated stor- 
age appears to be the more profitable investment for 
relatively inactive tankage where little or no addi- 
tional operating labor is required. Under circum- 
stances where it is required that both butane and 
base stock be stored, pressure storage becomes the 


more desirable choice as the vapor pressure of the 


stored liquid decreases. Tables 2, 3, and 4 also indi- 
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TABLE 4 


Comparison of Expense of Segregated Storage of 40,000 Bbl. of Butane and 
68,000 Bbl. of Base Stock 




















PRESSURE STORAGE REFRIGERATED STORAGE* 
Butane in Butane in . 
Pressure Refrigerated 
Base Stock Tank Total Base Stock Tank Total 
Investment for tankage, dollars.............0..ccccceceeeces $36,000 $120,000 $156,000 $36,000 $33,000 $69,000 
rr vee cc cced = sence pf  weaace” “OF  ‘aeesae” Lo eecase 22,000 22,000 
ek. . A ecicng doses bhacces $36,000 $120,000 $156,000 $36,000 $55,000 $91,000 Be 
ace one oa. wn aguas. |e Skanes TERT! -esuamee a) meebas 8,760 8,760 
Repair labor, dollars per year.............cc.cee000: 90 300 390 90 633 723 
Repairs and material, dollars per year............... 90 300 390 90 633 723 
ee oc eek oo  wkgene Bi.” weemeae 70 0) “esses UA (eeeene 800 800 
Direct overhead, dollars per year..................-- 40 129 169 40 1,836 1,876 
ea eas maencdswtvecicawes é 360 1,200 1,560 360 550 910 
Direct expense, dollars per year............ceeeecceuceeeeess $580 $1,929 $2,509 $580 $13,212 $13,792 
i bocca cpmacccesoudcssceecves 1,080 3,600 4,680 1,080 2,310 3,390 
Total expense, dollars per year............cccccccccccees $1,660 $5,529 $7,189 $1,660 $15,522 $17,182 
ee isi Se | ag Saeed 8 eee eee. Rl eeaaee oN. hemaaee $9,993 
Pay-out on additional investment for pressure storage, years: 
re ee ec ee | Geaeee | aweeen cc. daw alaamke’ ON. Mewelnee cH Seeders 6.5 
ie coal iets tp eteese. On fesse | ! Cawedec Rl dkeewe <2 °* €ceaee 72 


























* Requiring one man per day of additional labor. 


cate that, from the standpoint of storage expense 
alone, no advantage can be gained in either the ini- 
tial cost or operating expenses by segregation of 
butanes and base stock. 


SEASONAL LIGHT-END STORAGE 


Frequently in refining operations the quantity of 
butane available for blending in gasoline is insuffi- 
cient to meet vapor-pressure specifications during the 
winter months. Three alternatives are generally pre- 
sented as possible remedies for this situation: 1, the 
purchase of butanes at market prices to meet sea- 
sonal demands; 2, expansion of vapor-recovery fa- 
cilities for increased butane recovery; and, 3, the 
storage of surplus butanes available at other seasons 
for use when they can be included in gasoline. It is 
believed that the latter alternative has wide possi- 
bilities, as shown by the illustrations below. 


Continuing the analysis of situations used pre- 
viously, Table 5 shows the savings (before fixed 
charges) that could be effected by the seasonal stor- 
age of 40,000 barrels of butane in both pressure and 
refrigerated tankage. The value of butanes blended 
in gasoline was taken at $2 per barrel, whereas the 
value of butanes during seasons when it could not 
be included in gasoline was taken at fuel prices, 
$0.50 per barrel. On this basis the time of pay-out 
for the seasonal storage of butane is about two years 
for pressure tankage and one year for refrigerated 
tankage. This indicates that investments for seasonal 
storage may prove attractive for butane cost differ- 
entials as low as $0.50 per barrel. It is thus quite 
possible that in some instances it may be profitable 


to store surplus butanes for future marketing or 
processing, even though full gasoline prices may not 
be realizable. 


SEASONABLE BUTANE STORAGE VS. THE COST 
OF ADDITIONAL VAPOR RECOVERY 

In order to make the proper choice of investments 
to meet seasonal butane requirements, it is usually 
necessary to consider the possibility of increasing 
absorption-plant facilities, in the case of an existing 
vapor-recovery system; or, in the case of a proposed 
plant, to consider construction of a larger plant to 
meet the seasonal demand. An economic comparison 
of investments for seasonal butane storage and addi- 
tional butane recovery has been attempted. 

The cost of equipment to provide additional bu- 
tane recovery in an existing plant is exceedingly dif- 
ficult to obtain without detailed knowledge of the 
factors limiting the capacity of that plant. It was 
considered advisable to take as the basis of this study 
the total investments for new absorption and sta- 
bilization plants operating at various butane recov- 
eries. It was found that the initial cost of absorption 
and stabilization facilities in a normal refinery is 
approximately equal to a base cost of $100,000 plus 
a unit cost of $14 per barrel per day of lean-oil cir- 
culation. Table 6 shows the total initial costs of 
plants operating on 13,000,000 cubic feet per day 
of wet gas containing 10 percent butanes and re- 
covering from 40 to 95 percent of the butanes. The 
increment initial cost in dollars per barrel of addi- 
tional butane recovered per day, obtained from the 
slope of the tangents to the total cost function, are 
also listed in Table 6. 


TABLE 5 


Investments for Seasonal Storage of Butanes 
(Basis: 40,000 barrels) 














REFRIGERATED STORAGE 

Pressure —_— 

Storage Case I Case II Case Ill 
I ee RUE Le ie sb ciel whic wers. oF ed SNE He RRO Ks Dane h eee $120,000 $55,000 $55,000 $55,000 
+Direct expense before depreciation, dollars per year......... 6... 6c eee cece ence eee eens 1,929 13,212 7,657 2,888 
Debit butane at $0.50 per bbl. as fuel, dollars per year...... 0.0.0... cece ccc eee eee eee 20,000 20,000 20,000 20,000 
Credit butane at $2.00 per bbl. as gasoline, dollars per year... .........- eee eee ee eee eee 80,000 80,000 80,000 80,000 
Annual savings before depreciation, dollars per year... ... 2.6... cece cece eee eee $58,071 $46,788 $52,343 $57,112 
Annual return on investment before depreciation, percent. ............6 0c ccc cee ee eee eens 48.4 85 95 104 
gE EOP ie err sath ian eee eee eee 2.07 1.17 1.05 0.96 




















t Itemized in Table 2. 
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TABLE 6 


Investments for Gas-Plant Facilities for Various Butane Recoveries 


Example: 


Basis: 13,000,000 cu. ft. per day of wet gas containing 10 percent butanes (1,000 barrels per day). 


Operating pressure, 70 pounds per square 


inch, gage. No provision made for standy-by equipment. 























Increment Cost (Dollars 
Butane Recovery Butane Recovery Oil Circulation Total Cost Unit Cost (Dollars per | per Barrel of Additional 
(Percent) (Barrels per Day) (Barrels per Day) (Dollars) Barrel of Butane) Butane per Day) 
40 400 7,000 $198,000 $496 $270 
50 500 | 9,000 ,000 450 280 
60 600 11,000 254,000 424 300 
70 700 | 13,200 285,000 408 350 
80 800 16,000 325,000 406 440 
85 850 | 18,000 352,000 414 630 
90 900 } 21,000 394,000 428 900 
95 950 26,000 5, 490 2,400 
| 








Comparison of investments for additional recovery 
with investments for storage should be made on the 
basis of the fractional part of the year during which 
the additional butanes can be utilized. Table 7 pre- 
sents such a comparison for utilization of butanes 
during 180 days per year for plants operating at from 
50 to 90 percent recovery. A number of similar com- 
parisons have been made, and the results plotted in 
Figure 2. The relationships between the pay-out 
of investments for storage over increased vapor-re- 
covery facilities (to obtain one additional barrel per 
day of butane) are shown as a function of the per 
cent butane recovery of the plant and the days per 
year during which the additional increment of bu- 
tane can be utilized. Figure 2 may be used in a 
general way to predict situations where one or the 
other investment may be the more profitable. For ex- 
ample, the field below a given pay-out curve represents 
situations where storage would prove the more profit- 
able investment, whereas the field above is the region 
favorable to increased butane recovery. It should be 
pointed out that Figure 2 is applicable to small incre- 
ments of butane recovery rather than to large increases 
(for example, from 60 to 80 percent), and should be 
used accordingly. 

A further comparison of investments for increasing 
butane recovery with those for seasonal storage of bu- 
tane is made in Table 8, where a typical situation was 
set up. It was assumed that the existing plant was re- 
covering 60 percent of the available butanes (1000 bar- 
rels per day) during the winter, and that 222 barrels 
per day of additional butane could be utilized for gaso- 
line blending during 180 days per year. Table 8 lists in- 
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Initial Investment for Storage Vessels 


vestments and total expenses for the additions to the gas 
plant necessary to meet this demand, and for the instal- 
lation of pressure tankage for storage of surplus butanes 
available during the summer. In the two cases cited, 


(Continued on pagé 283) 


TABLE 7 


Comparison of Investments for Additional Butane Recovery and Seasonal Butane Storage (Pressure Tankage) 


(Basis: 1 Barrel Per Day o 


f Additional Butane Recovery) 


















































Butane recovery of plant, percent.................. 50 60 70 80 85 oa LT ONE eee 
No. of days per year recovered butane can be utilized. 180 180 180 180 180 180 Quantity of butane = =| 
Increment investment to recover 1 bbl. per day of a eee: - 
additional butane, dollars per bbl. per day........ $280.60 $300.00 $350.00 $440.00 $630.00 $900.00 Investment for pressure 
Operating Sahot, Goliaste GEe FOOT. 06. iiss ceecesceasc|.) Seeteal! Pf. waleaal UR? stakes ae Soe a eee itera a TORI EN a Sere 
Maintenance and repair, dollars per year............ 14.00 15.00 17.50 22.00 31.50 45.00 PPP RE Gi ARN See? '" 2.70 
Rlition, dollars Het Year. ..<5.6 secs ccasesccceceed: sessing DP lespae BP sbaccec oN egaccu ae Rede lo ema: eae oe 3 
Direct overhead, dollars per year... ........0e0000. 3.00 3.20 3.80 4.70 6.80 9.70 5 caee dha ths encasgadss kee 60 
Taxes, dollars per year.........+++...00e. ssc eeee, 2.80 3.00 3.50 4.40 6.30 RCT. cain cab as ye cneeane 5.40 
Direct expense, dollars per year.........2.6200..0-- $19.80 $21.20 $24.80 $31.10 $44.60 A Be Pe rere ied atest oom 70 
Depreciation, dollars per year. .........0c0ceeeeees 16.80 18.00 1 26.40 37.80 DAL Maney ae Cupar yA 16.20 
. Total expense, dollars per year............ $36.60 $39.20 $45.80 $57.50 $82.40 Me 2 esas geben se tues pied $24.90 
Difference in total expenses, dollars per year........ $11.70 $14.30 $20.90 $32.60 $57.50 Se Fins Ba deesiccvaarers : 
=sy-out on additional investment for pressure stor- | 2 2 re ee Se 
age, years: 
INtEGRE She GONE. 6 oS cs cab sabieovomasee 22.2 16.8 9.1 3.1 —1.6 an ee SES Oe eT Se geree gee i: i 
* Utilities assumed to be the same whether the increment of butane is récovered at one season or the other. 
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Bassline Blending 


T OUR Baltimore refinery the straight-run and 
cracked gasoline are debutanized before sweet- 
ening or storage. The stabilized 4-pound Reid-vapor- 
pressure base gasolines are stored in normal tank- 
age, while the recovered and purchased natural gas- 
olines are stored under pressure. The base and light 
gasolines are blended in the line as they are loaded. 
The ratio of light to heavy gasoline is automatically 
controlled by means of a ratio flow controller. 

A ratio flow controller is a composite instrument 
consisting essentially of a flow meter and a flow con- 
troller so related that the rate of flow in a pri- 
mary line as measured by the flow meter determines 
the rate of flow in a secondary line by setting the flow 
controller which actuates a control valve in the sec- 
ondary line. 

Referring to Figure 1, the primary side of the con- 
troller C is connected through differential-pressure 
lines to orifice plates P in the various base-gasoline 
lines. The secondary-differential-pressure lines con- 
nect to an orifice plate S in the light-gasoline line, and 
the control mechanism connects to an air-motor valve V 
in the light-gasoline line. In operation, with the instru- 
ment set for the desired ratio of light gasoline, the 
pumps are started and the discharge line opened to the 
loading rack. The amount of base gasoline flowing 
through the primary orifice P establishes a pressure 
differential on the flow meter which, through the con- 
troller, opens the control valve V sufficiently to allow 
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the correct amount of light gasoline to flow through 
the secondary orifice to establish the corresponding dif- 
ferential pressure. 

By using the correct orifice plates, the controller can 
be set to blend any desired ratio of gasolines. The nor- 
mal differential ratio adjustment in the instrument is 
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FIGURE 1 
Ratio Flow Controller 
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set at 1 to 1. With this setting the blend is always pro- 
portional to the orifice coefficient ratio. It is possible, 
without changing the orifices, to adjust the differential 
ratio in the instrument to give a reasonably wide range 
of blends. Thus with orifice coefficients to give a 15 
percent blend we have found the control accurate be- 
tween 11 and 19 percent. By quick-change orifices or 
by manifolding different lines, any desired ratio may 
be used. We have operated at from 5 to 25 percent of 
light gasoline. 

In operation, the laboratory determines the desired 
blend of a given base and light gasoline. The loader is 
given the percentage blend and the exact resulting 
gravity. The loading line is opened to a single car, and 
loading started at low rate. The ratio controller is set 
to give the correct ratio of the two stocks, and the blend 


gravity checked. After the blend ratio has been estab- 
lished, the loading proceeds at any desired rate. Over 
a day’s loading we find that the maximum variation 
in gravity after the first car is 0.1 ° API. The varia- 
tion in percent evaporated at 150 ° F., which is sour 
control point, is 0.5 percent. 

In designing such an installation the pumps should 
be of the centrifugal type for pulsationless flow. The 
light-gasoline pump should be of such size that, under 
the maximum rate and pressure, there will be ample 
pressure drop across the control valve to give accurate 
throttling. If an extremely wide range of rates is de- 
sired, several control valves may be needed. Check 
valves must be installed in all lines to prevent backing 
up of different grades when the loading valves are 
closed. 


Storage of Light Ends 


(Continued from page 281) 


both investments appear attractive; however, invest- 
ments for seasonal storage become the more profitable 
in the region of higher butane recovery and for shorter 
periods during which butanes may be utilized. 


METHOD OF CALCULATING TOTAL EXPENSES 


Calculation of cost data used throughout this paper 
was made on the following basis: 
Operating labor, compressor-plant operator: $24 per 24- 
hour day. 
Maintenance and repairs for tankage: % percent of in- 
vestment per year. 
Maintenance and repairs for all other equipment: 5 per- 
cent of investment per year. 
Direct overhead: 18 percent of labor plus 25 percent mate- 
rials for repairs. 
Taxes: 1 percent of investment per year. 
Depreciation rate for tankage: 3 percent per year. 
Depreciation rate for all other equipment: 6 percent per 
year. 


CONCLUSIONS 


1. The quantity of vapor evolved from refrigerated 
storage tanks is approximately proportional to the 
amount of butane stored, and is independent of the 
quantity of admixed base stock for casinghead of 30 
pounds to 60 pounds Reid vapor pressure. 

_2. When it is required that storage for a given quan- 
tity of butane be provided, no appreciable saving either 
in Operating expense or initial investment can be ef- 
lected by use of base stock for “holding” the butane. 
However, when it is required that both base stock and 
butane be stored, these materials, upon consideration 
of storage expense alone, should be stored together. 

_ 3. For relatively large quantities of light ends, re- 
Irigerated storage becomes a more profitable investment 
than pressure storage when no additional labor is re- 
quired for operation of the compressor plant. On the 
other hand, the additional investment required for pres- 
sure storage (over refrigerated storage) may be paid 
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out in as little as 21% years when labor is required. In 
highly-active service, pressure storage is, in general, the 
more economical. 

4. Seasonal storage of butane appears profitable for 
any type of tankage when a price differential of $1.50 
per barrel ($2.00 per barrel as gasoline, less $0.50 per 
barrel as fuel) can be realized. In the case of refrig- 
erated tankage requiring no additional labor for opera- 
tion of the gas plant, seasonal storage may prove profit- 
able for price differentials as low as $0.50 per barrel. 

5. The economics of investments for seasonal butane 
storage have been compared with the cost of additional 
vapor recovery. It has been shown that plants operating 
at butane recoveries in excess of 50 percent, which can 
realize on additional recovered butane for only a frac- 
tional part of the year, may profit by providing storage 
for excess production of butanes during the summer to 
meet the seasonal demand rather than by increasing 
vapor-recovery facilities. 


TABLE 8 


Comparison of Investments for Increasing Butane Recovery 
with Investments for Seasonal Storage of Butane 


Basis: 40,000 barrels of additional butane required during 180 days. 
Existing plant operating at 60 percent recovery in winter. 




















Addition 

Pressure to Gas 

Tankage Plant 

Butane recovery after addition to gas plant, percent..| ....... 82.2 
Investsnent. Genes.) « ....<0 cio ade hose cbb aioe res $120,000 $85,000 
Operating labor; dollars: per year .33ccisck cess carh see suee ow cebu 
Maintenance and repair, dollars per year........ 600 4,250 
Utaiition, Geta G68 SiR 2 avis occ Bibi Feces 1,200 1,600 
Direct overhead, dollars per year............... 129 910 
Tanes; G0tlars Per VOU 5: 6.504 a Kens cakeauass 1,200 850 
Direct expense, dollars per year...............0.00- $3,129 $7,610 
Depreciation, dollars per year. ..........eseceeseess 3,600 5,100 
Total expense, dollars per year................. $6,729 $12,710 
Debit butane as fuel at $0.50 per bbl................ 20,000 20,000 
Credit butane as gasoline at $2.00 per bbl........... 80,000 80,000 
Annual return on investment, dollars per year........ $53,271 $47,290 
Annual return on investment, percent............... 44 56 
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Presented before the annual meeting of the Natural Gasoline 
Association of America, Tulsa, May 19 to 21, 1937, 


Precision 


Gas Analysis 


W. F. FULTON 


Chief Chemist, United Gas Public Service HE precision analysis of natural gas is not neces- 


Company sary to the average plant operator or gasoline 

manufacturer, however, to the gas company who trans- 
ports gas for thousands of miles and distributes it to 
thousands of domestic and industrial consumers, it is 
necessary to know accurately all of the constituents in 
the gas. 


As an example this: A woman in a large town, whom 
the company supplies with natural gas, claimed that the 
gas contained carbon monoxide, and a small leak in her 
bed room caused her health to be permanently injured. 
She had the gas analyzed by the head of the chemistry 
department for a large university, and his analysis re- 
ported carbon monoxide present in the gas. Also a re- 
port from a large commercial laboratory claimed the 
gas contained carbon monoxide. Of course, we knew 
that the gas contained no carbon monoxide, and in order 





to prove the absence of it we had to construct an ap- age 
paratus similar to that used by the Bureau of Mines, wel 
the iodine pentoxide method. We found that even this reg 
method showed traces of carbon monoxide, so we ran I 


a blank test before and after each test which, when sub- ana 
tracted from the results of the test, gave the correct car’ 
results. In all cases natural gas did not contain carbon will 
monoxide. 
DETERMINING SULPHUR pe 
We determine total sulphur in gas in order to know Na 
the amount of cal-odorant the gas contains. We use the ide 
referee method,’ which is very accurate. We have had 
many people claim that the odorant was poisonous and 
affected their health, and in order to determine the toxic : 
properties we conducted the following experiment. . 
Three white rats were placed in a chamber with a glass am 
door, and air saturated or containing different amounts gas 
of odorant was circulated through the chamber. At the tor 
end of an hour when we reached 300 gallons per mil- cen 
lion cubic feet, they were acting dizzy or drunk. How- log 
ever, they recovered in a short time after removal from it | 
the chamber with no permanent ill effects. Inasmuch wh 
as we use only 2 gallons per million cubic feet, the gas an 
itself would have caused suffocation before the odorant 4 
could have any effect whatever. jn 
For the determination of hydrogen sulphide we us¢ a 
the regular cadmium chloride method for low percent di 
a © oa 





Calorimeter Instrument for Determining Heating Values 


















CeS- 
line 
ans- 
t to 
it is 
‘$ in 


hom 
- the 
her 
red. 
‘stry 
; Te 
| Te- 
the 
new 
rder 
ap- 
ines, 
this 
ran 
sub- 
‘rect 
rbon 


now 
- the 
had 
and 
OXIC 
ent. 
rlass 
unts 

the 
mil- 
[ow- 
rom 
yuch 
gas 


rant 

use 
‘ent- 
——— 


ues 





Gas Measuring Devices as Part of Calorimeter Assembly 





ages (under 30 grains per 100 cubic feet). And a tut- 
weiler for larger percentages. For carbon dioxide the 
regular absorption in sodium hydroxide is used. 

I would like to add at this point that in the ordinary 
analysis of gas to determine hydrogen, illuminants and 
carbon monoxide by using hot copper oxide, the results 
will always show from .2 percent to .6 percent hydro- 
gen and carbon monoxide. When using sulphuric acid 
for unsaturates, the results depend on the amount of 
butane and heavier the gas contains; the larger the per- 
centage of heavier hydrocarbons the larger the error. 
Natural gas does not contain hydrogen, carbon monox- 
ide or unsaturates. 


NO OXYGEN IN NATURAL GAS 


Next we come to oxygen. There has been a large 
amount of argument about the presence of oxygen in 
gas. The ordinary methods of determination by absorp- 
tion always resulted in a report of .1 percent to .5 per- 
cent, depending on the nature of the gas. From a geo- 
logic standpoint gas could not contain oxygen because 
it has remained in contact with salt water and sands, 
Which contain iron in the ferrous state. This point I 
can not argue, however. We have constructed an appa- 
ratus which consists of 2 glass tubes containing acetone. 
To one tube is attached a burette for measuring the gas 
sample and pushing it into the reaction tube with mer- 
tury. The other tube is a blank and has been pumped 
down with a vacuum pump, so that it contains acetone 
liquid vapors and no other gases or air. 

These tubes are attached and placed in an electrically- 
heate| water bath where they are allowed approximate- 
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ly 10 minutes to come to temperature equilibrium at 
the boiling point of acetone. Then the rays from an ul- 
tra violet lamp (mercury arc) are filtered through a red- 
purple correx filter No. 986 and then on to the vapors 
in the 2 tubes. The tubes are shielded in a black box. 
The top of the tubes are visible through the top in a 
mirror set at-an angle so that the tubes appear as two 
green discs about 34-inch in diameter. In operating the 
apparatus the reaction tube is evacuated, then the sam- 
ple of gas is drawn in with the mercury-leveling bulb 
into the burette and measured, then pushed into the re- 
action tube. The tubes are brought to temperature (135° 
F.), then the lamp is lighted and a stop clock started. 
The time, in minutes, that is required to change the re- 
action tube from blue to green to match the blank is 
noted. By previous calibration we know that it takes 1 
minute to change from blue to green for every one 
hundredth of one percent oxygen present. A sample 
containing .1 percent would require 10 minutes to 
change to green. I might add, that up to the present 
time, we have not found a trace of oxygen in gas from 
high-pressure wells or lines. We found one sample 
which contained oxygen but it was from a line operating 
at a slight vacuum, and the oxygen was no doubt due 
to leakage into the lines. 


HELIUM 


Helium is determined by the absorption of all gases 
present in the gas with activated cocoanut-shell charcoal. 
This apparatus is mounted at the side of the fractionat- 
ing column. It is first evacuated with the column pump 
while the carbon is heated with an electric heater. Then 
the apparatus is further evacuated by means of the 
mercury pump, which is a part of it. The gas is drawn 
into the apparatus and measured, then passed to the 
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Diagram of Interferometer 


bulb containing the activated cocoanut-shell charcoal, 
which is immersed in liquid air. Here all gases except 
helium are absorbed, then the remaining helium is 
measured. A detailed description of this apparatus and 
its operation can be found in the Analytical Edition of 
Industrial & Engineering chemistry.* 

The methane and heavier hydrocarbons are deter- 
mined in the usual manner with a fractionating column. 
The methane and nitrogen fraction is used to determine 
the nitrogen content with an interferometer. The inter- 
ferometer is a 100 Cm. laboratory type for gases built 
in Germany. It consists of two 1 Cm.’ metal tubes 100 
Cm. long to hold the gases. A source of light produces 
a parallel beam of light from the collimator, A, which 
passes one beam beneath the gas chambers, B and C, 
through the auxiliary compensator plate, D, and into 
the telescope, E. The upper half of the light beam 
passes through the two gas chambers, B and C, through 
the compensator plate, F or G, and above auxiliary 
compensator plate, D, and into telescope, E. H is the 
eye piece. I is the measuring device with micrometer 
screw attached to adjust the compensator plate, F. Com- 
pensator plate, G, is stationary. 

The interferometer was calibrated with mixtures of 
nitrogen and carbon dioxide because we could not ob- 
tain methane 100 percent pure to use as a reference 
gas. (Refractive index carbon dioxide—447.10, Methane 
440.7). We started with air and compared it with 
mixtures of carbon dioxide mixed with nitrogen from 
commercial cylinders. In this way we determined the 
refractive index of carbon dioxide in the cylinder, and 
found it to be 442.83. This showed that the refractive 
index of carbon dioxide which we used was almost the 
same as that of methane. We could use it in the place 
of methane, and by knowing accurately the index for 
the carbon dioxide (442.83) and refractive indices being 
additive we could correct to the value for pure methane. 
By placing carbon dioxide in the right-hand chamber 
and a mixture of methane and nitrogen in the left-hand 
chamber and adjusting the top series of interference 
bands, which are red, green and black, until they 
matched, and by use of micrometer screw, I, and read- 
ing the scale, we could from the calibration chart read 
the percent of nitrogen and methane to .01 percent. The 





Interferometer Apparatus 


interferometer can be used to determine the percent of 
gas in air. And in other ways to advantage in the analy- 
sis of gases and mixtures of gases. 

It can be used to determine small percentages of gas 
in air found in man holes, to check leak detectors, to 
determine gas-air ratio in burners and many other ways. 
We conducted an experiment several years ago to de- 
termine the percentage of gas in an ordinary room with 
all windows and doors closed (1500-2000 cubic feet), 
And the gas coming into the room from an open %- 
inch petcock was about 50 cubic feet per hour. (The 
average stove in a bed room will only burn 24 to 30 
cubic feet per hour with the valve wide open). We 
placed a man in this room with the gas on, and he re- 
mained in the room 6 hours. The maximum percent- 
age of gas in the room was 2.4 percent. As we know 
the explosive limit of gas is approximately from 48 
percent to 14.5 percent. It is readily seen that gas leaks 
are not as serious as people think. These results were 
checked in California, and they found 2.6 percent maxi- 
mum. However, we know that explosions occur and we 
are not in favor of any one leaving leaks unrepaired 
or trying to use a stove without lighting it. I have de- 
tected leaks in my kitchen stove, which were so small 
that they could not be ignited with a match. (With 
gas that contained cal-odorant.) 


EXPERIMENT WITH RATS 


While we are on the subject of leaks, I woul like to 
tell of an interesting experiment we conducted with 
white rats. We placed the three white rats we used in 
the cal-odorant experiment in the same chamber with 
a glass door and passed gas and air in, increasing per- 
centages of gas until it killed one. With the following 
results, up to 50 percent gas and 50 percent air, there 
was no noticeable effect on the rats at the end of 1-hour 
periods. From 50 percent up to 80 percent gas there was 
a graduated effect, and at 80 percent gas and 20 percent 
air (only 4 percent oxygen). It was 45 minutes before 
the first rat was dead. We. removed the other two to 
save them. This experiment shows that the gas con- 
taining small amounts of hydrogen sulphide, carbon 
monoxide (if using a mixture of natural and manufac- 
tured gas), and other impurities, it is more likely that 
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you would be suffocated by the gas itself rather than 
killed by the impurities. 

The next determination of the most important prop- 
erty of gas to a gas company is its heating value,* in! 
fact that is what we are selling, Btu’s. In most labora- 
tories they use the flow calorimeter for this determina- 
tion, and we have. found this type of instrument is 
satisfactory for routine test if properly checked and 
calibrated. In order to check our recording calorimeters, 
which are placed on lines feeding large industrial cus- 
tomers, we constructed a precision calorimeter similar 
to the one used by the Bureau of Standards in deter- 
mining the heat of combustion of hydrogen. We fol- 
lowed all of the precautions mentioned by Walter P. 
White .in modern cal- 
orimetry which are es- P 
sential for precision te 
work. The method con- ; 
sisted of burning a 
known volume of gas 
with oxygen in a pyrex 
burning cell placed in 
a known quantity of 
water in a calorimeter 
can — surrounded by a 
shield and an _ outer 
jacket of water of pre- 
determined tempera- 
ture. The temperature 
rise of the water was 
measured by a resist- 
ance thermometer, and 
the water in the calo- Oxygen Determination 
rimeter and jacket was Apparatus 
stirred by a constant- 
speed motor. The glass cell burning chamber was sur- 
rounded by the calibrating heater which was used to 
heat the mass of water, N, degrees while measuring 
the voltage and amperage applied. And in this man- 
ner the amount of heat necessary to raise the mass of 
water in the calorimeter 1° C. was determined in inter- 
national joules. The voltage and current being meas- 
ured by the sensitive potentiometric system. The 
current was timed by an electric clock with electric con- 
tact to operate a solenoid switch through a relay for 
accurate determination of the time of heating in seconds. 


APPARATUS 


The assembly of the apparatus consists of a pyrex 
measuring bulb with the top and bottom necks gradu- 
ated. The capacity was 2200 cc. The gas passes from 
the top of measuring bulb to a drying tube containing 
ascarite to remove water vapor and carbon dioxide, 
then through a flow meter and capillary coil to be as- 
sured that the gas is at room temperature. The oxygen 
Was passed through a similar train being fed directly 
rom a cylinder. The reaction coil where the gas is 
burned is constructed of pyrex glass and is a bulb 
approximately 8 inches long and 1% inches in diameter, 
with 9 feet of 14-inch pyrex tubing coiled around it. 
his is connected at the bottom, and through this coil 
the products of combustion pass out of the calorimeter. 
he gas enters through a tube at the top of the bulb 
and extends into it approximately 214 inches and has a 
platinum tip. The oxygen enters at top and to one side 
ol the gas tip. The cell is flushed out with oxygen and 
the rate adjusted, then an electric spark is passed across 
the tip and the gas started. The spark is then stopped: 

IS requires approximately 2 or 3 seconds, this time 
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being determined with, a stop clock attached to the spark 
switch. The*calorimeter can will hold 5000 cc. of water 
up to within 1 Cm. of the top. This can is surrounded 
by a shield of nickel-plated copper, and is 1 Cm. from 
the can. The can and shield are surrounded on sides and 
bottom by a 3-inch water jacket equipped with stirrers 
with constant speed. The water jacket temperature is 
maintained to within .01° C. with an electric heater 
controlled by a lamp bank. The temperature rise is 
measured with an electric platinum resistance thermom- 
eter. (This thermometer is certified by Bureau of Stand- 
ards and has the following constants R = 25.5 Ohms. 
Increase from O0°C. to 100° C==9.927 international 
ohms D=1.50). The resistance of the thermometers 
was read on a muller © 
bridge attached to sen- 
sitive galvanometer. A 
change of .0001 ohms 
caused a 4 mm. deflec- 
tion on the scale, so 
that 1 mm. was equal 
to .00025° C. The cali- 
brating heater was 
made by drawing a 
copper tube over a silk 
insulated No. 36 B.S. 
gauge constantan wire. 
In order to visualize 
the size of the copper 
tubing, the outside di- 
ameter is about the 
same as No. 8 thread. 
The leads were enamel 
Helium Absorption Apparatus covered 24 and 28 
gauge wires. The volt- 
age and amperage were measured with a type K poten- 
tiometer and galvanometer. The current was derived 
from 16 storage batteries in series. The current was 
started and stopped by a V-type switch operated by a 
solenoid connected to an electric clock. The calorimeter 
was calibrated by allowing the current to flow through 
the heater for 900 seconds and taking voltage and am- 
pere readings each minute. The amount of heat re- 
quired to raise the mass of water in the calorimeter 
1° C is determined. This we call the electric equivalent 
which is 21,585.71 international joules at 25°C. The 
mass of water in the calorimeter is measured with 
certified flask and converted to grams. Both in cali- 
brating and in running a sample of gas all necessary 
corrections are made and the results calculated in inter- 
national joules and then converted to B.t.u. The ac- 
curacy of the calorimeter is + .23 B.t.u. We used 
various B.t.u. gases with the following results: 





655.53 829.95 994.27 1023.49 
655.15 830.50 994.41 1023.05 


655.34 += .19 830.23 + .28 994.34 = .07 1023.27 + .22 











The Bureau of Standards recently published a new 
value for the B.t.u. of hydrogen which is 319.40. We ran 
hydrogen generated from “Hydrone,” and our results 
were 319.32 or difference of .08 B.t.u. 


In conclusion I wish to say that I have tried in a 
general way to give you the benefits of our experiences 
over the past 10 years in developing precision gas 
analysis. 
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i of the literature of cracking petro- tem 

leum and practical operating experience in- bet 

dicates that selection of stocks according to boiling tem 

range and according to refractivity permits opera- ous 
tion of cracking ceil outlets at higher temperatures. d 

This increases crack per pass, octane number of uc 

gasoline production and decreases the installation heat 

and operating costs of the unit. The relationship crac 

between design features such as conversion per pass, max 

soaking time, and optimum operating conditions tain 


commencing this paper with a review of petro- 
leum refining technology from the time of the first 
Drake well, nor with cracking development since the 
Burton pressure still. The work of the various investi- 
gators in the field of cracking has established certain 
principles which have directly contributed to the de- 
velopment of the modern selective cracking process. 
These are: 

a. The selection of stocks according to compara- 
tively narrow boiling range. 

b. The separation of virgin and recycle stocks, or 
the segregation of stocks according to refractivity. 

It has been shown that greater yield, higher oc- 
tane gasoline, lower recycle ratio and longer runs are 
obtained when virgin and recycle stocks are cracked 
in separate coils rather than as a mixture in a single 
coil. This is also true when a combined cracking 
stock is segregated according to boiling range. When 
cracking the combined stock in one coil the operat- 
ing temperature and pressure must be an average of 
the optimum conditions for each of the two stocks. 
Such a compromise results in operating conditions 
for the mixture which are too severe for the heavy 
fraction and too mild for the light fraction. Conse- 
quently, the heavy oil is over-cracked, forming coke, 
while the light oil is under-cracked and gives low 
octane number. 

SELECTIVE CRACKING 

The value of segregating cracking stocks accord- 
ing to boiling range is a matter of common knowl- 
edge to the cracking operator. A “clean” stock may 
be processed to optimum yields without encounter- 
ing coking difficulties. A relatively small percentage 
of heavier material added to the charge will limit 
the practical operating conditions to nearly those 
which would prevail for the heavier stock alone. The 
necessity for efficient boiling point separation of 
cracking stocks by fractionation is recognized by all 
designers but the number of streams segregated for 
selective cracking varies with the specific applica- 
tion. 

Refractivity is a function of original source and 
degree of previous cracking. The benefits of segre- 
gating stocks according to refractivity are demon- 
strated by the work of Sachanan and Tilicheyev (3), 
Sydnor and Patterson (4), and Tarasov and Seledzn- 


for various stocks is discussed. Flow sheets for 
three modern combination selective cracking units 
of capacities from 8,000 to 22,000 barrels per op- 
erating day of crude charge are presented. These f 
units possess novel features and combine selective 
cracking according to both boiling range and re- 
fractivity of stocks. Operating data for a four coil 
selective cracking unit is presented for three differ- 
ent sets of conditions and two types of crude. 
Typical arrangement of equipment for one of these 
units is discussed. 

A new type of heater is described which combines 
novel features. These permit control of the heating 
curve by using independently fired heating and 
soaking sections. Uniform heat transfer rates are 
attained by removing the products of combustion 
over the entire roof area and controlling their ve- 
locity over the surfaces of the upper radiant tubes. 
These heaters are illustrated by several diagrams 
and performance data given. Photographs of some 
recent modern combination selective cracking units 
are shown. 

This paper was presented before the Second 
World Petroleum Congress, Paris, France, 1937. 







































iev (5), who show that under similar operating cond 
tions gasoline yields vary inversely with the refrat- 
tivity of the charging stock. A practical conclusion 
was made that recycle gas oil may be subjected to 
temperatures far higher than could be used for 4 
virgin stock of the same boiling range. If these two 
stocks were cracked in a mixture the operating cor 
ditions would be limited by the coke forming ter 
dency of the virgin material, and the recycle st 
would be tundercracked. By cracking the two stocks 
separately at their optimum operating conditioms 
higher yields of higher octane gasoline, lower ft 
cycle ratios, and lower investment and operatimg 
costs result. This improved performance is obtained 
by operating each coil at high crack per pass, 
volume percent gasoline yield on heater charge. 
What is the maximum crack per pass for a givél 
stock? What are the soaking time and the optim#lt 
conditions required for each coil of a combination © 
lective cracking unit? There is little in the lite 
ture dealing with these questions. And yet, the de- 
signer must have this information before he makes 
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his heat and material balance calculations to deter- 
mine the size of the heaters, towers, pumps, heat ex- 
changers and other equipment. Past experience shows 
that the lighter the cracking stock the higher the al- 
lowable conversion per pass. The range of crack 
per pass, obtained in practice without excessive coke 
formation varies with the cracking stock character- 
istics as follows: 

Viscosity breaker stocks between 3 and 10 percent. 

Heavy virgin and heavy refractory stocks be- 
tween 10 and 18 percent. 

Light virgin and light refractory stocks between 
14 and 30 percent. 

In order to obtain the desired crack per pass the 
stock must be subjected to a definite rate of crack- 
ing which is determined by the soaking time and 
temperature allowed in the heater. The relationship 
between crack per pass and time required at a given 
temperature was studied and summarized by vari- 
ous investigators. (3) (6) (7) (8). Before the intro- 
duction of cracking heaters with independently fired 
heating and soaking chambers, the time allowed for 
cracking was limited by the existing surface and the 
maximum transfer temperature which could be main- 
tained without excessive coke formation. With these 
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new type heaters the soaking time and temperature 
can be controlled to permit operation at optimum 
crack per pass for feed stocks of widely varying 
characteristics. 

The ratio of total cracking heater feed to fresh 
cracking stock, or the overall combined feed ratio, is 
determined by the crack per pass obtained in the 
several heaters of a combination cracking unit. This 
ratio usually ranges between 2 to 1 and 4.5 to 1, 
depending on the character of the stock, the degree 
of selectivity and the method of processing. As a rule 
the heavier the fresh feed stock the higher the com- 
bined feed ratio. 

The theoretical unit which would take advantage 
of selective cracking to the fullest extent is one 
where all stocks are separated according to both 
refractivity and boiling range. Practically, there is 
an economic limit to the number of selective coils 
which are used. This depends primarily on the type 
of the original stock, the products required, and 
the size of the unit. 


MODERN COMBINATION UNITS 


The modern combination unit has been developed 
over a period of years by a number of equipment 
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and refining organizations. No attempt will be made 
to draw any comparison of the relative merits of the 
various processes which have resulted from this 
work. It is the aim of this paper to present typical 
flow sheets of some units which have novel features 
and which demonstrate the possibilities of combin- 
ing the established principles of selective cracking 
which were outlined in the above paragraphs. Along 
with these flow diagrams and the attendant descrip- 
tion, plant data for various types of operation will 
be presented. It is hoped that this will be a contri- 
bution to the somewhat meagre published material 
on actual performance of combination units employ- 
ing highly selective cracking. 


THREE COIL UNIT 

The flow diagram, Figure 1, shows a three coil 
combination unit recently erected and put in opera- 
tion. This 14,000 barrels per day unit processing E. 
Texas crude includes one coil for vis breaking the 
reduced crude along with heavy cycle stock, operat- 
ing at an outlet temperature of 880°F. and 220 lbs. 
pressure. The second coil cracks gas oil and lighter 
recycles gas oil stock at an outlet temperature of 
960°F. and 500 Ibs. pressure. The third coil may 
operate either for once-thru gas oil cracking with an 
outlet temperature of 960°F. and a pressure of 750 
Ibs. or for once-thru reforming of heavy naphtha at 
an outlet temperature of 975-1000°F. and a pressure 
of 750 lbs. The reduced crude from the bottom of 
the coude flash tower picks up additional preheat and 
blends with the heavy cycle stock from the upper 
section of the fuel oil flash tower. The crude re- 


ceives preheat from the quench and gas oil reflux. 





streams and is finally passed through the convection 
section of one of the heaters for final flash tempera- 
ture preheat before it enters the crude flash tower, 

Because a kerosene cut had to be withdrawn from the 
crude tower, and there was a relatively small percent- 
age of lower boiling virgin gas oil in the crude, the 
segregation of the stock into light and heavy gas oil 
would not be economical, and one gas oil coil was 
used. In order to keep the charging stock for this coil 
clean the boiling range of this mixture was narrowed 
by operating the evaporator and fuel oil flash tower 
so as to include the heavy ends in the viscosity 
breaker charge. As a result of a mild cracking in the 
viscosity breaker, the greater part of this heavy gas 
oil is converted into lighter and more refractory 
stock, which finds its way into the clean oil coil where 
it is cracked under more severe conditions without 
giving coking trouble. 


FOUR COIL UNIT “A” 


The flow diagram, Figure 2, shows a four coil se- 
lective cracking unit now under construction. This 
22,000 barrels per day unit has one viscosity breaker 
coil operating at 890° F. and 250 pounds on reduced 
crude plus heavy recycle stock. One of the gas oil 
coils operates at an outlet temperature of 950° F. and 
260 pounds pressure on virgin gas oil plus recycle 
from the viscosity breaker. The third coil is a recycle 
gas oil coil operating at 975° F. and 750 pounds 
pressure. The reformer is the fourth coil, operating 
at 975-1000° F. and 750 pounds pressure. 

When kerosene is not withdrawn from the unit and 
a 400 end point gasoline is taken overhead on the 
crude tower, the reformer can be used for once 
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Flow Diagram of Three Coil Combination Selective Cracking Unit 
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FIGURE 2 


Flow Diagram of Four Coil “A”? Combination Selective Cracking Unit 


through cracking of kerosene and virgin gas oil, while 
the clean oil heater will handle a heavier refractory 
stock. Such an operation of a four coil unit affords 
unusual flexibility, not only with the same charging 
stock but also with different crudes. 

The reformer coil has its own evaporator and bub- 
ble tower, so that the high octane gasoline produced 
irom this coil may be segregated from the other gas- 
oline production. The viscosity breaker stock is han- 
dled in its own low pressure evaporator and bubble 
tower, so that the low octane gasoline produced from 
this operation is also segregated and, if desired, may 
be recracked through the reformer heater for octane 
Improvement. 


Another novel feature of this unit is the combina- 
tion condenser, absorber and stabilizer operating off 
the high pressure bubble tower. This has the advan- 
tages of simplicity of operation, lower cost. and the 
withdrawal of all the high pressure gases from one 
pont at the top of this tower. With the advance of 
polymerization processes the importance of such a 
segregation of high pressure cracked gases increases. 
A straight run stabilizer is supplied with the unit to 
stabilize the gasoline from the crude fractionating 
tower. The bottoms from the high pressure evapora- 
‘or are vaporized in the low pressure evaporator and 
the total fuel from the bottom of this tower is flashed 
into a fuel oil flash tower for the production of Bunker 


pT 


tar. 


The specific processing requirements in the case of 
this large unit made it economically advantageous to 
design a unit which would permit segregation of 
stocks with respect to both refractivity and boiling 
range. There is no virgin stock in the charge to the 
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recycle oil heater and the cycle stock in the charge 
to the other gas oil coil has been but lightly cracked. 
Therefore the recycle coil charge can be cracked at 
more severe conditions than the other gas oil of this 
unit or the clean oil coil of the three coil unit (Figure 
1). Instead of 960° F. and 500 pounds pressure as the 
case in the latter, the recycle coil in the unit shown 
in Figure 2 operates at a temperature of 975° F. and 
a pressure of 750 pounds. 

Two evaporators were used primarily because of 
the size of the unit. Market requirements demanded 
the separate stabilization of virgin and cracked yas- 
olines and their withdrawal as separate streams. The 
resulting unit is one which gives a maximum yield- 
quality efficiency, and which permits an unusual de- 
gree of flexibility in product specifications. It makes 
indeed, a rather close approach to the theoretical 
adaptation of the principles of selective cracking. 


FOUR COIL UNIT “B” 

This unit, Figure 3, has a viscosity breaker coil, 
two gas oil recycle coils operating on stocks of differ- 
ent boiling range, and a once-through gas oil or re- 
former coil. This unit has operated on Michigan and 
Mid-Continent crudes under a wide variety of condi- 
tions, and the plant operating data presented in 
Tables 1, 2, 3, and 4 are taken from three of the 
operations during a recent run. 


OPERATION I 
Referring to the data, Table 1, Operation I was 
on 36.9° A.P.I. Mid-Continent crude at a charge rate 
of 4870 barrels per day. The reformer heater was not 
used. The virgin gasoline overhead from the crude 
tower had an end point of 356° F., 55 octane number 
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TABLE 1 


Combination Selective Cracking Four Coil Unit “B” 
Operating Data—Crude Inspections and Topping Operation 





KEY: 


Operation I—Cracking Mid Continent Crude Reformer not in use. 
Operation II—Cracking Mid Continent using Reformer Furnace for once-thru 
gas oil cracking. 


Operation I1I—Cracking Michigan Crude Reforming heavy virgin naphtha 
(All operations performed during same run.) 











CRUDE INSPECTIONS............ I II Il 
Mid-Con-| Mid-Con- 

Crude tient tinent Michigan 
EERE. £66 dus d's ones boob bedues 36.9 36.9 39.9 
SG Ek cia gs i vet o's ost 6 a's soe 116 116 126 
5 percent ES ry eee 163 163 188 
a aac deaeredas oe pele 450 a Serres 
Viscosity @ 100 °F., secs............... 44 | oa eee 
UOT A aR Src 0.46 | Ae 
B. S. & W., percent Ay Stet Se 0.40 | 3k Serene 
Percent @ 149 °F...................-. 3.5 3.5 2.5 
AS, a uth Kod ibss tc eweesns 16.0 16.0 12.5 
ib deg og abid ob dee oo 27.5 27.5 26.0 
EE ee ee 32.0 32.0 31.0 
ean de uss bd a ob6b 6 4.06 33.5 33.5 37.0 
a 5 kk halk 6d v.din 0-6 610:0-00' 46.0 47.0 50.0 
NS a ee ei ghcess be once 52.5 52.5 60.0 


TOPPING OPERATION 
Virgin Gasoline 





Vol. percent DNS ibe cab agaevee 26.8.1 26.0 7.3 
ee hak aa de dsc eess cee 356 350 221 
O. N. CFR A. ¥ T. M.. 55 56 64 
Gravity, _ . | ie aaa 64.2 64.6 82.3 
i? bak hak 6 non.c 4d'60 060.60 e006 10.5 10.5 16.5 
Heavy Virgin Naphtha 
ER GUNN s d.0 5.60.0 600 ceeeses None None 30.6 
i TMs id. Gaeadcceeeicceteve’ 55.5 
Ey a ae A 233 
Mie eae tat ol es eccekeeessé 453 
Light Virgin Gas Oil 
ol percent EE eT ee 16.2 15.2 4.1 
gravity. PRE p skates 6.00 bnes00600 45.2 41.2 45.2 
7 ES errr 477 633 520 
Heavy Virgin Gas Oil 
Vol. percent S ¢ ww. iam ie aaipea.& om Pablo None 5.8 4.0 
a _ 4 DS ees 36 40.6 
CRs gh uauis-esus-éowerbied 608 
Color, N. ie a hed ages a4 onsen ia 1+ 1+ 
Reduced Crude 
Vol, percent Of Crude.......cccccccccce 57.0 53.0 54.0 
ec iagine 6 hb.ab ab ebens.0 27.5 24.4 26.8 














and amounted to 26.8 percent on the crude. No virgin 
heavy naphtha or heavy virgin gas oil cuts were 
taken. The 477 end point light virgin gas oil, 16.2 
percent on the crude, was pumped to the light oil 
heater charge accumulator. A 57 percent reduced 
crude was withdrawn from the crude tower bottom 
and sent to the upper section of the fuel oil flash 
tower above the vis breaker charge drawoff. In this 
fashion additional reduction of the crude bottoms 
was obtained by direct contact with the high tem- 
perature vapors rising from the fuel oil flash section 
of this tower. The use of a fuel oil flash tower of this 
type produces a heavier cracked tar than could be 
produced by simply raising the evaporator tempera- 
tures, because the latter method would cause coke 
formation in the evaporator and would give a heavier 
stock in the bubble tower bottom and thus limit the 
cracking conditions that could be used in the heavy 
oil heater. With the method of processing adopted 
the material flashed from the fuel is sent through the 
vis breaker and cracked to light and heavy oil heater 
charge. By this method the near-tar constituents are 
processed at maximum crack per pass to give opti- 
mum yield. 

Reflux control of the fuel oil flash tower top 
allowed adjustment of the boiling range of the light 
ends going to the vis breaker heater. Overhead from 
the fuel oil flash tower was used for refluxing this 
tower and the evaporator. The excess was sent to 
the light oil heater charge accumulator. During Op- 
eration I the fuel oil flash tower operated at atmos- 


pheric pressure, 725° F. bottom temperature and a 
top temperature of 485° F. 

In the bubble tower the total material coming over 
from the evaporator at 212 pounds per square inch 
pressure and 790° F. was fractionated into gas and 
gasoline overhead, 20.5° A.P.I. bottoms for heavy oil 
heater charge and an intermediate cut of 30.2° A.P.I. 
gas oil for charge to the light oil heater. These stocks 
were separately cracked at 400 pounds, 925° F. and 
600 pounds, 980° respectively. The vis breaker heater 
operated at 235 pounds and 880° F. outlet tempera- 
ture. The bubble tower overhead was stabilized ina 
column forming an integral part of the unit to a 105 
Reid vapor pressure final gasoline having a 390° F, 
end point and an octane number of 66.0 by the C.F .R, 
motor method. The overall yields obtained from Op- 
eration I were 68.3 volume percent on the crude of 
stabilized gasoline, 25.2 percent of 9.2° A.P.I. fuel oil, 
and 6.5 percent gas. 


OPERATION II 


When sufficient data had been obtained on Opera- 
tion I, the reformer heater was put on stream as a 
once-through virgin gas oil cracker for Operation II. 
The 654 end point charge to this heater was a mix- 
ture of light virgin gas oil from the crude tower with 
fuel oil flash tower overhead. The cracking conditions 
for this stock were 750 pounds pressure and 945° F, 
heater outlet. The virgin gasoline cut was the same 
as that taken during Operation I. The light oil heater 
outlet was raised from 980 to 990° F. and the heavy 


TABLE 2 


Combination Selective Cracking Four Coil Unit “B” 
Operating Data—Crude Charge and Heater Data 





KEY:—Same as Table I 























I II Hl 
PIII, chs,d- Glare tracers egy sinee,d Buren Mie nonelihe Mid-Con-| Mid-Con- 
tinent tinent Michigan 

Crude Charge Rate, B/D............... 4870 6890 5766 
Vis Breaker Heater 

EE igs wri 30 Wig 0.0-s.0sb-earws 4580 5500 4160 

(SSD ene” 21.2 19.2 20.8 

ey ee ed Pe eee rere ee 600 630 610 

Outlet Temperature, ° F............... 880 880 880 

Outlet Pressure, #/sq. in............... 235 250 235 

Heating Section Muffle temperature... .. 1475 1500 1440 

Soaking Section Muffle Temperature.... 1450 1460 1390 
Heavy Oil Heater 

TS v0.00 etbasiee cocceee soe 4330 4110 4010 

Feed: 

OSS | ere 20.5 19.3 23.6 

EE SP er sere 542 555 

Oe A re a 650 673 673 

co SO OE Of A ep eure 6 7 6 
eg sg ET Ee eee 650 660 745 
Outlet Temperature, °F................ 925 930 925 
Outlet Pressure, #/sq. in............... 400 400 400 
Heating Section Muffle Temperature. ... 1470 1430 1390 
Soaking Section Muffle Temperature... . 1415 1400 1360 

Light Oil Heater 
RTI sic chin cai daanb os aee.ee% 5870 5910 6030 
Feed: 

SSS) Ee ae 30.2 26.8 31,2 

pS ee eee 445 454 

NO hc cals ewerede 503 515 503 

ra, 5 ines oa ci ae 00 Gare 1 1+ 
Inlet Temperature, °F... 25. ec sc. sees 630 560 530 
Outlet Temperature, ° F............... 980 990 995 
Outlet Pressure, #/sq. in............... 600 600 600 
Heating Section Muffle Temperature. ... 1380 1440 1470 
Soaking Section Muffle Temperature... . 1350 1420 1440 

Reformer or Once-Thru Virgin G. O. 

Heater re) 
EL IN oS os, lohiowss side t ere ote 2010 1760 
Feed: » 

hy 8 | OE Pare Spa ie 38.8 55.9 

50 percent ace - DSSS FEI ae ey Not in 474 339 

90 percent Dp arala Wiatrukciain cicuthveiaas use 602 416 

Bes hice abe bitin he hN eee ae 654 453 

Inlet WE. IEA iy 345 260 

Outlet Temperature, °F............... 945 975 

Outlet Pressure, #/sq.in............... 750 750 

Heating Section Muffle Temperature. ... 1370 1365 

Soaking Section Muffle Temperature... .. 1300 1340 
——— 
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oil heater outlet from 925 to 930° F., since more re- 
fractory stocks were being handled due to the greater 
percentage of recycled stock. 

In this way the crude charge rate to the unit was 
increased to 6890 barrels per day, as compared with 
4870 barrels per day for Operation I. The viscosity 
breaker charge rate was increased from 4580 to 5500 
barrels per day. The data shows that the yields and 
the quality of the products were practically identical 
with those of Operation I. It will be noted that the 
reduction in fuel oil gravity by approximately one de- 
gree A.P.I. almost entirely compensated for the 
higher gas yield obtained when cracking the light 
virgin gas oil in the once-through, long soaking time 
heater. 

OPERATION III 


This third operation was on Michigan crude. The 
flexibility of the unit was well demonstrated by this 
changing of feed stocks during a run without making 
any off-specification products, The feed tanks wéte 
swung at 7 a.m. By noon of the same day the accumu- 
lator levels were steady and the unit was “lined.out” 
on Michigan crude. 

When feeding this crude 7.3 percent of 64 octane 
number, 221 end point virgin gasoline was taken 
overhead on the crude tower. The reformer heater 
was operated for a true reforming of a 453 end point 
virgin heavy naphtha at 750 pounds and 975° F. The 
light oil heater operated at 600 pounds, 995° F. and 
the conditions for the heavy oil heater were 400 
pounds and 925° F. outlet temperature. Viscosity 
breaking was carried out at 235 pounds and 880° F., 
as for the two previous operations. In order to obtain 
the tar gravity reduction desired a pressure of 1 
pound gauge was maintained on the fuel oil flash 
tower by means of a steam ejector jet attached to the 
overhead accumulator. 

Yields for this crude were 64.2 vol. percent of 
stabilized gasoline on the crude, 25.1 percent of fuel 
oil and 10.7 percent gas. The total stabilized gasoline 
was of 396 end point, 63 octane number and 9.6 Reid 
vapor pressure. The flashed fuel oil had a 9.6° A.P.I. 
gravity. 

Aside from the separate cracking of light and heavy 
gas oil fractions, the most unusual feature of this 
unit is the design of the heaters. This is taken up in 
some detail in another part of this paper. The high 
thermal efficiency of the heaters may be noted from 
Table 5. 

There is no crude preheating section in the heaters 
ot this unit. All of the preheat is obtained by heat 
exchange and, in addition, process steam is generated. 

The following data show the fuel consumption for 
the three operations covered in Tables 1 to 4. 

In weighing these fuel figures, credit should be 
given for the steam generated, since this heat would 
otherwise be thrown away in cooling water. It should 
also be noted that the fuel economy of the unit was 
hot at the ultimate maximum. At the end of the run 
the excellent condition of the light and heavy gas oil 
heater tubes showed that they could be operated at a 

igher crack per pass, with resulting lower fuel con- 
sumption. 

It is of interest to note that a factor contributing 
‘0 the low energy consumption for pumping is the 
use of gas engine drives for the hot oil and quench 
pumps. 

HEATERS 


The heater is the heart of the cracking process. The 
performance of this single unit of the equipment may 
very well constitute the difference between a superior 
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TABLE 3 


Combination Selective Cracking Four Coil Unit “B” 
Operating Data—Fractionating Equipment 





KEY :—Same as Table 1 











I II Ill 
Crude Mid-Con-| Mid-Con- 
tinent tinent | Michigan 
Crude Tower 
Operating Pressure, #/sq.in........... 5 5.5 7.5 
Ce ae RPP rere res 260 265 150 
Reformer Chg. Drawoff, ° F............ 290 
OR Oe Ary ey a - 370 395 450 
Paw, 4a; Oe ROS kek cee scans cad 492 
NN canta cubs bo eaee 565 542 585 
Fuel Oil Flash Tower 
Operating Pressure, #/sq.in........... 0 5 1 
Tom Temperate, 9 Fo sins cc ccecectses 485 525 495 
Vis. Breaker Chg. Drawoff,° F......... 600 645 620 
Bottom Temperature, ° F.............. 725 735 715 
Evaporator Tower 
Operating Pressure, #/sq.in........... 212 212 220 
Tom Temper 9 Yoo. sci5sisn's se ctu 790 795 795 
PN BI so onk es hdasccsteexed otis 830 840 835 
Bottom Temperature, ° F.............. 820 827 825 
Bubble Tower 
Operating Pressure, #/sq.in........... 209 209 215 
Tea Pema OE oe icc saa eee 430 420 425 
Vapors below Lt. G. O. Pan, ° F........ 690 685 685 
Bottom Temperature, ° Fi............. 750 740 745 
Trap Tray Reflux out of Tower......... 440 470 435 
Trap Tray Reflux to Tower............ 125 118 116 
Stabilizer Tower 
Operating Pressure, #/sq.in........... 240 250 250 
Too: Tempetanete; oF 4 o.0625.<.e0 0000s 6s 125 110 140 
Heed Temperate, © Fi ocsoscken 63> osias 320 322 290 
Bottom Temperature, ° F.............. 410 405 395 

















TABLE 4 


Combination Selective Cracking Four Coil Unit “B” 
Operating Data—Overall Yields and Production Inspections 








KEY:—Same as Table 1 














I II III 
Crude Mid-Con-| Mid-Con- 
tinent tinent Michigan 
Stabilized Gasoline, vol. percent on crude 68.3 68.0 64.2 
okt + cece en ba S4s doa e BORE 25.2 24.2 25.1 
OE Oe ee Ser err ie Pont 6.5 7.8 10.7 
Stabilized Gasoline 
sis MEGS, SGT SIE SS a 06 5.0.0 0. behig ww 050 66.0 65.8 63.0 
eS 8 ee. ere 62.5 62.2 63.6 
J OR, SRS Stee Per rer 90 89 91 
pS Lge SCOTTI ET re eee 124 123 118 
ee ok eer eee 244 246 226 
NS TO. 5 on sc cs cedscgae vas 356 357 352 
oh AE ey orien 390 392 396 
eg ee ere ee 10.5 10.7 9.6 
Color, untreated, Saybolt.............. 24 25 25 
Gum, untreated, cu. dish, mg/100 cc.... 9.0 9.4 9.5 
Fuel Oil 
I, is hb dscns cco pane s'o5 9.2 8.2 9.6 
Vib, RMN TE asics ccccoshbeaawss 230 278 75 
eS SSPE PR eerer ee rr or 0.4 0.4 0.3 
SOE III on. 66.6 515 2 6 sa kom Sy 0.06 0.08 0.80 
i MRSS bok a a os des css sherpa aD 30 35 15 
De, Fg as whi nhibcoeaes oi 230+ 230+ 230+ 

















TABLE 5 


Combination Selective Cracking Four Coil Unit “B” 
Operating Data—Heaters 




















FLUE GASES 
Analysis 
Draft 

HEATERS CO2z O2 in Inches 
Vis. Break and Hy. Gas Oil 

DED s. s.0's 0a 45 ohare Oa 6.a/s! a Wh kee Cal 11.0 3.2 -26 

POG ne CORRE, 6a ks cies cahiveek eu 11.6 3.0 .33 

POI a 2's 6 a5 0 a odoinn a BORER eee 10.4 4.6 33 

ee eS Oe ee ere 10.2 5.0 32 
Lt. Gas Oil 

I ioc 6c o'nih:d ub 6.5 pr vkoeha eco aten 12.0 2.0 .30 

Pe ee NEES os iso 86 abe S 12.2 1.8 .27 

INI ho, 9.55 0-6'a. vine 2 ab wie 11.2 3.6 .30 

ee eT RTE RTE oe Pare 12.4 1.8 32 
Reformer 

EPC ERIE Peer Cee ee 9.6 5.8 22 

Ne I RN G55 4.04.5 0 wh lnleia nee 9.8 5.6 .22 

SR IN a isis a0 510-0 5 4:40 OGleia bee 10.6 4.8 -22 

gk. A ree LO 10.0 5.2 22 























TABLE 6 


Combination Selective Cracking Four Coil Unit “B” 
Operating Data—Fuel Consumption 





KEY :—Same as Table 1 














I II III 
Mid-Con-| Mid-Con- 

Crude tinent tinent Michigan 
Equivalent Fuel to Heaters, as barrels 10° 

A.P.I. fuel oil per 100 barrels of crude*. . 6.45 6.35 7.15 
ae CE Fuel for Pumping, as barrels 10° 

A.P.I. fuel oil per 100 barrels of crude*. 0.89 0.64 0.78 

#/day of 125# Steam Produced by Steam 

NS ee es aa ole wg wp g '9 O8 225,000 279,000 234,000 
Steam Consumed by Unit, #/day........ 322,000 373,000 434,000 
Net Steam Consumed by Unit, eis 97,000 94,000 100,000 
Equivalent Fuel entire Operation, Pump- = 

ing and Heaters, Vol., percent on crude 7.3 6.4 8.0 














*Fuel oil taken at a net heating value of 17,500 BTU/#. 
+ Exclusive only of power for water pumping. 


and a mediocre cracking plant. The increased knowl- 
edge of the basic principles of cracking such as soak- 
ing time, vaporization, rate of cracking, heat of re- 
action and conversion per pass, has made accurate 
heater design possible. A brief summary will be given 
of the features which should be combined and co- 
ordinated in the cracking heater. 

Freedom. from Coking—From the operating stand- 
point it is of primary importance that the heater be 
so. designed that it is capable of long periods of un- 
interrupted operation. The length of run before a neces- 
sary shut-down is usually dependent upon the rate of 
coke formation in the tubes and in the heater outlet 
transfer lines. Since the modern cracking plant repre- 
sents a relatively high initial capital investment and since 
the mechanical work involved in a shut-down for clean- 
ing out the unit is costly, a high service factor or total 
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percentage time on stream is of great economic im- 
portance. It follows therefore that whatever may be 
done to increase the crack per pass or decrease the tube 
surface required for a given cracking duty must not be 
done at a sacrifice of length of run. 

Conversion Per Pass—The conversion or cracking per 
pass obtained in the heaters of a combination cracking 
unit determines the combined feed ratio or, in other 
words, the quantity of material that must be pumped 
through the heaters per unit of fresh feed stock charge, 
The combined feed ratio in turn determines the size of 
the heaters, fractionating equipment, pumps and heat 
exchangers. It is therefore essential that ‘the heaters 
be designed for the maximum crack per pass that can 
be obtained without encountering coking difficulties, 
This requires an accurate knowledge of the nature of 
the feed stock with regard to original source, boiling 
range and refractivity, and the optimum conditions of 
temperature, pressure and soaking time required. 

Flexibility—It is important to the cracking plant op- 
erator that the unit have sufficient flexibility to permit 
changing crude feed stocks, altering the operation ona 
given feed stock or running for different product specifi- 
cations. Since, as pointed out above, there is only one 
combination of temperature, pressure and soaking time 
which will give the maximum crack per pass for a given 
stock charged to the heater, it follows that the heater 
must be so designed as to permit altering these operating 
conditions at will, within the range required by the spe- 
cific application. These conditions can be met most sat- 
isfactorily by placing the preheating and soaking tubes 
of the heater in separate and independently fired cham- 
bers. Heaters arranged in this fashion were used in the 
units described in the previous part of this paper. Figure 
4 shows a typical flow of oil through such a heater. The 
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FIGURE 3 
Flow Diagram of Four Coil “B’” Combination Selective Cracking Unit 
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Four Coil Combination Selective Oracking Unit 


oil enters the convection section, then flows through the 
upper, lower, and side wall tube banks of the preheating 
chamber, and finally through the side wall, lower and 
upper tube banks of the soaking chamber. To insure 
the control of independent firing in each section a brick 
partition wall separates the heating and soaking sec- 
tions. Figure 5 shows the flow of oil where two parallel 
streams are used. The flow through each parallel pass is 
maintained by independent controllers. It will be noted 
that the flows are symmetrical. 
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Uniformity of Heat Transfer Rate—In order that a 
cracking heater may operate with a maximum freedom 
from coke formation and a satisfactory degree of tem- 
perature control in all parts of the preheating and 
soaking sections, it is necessary that the rate of heat 
transfer to the tubes be kept as uniform as possible 
throughout any given section of the surface. These con- 
ditions are obtained by a proper correlation between the 
flow of oil through the tubes, the flow of combustion 
products from the heating chamber and the disposition 


Ou TEMP 
aT INLET ASOE 




















: 
dir 
2200 F (APPROX ) 


— 


FIGURE 4 
Diagrammatic Flow Arrangement of 
a Single Stream Double Chamber 
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FIGURE 5 


Diagrammatic Flow Arrangement of Double 
Stream Double Chamber Heater 
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of tube surfaces. Narrow restricted areas through which 
the hot flue gases must pass usually result in eddy cur- 
rents, channeling, dead corners and hot spots. One 
method of handling the combustion products which has 
been very successful is to remove them over the entire 
area of the roof. In a heater of this type the upper row 
of roof tubes, which ordinarily have a considerably 
lower heat transfer rate than the lower roof tubes, is 
covered by special baffle tiles (Figure 6) which gives a 
restricted clearance between the tube and the tile so that 
a high gas velocity over the surface of these tubes is 
secured. This results in a considerable increase in con- 
vection transfer rates for the upper roof row and there- 
by makes the total transfer rates uniform for all tubes 
in the radiant section. The roof tiles form a series of 
orifices which distribute the flue gases evenly over the 
entire roof area. Upon leaving the roof tiles the com- 
bustion gases flow into a relatively deep plenum cham- 
ber, turn at right angles and pass over the convection 
surface. The arrangement of tubes in this surface is 
such as to create a high gas velocity and a long travel 
over the heating surface so that the flue gas tempera- 
ture is reduced to a minimum before leaving the setting. 
Tests on present installation show the flue gas tempera- 
tures are approximately from 200-300° F. higher than 



































the temperature of the incoming oil, depending upon the 
service. It is unnecessary to use large amounts of con- 
vection surface to absorb the heat. 

Uniformity of heat transfer in the radiant sections 
may be obtained by firing from both ends of the heater 
parallel to the tubes. The end walls where the burners 
are located are not covered with tubes and they there- 
fore re-radiate heat to the end sections of the tubes, 
thereby equalizing absorption due to any increased tem- 
perature of combustion in the center of the heater. 

It is not necessary to use a large quantity of excess 
air in order to obtain uniform heat transfer rates. The 
excess air normally used in the heaters now in operation 
does not exceed 25 to 35 percent, while the CO, in the 
gases going to the stack has been as high as 12.4 per- 
cent by Orsat, when firing refinery gas. Flue gases 
analyses are shown in Table 5. 

Refractory Wall Construction—The construction of 
the refractory walls of the cracking heater have a defi- 
nite bearing on its operation. The heater wall should 
minimize heat losses to the outside, in order to permit 
high fuel efficiency. The wall construction should be as 
light as possible in order to reduce foundation load and 
permit supporting the heater above the ground to elimi- 
nate difficulties due to foundation settling. Fire brick is 
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now available for light wall construction which weigh 
less than one-third as much as standard fire brick and 
have excellent refractory qualities. 


From an operating standpoint it is also important 
that the refractory walls have a low heat storage ca- 
pacity. The advantage of this is demonstrated by a recent 
operating condition in which mechanical failure of a 
heater feed pump brought about a complete interruption 
of the oil flow through the setting. The fires were cut 
out immediately but flow was not re-established for 
nearly an hour. Due to the low heat storage capacity 
of the furnace walls, the oil lying in the tubes was not 
over-heated, and the furnace was put back on stream 
without additional pressure drop through the coil to 
complete a long run. 

Supporting the furnace floor above ground to elimi- 
nate heat flow in the foundation and enclosing the entire 
heater in steel walls effectively prevents air-in filtration 
and increases the efficiency of the heater. 


Arrangement of Equipment—Because of the com- 
plexity and variety of equipment which is incorporated 
in a combination cracking unit, its proper arrangement 
for operating accessibility, minimum investment cost, 
safety consideration and compactness is an important 
design problem. Typical layouts are illustrated in Fig- 
ures 9 and 10. Figure 9 shows the plan of arrangement 
of equipment of the four coil ”A” combination selective 
cracking unit (Figure 2), while Figure 10 shows the 
elevation of the four coil “B” unit. This symmetrical 
arrangement of the major items of equipment, results 
in the most economical setup from the point of view of 
first cost, piping layout, and operating convenience. The 
hot and cold pump rooms are separated by a fire wall. 
All suction and discharge lines are brought in overhead 
leaving the pump house floor completely free of obstruc- 
tion with attendant advantages of cleanliness and visi- 


El 


bility. The control house is centrally located above 
the pump house, giving the operators a general view of 
the plant and easy access to control valves, and to ves- 
sels where operating levels must be maintained. In cases 
where the furnace charge accumulators are not in- 
corporated in the towers, they are located on the pump 
house roof, thereby furnishing good suction conditions 
for pumps without additional structural expense. 


SUMMARY 


The advantages of applying the principles of selective 
cracking and the degree to which they may be applied 
economically in several specific cases were discussed. 
Commercial applications of selective cracking were illus- 
trated by process flow diagrams of modern three and 
four coil combination units. Diagrams were included of 
a typical arrangement of equipment for two of these 
units. Three sets of plant operating data were given. 
These data show the flexibility of the unit and the yields 
and product quality that can be expected when process- 
ing two different crudes. Definite control of time-tem- 
perature effect in the preheating and soaking sections 
of a cracking heater is of advantage. A new type of 
heater design permits this control for a wide range of 
stocks. This heater incorporates such featues as control 
of the heating curve, uniform heat transfer rates and 
high thermal efficiency. 
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Progress 


in the Sulphuric Acid Refining of 


Cracked Distillates by Application 


of Centrifugal Separation 


F. SAGER, D. Sc. 


Member Institute of Petroleum Technology 


.; THE “Reports of the progress of naphtology 
33”, mention is made of an article of Born,, who 
has made a thorough investigation on the effect of sul- 
phuric-acid refining of cracked distillates. Under the 
conditions of his experiments Born finds five minutes 
to be the best time of agitation. The same author states 
that settling periods over one hour increase gum con- 
tents of the final product due to formation of acid 
esters and their decomposition products. 

“Reports of the progress of naphtology 1934”, refer 
to a study on the role of the time factor in the acid 
treatment of cracked gasolines., From this work it 
follows that for the elimination of the diolefins and the 
more unstable olefin 5 to 25 seconds intimate contact 
is sufficient. The rate of olefin polymerization is high 
up to 80 seconds, then slowing down considerably. An- 
other investigation, shows that a natural inhibitor 
present in raw Roumanian cracked distillate could be 
isolated by prewashing with caustic soda solution and 
subsequent precipitation by weak acid. This inhibitor 
which is rather ineffective on raw cracked distillates 
has a marked effect on cracked distillates from which 
the diolefins and the more unstable olefins have been 
removed, that are products obtained with rather short 
contact periods. 

The same year’s progress report mentions a paper, 
discussing multistage, countercurrent short contact 
treatment. A number of curves show experimental re- 
sults in regard to desulphurization and give data in 
regard to the influence of the number of refining 
stages. By means of a curve it is claimed that three 
stages will give an optimal effect of desulphurization. 
Less than one second contact time per stage is recom- 
mended. The extrapolation from the curve gives the 
figures shown in Table 1. 


TABLE 1. 

Effect of Number of Stages on Desulphurization 
me WEORO wb as 0 0.096 percent sulphur 
Two stages ...... 0.066 percent sulphur 
Three stages ..... 0.060 percent sulphur 
Four stages ...... 0.065 percent sulphur 


The opinion is expressed by the author that the in- 
crease in the fourth stage is due to an analytical error. 





EVIEW of the work published since 1933 on 
the study of the time of reaction in sulphuric- 
acid refining of cracked distillates and critical dis- 
cussion of results. The process developments re- 
corded in the literature since 1933 are reviewed 
and a new process described. In the light of the 
results of the research work reviewed, the merit of 
the various novel features reported, are discussed. 
Advance in the knowledge of the influence of the 
time factor in contacting cracked distillates with 
sulphuric acid is coupled with the technical and 
commercial progress in the art of refining. It will 
be shown how the progress of the knowledge in this 
particular field is reflected in the literature which 
has appeared since 1933, and in the light of some 
experimental data the latest developments will be 
illustrated and discussed. 
This paper was prepared for presentation at the | 
World Petroleum Congress, Paris, France, June, 


1937. 








If it is recalled that the accuracy of the current ASTM 
lamp method (for sulphur contents lower than 0.125 
percent) is 0.0025 for the same operator and 0.005 for 
different operators it appears that the last three re- 
sults are practically within the limits of experimental 
error. 

In the progress report 1935, Nixon, states: “It is 
exceptional to note that, for 1935, there is little to re- 
port on the sulphuric-acid treatment of cracked dis- 
tillates, but there is little doubt that oil companies 
are still making improvements in this method of 
refining, either by reconditioning existing plant or by 
installing quick contact mixing devices and centrifugal 
sludge separators.” 

In 1936 some publications appeared, being of interest 
in regard to this problem. Morrell and Egloff, discuss 
the effect of short contact and low temperature on the 
refining results. Their study also includes data in re- 
gard to split caustic treatment. Only the figures refer- 
ring to acid treatment, followed by neutralization, ar¢ 
of particular interest for this problem. They are re 
produced in Table 2. 

The authors conclude that chilling results in reduc 
tion of polymerization and lowering of oxygen bomb 
stability. The solution losses are little affected. Sul 
phur content in the finished product shows an increas¢ 
with decreased treating temperature. 

Another less explicit example shows that the sulphur 
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FIGURE 1 
Treatment of Iraq Cracked Distillate with 2 Percent by Weight of 96 Percent H.SO, 


content remained unchanged with varying tempera- 
tures. There is also a short example with California 
cracked gasoline (orig. sulphur 0.59 percent) where a 
reduction of the sulphur content is obtained by lower- 
ing the treating temperatures. The difference in be- 
haviour between this example, and the one described 
in the elaborate table is not explained. 


Walton, in a study on the continuous acid treating 
of cracked distillates states that many observers hold 
the idea that it is best to separate the oil and the acid 
layer at the earliest possible time in order to prevent 
sulphonation and resolution of the undesirables in the 
oil layer. Disregarding other considerations such as 
temperature and state of agitation, this position seems 
untenable. The author considers that there is ample 
laboratory evidence to show that with temperature held 


TABLE 2 


Effect of treating temperature on results of sulphuric acid 
refining of California cracked distillate. 


a 
—— 








Temperature of treatment............. 70 40 18 0 
Quantity of acid (Ibs./bbl.)............ 10 10 10 10 
RE DETGRNE Sos fs pie 134 fone 93 93 93 93 
Sulphur (raw 0.61 percent)............ .24 .29 .33 34 
BD Win ostecia dn senintews ticks 3.2 2.3 1.8 2.3 
NG NM aos cig hag vue 3.8 2.9 2.9 2.1 


ygen bomb stability............0.. 3840 740 315 150 
(induct. period minutes) 
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gl all experiments reproduced above, the time of contact follows to have 
een the same. Actual figure is not given, although it is mentioned that contact 
time is limited to the time, the oil-acid mixture remained in the rotary mixer. 
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below a certain limit, and with good agitation, the 
longer the time of contact, the better the quality of the 
treated oil, and the less acid will be needed for the 
treat. Thirty seconds to one minute are considered to 
be the economic time of contact, depending on the in- 
timacy of mixing. It is further stated that centrifugal 
separators are used with success in the refining in- 
dustry. 

The present author has made a study on the refining 
of cracked distillates with high sulphur content ,,. He 
has found that the time required to obtain with a given 
amount of acid, of a given temperature, the maximum 
possible desulphurization (equilibrium conditions), is 
less than 60 seconds. Examples are given for counter- 
current treatment and it is stated that two stages are 
the limit for multistage operation, the double spent acid 
not having any appreciable desulphurization effect. 
Contacting cracked distillates beyond the minimum time 
necessary for reaching equilibrium conditions for de- 
sulphurization, causes further losses on hydrocarbons 
and gives increased oxygen bomb stability. 

Figures 1, 2, 4, 5, illustrate the experimental results 
and require no further comment. It will be seen from 
the curves that short contacting and use of inhibitors 
represents an economic way for producing stable gaso- 
lines of low sulphur content. 


The apparent contradictions of the various authors 
in the recommendations of the optimum contact time 
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TABLE 3 


Various recommendations for optimum contact time. 











Recommended Results Obtained 
AUTHOR Contact Time Resp. Claimed 
SY SPR AP 5 minutes Very stable products 
SN ical vicc ces 5 to 25 seconds Removal of diolefines and 


80 to 100 seconds 


the more unstable olifines. 


Removal of the unstable 
olefines. 





Cook & Hayford °. 


3 seconds (3x1 second) 


Desulphurization. 





Morrell & Egloff §.. 


Short contact and chilling 
to temperature below 
atmospheric. 


Desulphurization. 





30 to 60 seconds 


Generally satisfactory refin- 
ing results. 








From 3 to 10 seconds to 
about 60 seconds. 


About 80 to 100 seconds 
and more. 





Desulphurization. 


Moderate, resp. good oxygen 
bomb stability. 








are easily brought to concord, if in each case the re- 
spective scope of treating is considered. 

Table 3 illustrates the various recommendations and 
the results obtained, respectively claimed. 

From the data of Tables 2 and 3 and the curves 
of Figures 1, 2, 4, 5 a fairly good picture can be 
gained of the kinetics of the sulphuric-acid refining. 


1000 


500 


Potential Gums,MGS per too cc (5 Hours’ oxidation) 





Figures 1 and 2 are representative for the more un- 
saturated type of products with a Mcllhiney brom 
number of 40-50 Figures 4 and 5 are representative 
for products with 30 to 35 MclIlhiney brom number, 

After the discussion of the chemical and the physico- 
chemical aspect of the problem, the process develop- 
ments, which have taken place in the last years, are 
reviewed. 

The results of the research work reported above, 
will permit one to judge the merits and possibilities 
of the various technical features reported as progress, 


PROCESS DEVELOPMENTS 


In the process section of the Refiner,, 1932, the 
Stratford Process and the Sharples Process are de- 
scribed and illustrated by flowcharts. For the Strat- 
ford process a mechanical mixer contactor is used. It 
is stated that the contact time is less than 30 seconds. 
It is recommended that in general, three stages 
should be used, although under certain circumstances 
one or two stages might prove economical. The proc- 
ess is carried out at atmospheric temperature. 

The Sharples process involves also the use of a me- 
chanical mixer-contactor. No reference is made to con- 
tact time, which in any case is unvariable being pre- 
determined by the size of the mixer-contactor. An acid 
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FIGURE 2 
Treatment of Iraq Cracked Distillate with 2 Percent by Weight of 96 Percent H,SO, 
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FIGURE 3 
Treatment of Iraq Cracked Distillate with 2 Percent by Weight of 96 Percent H2SO, 


oil proportioner is used which controls the flow of 
acid directly by the flow of oil. The process consists 
of one single treatment. It is stated that this equip- 
ment has its primary purpose for refining viscous 
distillates and residues. 

In 1934, flowchart and description of a commercial 
Stratford plant is given, of principally the same char- 
acteristics as the 1932 type.,, This plant, however, is 
designed for a fixed total contact time of 3 seconds 
(3x1). Water cooling is used for the distillate prior 
to the fresh acid stage (last stage). Control of gaso- 
line flow is checked by a small blow case. 

A paper in 1934 ,, gives a description of the Sharples 
process, which at that time shows no difference from 
the 1932 type. 

Simultaneously another paper was presented ,, giving 
flowchart and description of the De Laval process. 
The general features of the plant are principally the 
same as reported for the Sharples process, the differ- 
ence being due to the type of centrifugal separator 
used, which is described. 

Both of the two last mentioned papers are primarily 
devoted to lubricating oil refining. 


Epitors Nore—aAttention is called here to the fact that the author did 
not have access to the more thorough and recent discussion of the pro- 
cess mentioned appearing in THe REFINER, Volume 16, No. 4, April, 
1937, page 181 “Advantages of Stratcold Process Demonstrated Com- 
mercially” by J. A Altshuler, F. G. Graves and E. S. Brown. 
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In 1935, Stratford Engineering Company ,, gave a 
detailed description of the Stratford process and the 
special equipment used. The introduction of chilling 
equipment to carry out treating at temperatures lower 
than atmospheric represents a novel feature. Two 
types of mixer-contactors are described: a horizontal 
“liquid full” type of fixed volume and a vertical “vari- 
able volume” type. It is stated that the last mentioned 
type is employed for cracked gasolines at greatly re- 
duced temperatures and large thruputs. 

The description includes a flowchart, showing the 
use of the “liquid full” type mixer-contactor. In a pre- 
viously mentioned paper,, appearing in 1936, giving a 
flowchart of the combined short contact-low tempera- 
tures process the same type of mixing-contactor is 
shown to be used. Automatic flow control is used 
throughout. 

The process development section of the Refiner 
1936,; gives descriptions of the Stratford, Sharples 
and De Laval process. The Stratford process appears 
to be the same as described in 1935 ,,. 

The characteristics reported for the Sharples process 
are the same as given in 1932.,, It is indicated, how- 
ever, that recent developments of a centrifuge of great- 
ly increased capacity has extended the economical ap- 
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plication of the process to the treatment of non viscous 
oils. 

The De Laval process appears to be the same as de- 
scribed in 1934.,, It is stated that with exception of a 
few details, the same equipment can be used for re- 
fining of lubricating oil and light distillates. 

In the period under review a new acid-refining pro- 
cess for cracked distillates has been developed by the 
Separator-Nobel Cy, Stockholm, Sweden. 

As no particular account of this process has yet been 
given in the literature, its characteristics will be dis- 
cussed here. Simplified flowcharts of typical applica- 
tions are given in Figures 6 and 7. 

Separate equipment is used for mixing distillate with 
acid and for contacting the mixture (maintaining the 
dispersion for any desired time period.) Mixing is 
either carried out by mechanical mixers or by static 
mixing nozzles. The choice is a question of design. 
Contacting is carried out in orifice columns of the type 
familiar to the refiner. The volume of the various 
columns is calculated to provide for convenient flexi- 
bility. 

This design feature permits one to carry out, in the 
same plant, the following operations, cited in the order 
of increasing reaction time: 

1. Desulphurization without any appreciable effect 
on the hydrocarbons and oxygen bomb stability. 


2. Limited removal of unsaturated hydrocarbons, 
giving products of good color and substantially free of 
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actual gum. Such products allow successful applica. 
tion of the less effective inexpensive inhibitors (na. 
tural inhibitors or simple phenolic compounds.) 


3. More severe attack of the unstable hydrocarbons, 
resulting in products of good color and gum stability, 


The process can be operated in one or two stages, 
that is with fresh acid only, or by pretreating the raw 
stock with the acid sludge coming from the fresh acid 
treatment. 

Acid, once used for treatment, contains shortly after 
centrifugal separation, free acids equivalent to 58 to 60 
percent H, SO, (determined by titration with phenol- 
phthalein as indicator). By being used again for re- 
fining, the acid content of the sludge decreases to an 
equivalent of 28 to 20 percent H, SO,. It has not been 
found advantageous to use this sludge again for further 
refining. Whether the process is designed for one or 
two stages, is a purely economical problem, depending 
on the quantity of acid used, cost and possibilities of 
recovery. 

The reaction with fresh acid is carried out at atmos- 
pheric temperature. When pretreatment with acid 
sludge is used, in countries where the temperature 
drops to near 0°C. in the cold season, the raw stock 
is slightly heated in order to initiate the reaction with 
the acid sludge. 

The process 
operation. 

The centrifugal separators are of special design, 
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Treatment of Iranian Cracked Distillate with 2 Percent by Weight of 96 Percent H.SO, 
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TABLE 4 


Progress in the commercial application of the 
Separator Nobel Process. 


TABLE 5 


Typical cost analysis for a 4-5,000 bbl. plant 
Separator Nobel Process. 











Number of Plants 

Installed during the| Capacity, 

YEAR Resp. year Bbl/day 
MMAR Bien id Cie tic eu ee diaaBhc rh cige o P wave dans 
DN CURE SASk Sab dde usc Shatcne se 1 800 
RG erate 44 4 oo Vk 0. cide gap 0 v's. 0.05 4 22,000 
EE rth Dh L404 sixteen sob ius ders 8 22,400 
ch Aba did cekowstak<s bcs 13 45,200 











*In operation and under construction. 


vapor tight and resistant to corrosion. Two types of 
centrifuges (800, respectively 1200 barrels per machine 
and day) have found successful commercial application. 

Progress in the commercial application of the prog- 
ress is illustrated by Table 4. 


Table 5 is a typical example for the operating cost of 
a medium size plant (4 to 5000 barrels per day). It 
will be understood that the losses vary with the contact 
time. Operating cost increases with increase of contact 
time. 


Table 6 (see also Figure 3) gives a few typical fig- 
ures for the total operating cost for the same case as 
Table 5, showing its dependence on the contact time 
the process is operated on. The data are taken from 
an earlier publication ,,. 


TABLE 6 


Typical example for an effect of contact time on the total 
operating cost of the Separator Nobel Process. 








Contact time seconds 4 34 64 94 124 





Operating cost, U. S. A. cents 
per bbl. of raw distillate... . 12.30 13.58 
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Fixed part of operating Cost... .. 2... .cc ccc c cess 9.753 Fr. Fres/Ton 
(This figure is in. 
dependent of the 
contact time). 











Total operating cost is obtained by adding cost of losses, varying with contact 
time. 
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FIGURE 1 


Flow chart, Dominguez Absorption Plant No. 1, Union Oil Company of California. 
30,000 gallons per hour oil circulation capacity 


Improving the 


Absorption-Plant Cycle 
With Direct-Fired Heat 


OR several years past process engineers working 

with absorption-plant layouts have been specu- 
lating as to the desirability of utilizing direct-fired 
heat for the operation of the absorption-plant distilla- 
tion equipment. Union Oil Company of California 
las been operating such a direct-fired heater installa- 
tion at its Dominguez absorption plant for the past 
year with considerable success. This paper presents 
a detailed analysis of that particular equipment’s 
Operation, 

Accompanying Figure 1 presents a simplified flow- 
sheet of the Dominguez installation, while Figure 2 
Presents a photographic view of its main distillation 


a, saesented before the California Natural Gasoline Association, April 
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equipment. As indicated on the simplified flowsheet, 
the Dominguez installation employs a conventional 
hook-up of absorbers and interchangers operating in 
conjunction with a special hook-up of fixed-gas frac- 
tionator, combination fractionating and stripping still, 
and direct-fired heater. In the photograph of Figure 2 
can be seen the combination fractionating and strip- 
ping still, with the plant’s centralized control board 
and pump block in the foreground. Just back of the 
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tionating column, and back of this the gasoline a. 
cumulator. A portion of the cooling tower appear 
in the background. This photograph gives an excel. 
lent conception of the compactness of the Domingue 
distillation equipment layout. 

Figure 3 presents a photograph of the fired heater 
used in this plant. In designing this heater, which 
is a simple-baffled up-draft type of unit, special care 

was taken to limit the density of heat input to the 
radiant tubes to a maximum of 10,000 Btu’s pe 
square foot. Needless to say, only a well designed low 
maximum heat density heater should be used on 
services of this character. 

As indicated on the flowsheet of Figure 1, the 
present Dominguez installation employs exhaust 
steam for the final stripping of the lean oil at the 
main stripping column, consequently this particular 
unit does not achieve the full potential economy in. 
herent in a direct-fired heater layout since it still 
requires the active operation of auxiliary boiler equip- 
ment. 

On the expanded typical flowsheet of Figure 5 we 
have blocked out an absorption plant layout based 
on the Dominguez installation but modified to per- 
mit of dispensing with the active operation of a boil- 
er, although stripping steam is still used for the final 
cleaning-up of the lean absorption oil. This end is 
achieved by the direct production of steam at the 
base of the stripping column through the aid ofa 
combination bottoms-water recirculation operation. 
As indicated on the flowsheet, a portion of the hot 
bottoms leaving the base of the stripper is recircu- 
lated back into the bottom section of the column, 
while the various streams of water condensed and 
bled at the usual points of water accumulation 


FIGURE 2 


Main Distillation Equipment, Dominguez 
Absorption Plant, Union Oil Company 
of California 


main stripping still is the shorter fixed gas frag. 
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through the system are conveyed to a central water 
surge tank. A recirculating water pump takes suc- 
ion on this surge tank and injects a stream of strip- 
ping water into the recirculated oil stream entering 
the base of the stripping still. The sensible heat avail- 
able in the recirculated oil stream vaporizes this 
water for the production of the stripping steam re- 
quired for the operation of the still. A similar water 
circulation system is also employed for the operation 
of the absorption oil conditioning unit. 

We are satisfied that a continuous or semi- con- 
tinuous oil-conditioning unit is absolutely essential 
to the satisfactory operation of a direct-fired heater in 
an absorption plant, as evidenced by the hasty aban- 
donment of similar early installations which at- 
tempted to operate without such oil-conditioning 
equipment. Although the oil-conditioning still for 
the Dominguez absorption plant is not shown on the 
fowsheet of Figure 1, it should be noted that a con- 
ventional Gard? steam-heated unit is used in this 
plant. Figure 6 presents a photographic view of a 
similar typical Gard continuous oil conditioning unit 
with its control board, distillation column, condenser, 
and condensate receiver. 

Although the present Dominguez oil-conditioning 
unit operates on a conventional steam cycle, the high- 
er oil temperatures available with a direct-fired 
heater operation make possible the modification of 
the conventional unit indicated in Figure 5. In this 
modified layout the usual feed preheater is omitted, 
and recirculation of hot stripper bottoms is employed 
for adding reboiling heat to the column while oper- 
ating at atmospheric pressure. 

Having settled on a direct-fired heater installation, 
the process engineer must next decide at what point 
in the system the fired heat should be applied, and 
whether or not stripping steam should continue to be 
used in the main distillation column. We have made 
adetailed analysis of four methods of applying direct- 
fred heat to the distillation equipment, in seeking 
the correct answer to these two much debated ques- 
tions. These four methods involve: 


l, Using the direct-fired heater as a preheater just ahead 
of the main stripping column, operating in conjunction 
with stripping steam generated by water injection at 
the column’s base. 


TABLE 1 


FIGURE 3 


Direct-Fire Furnace 











































2. Operating the fired heater on a recirculated side draw- 


off steam taken 


intermediate the feed and bottom 


sections of the column, while injecting water at the 
column base. 
3. Operating the fired heater on a recirculated bottoms 
stream with the elimination of steam stripping. 
4. Operating the heater on a recirculated side drawoff 






Operation of Stripping Column with Direct Fired Heat 


Heat Balances for Various Methods of Control 











Basis: 30,000 G/H lean oil circulation 


16,000 Mcf/day 60 Ib. gas of 1.34 G/Mcf iso-butane and heavier content 


4,000 Mcf/day 30 Ib. gas of 2.35 G/Mcf iso-butane and heavier content 


1,300 G/H production of 50 Ib. Reid VP gasoline 89% iso-butane and heavier 
90% plant overall extraction of iso-butane and heavier 
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stream while injecting stripping steam at the column 
base. (Test B-49). 


Now the main distillation column must make a 
sharp separation between absorbed gasoline and learn 
absorption oil while operating under a column pres- 
sure sufficient to effect condensation of the overhead 
gasoline at available cooling-water temperatures. 
This “pressure” limitation on the column’s operation 
has a very important bearing on the relative economy 
of the four controls outlined above. 

Table I presents a comparison of the pertinent 
equipment heat loads developed under the four con- 
trols in question. This table clearly shows the superi- 
ority of the side circulation control of Figure 5 over 
the other three in that: 


1. The side drawoff operation requires decidedly less fired 
heat and smaller condenser surfaces than is required 
by the preheated feed operation. 


2. The side drawoff control with water injection requires 
decidedly less interchanger surface than is required by 
the “dry” bottoms heating operation. 


3. Using the water injection operation of Figure 5 per- 
mits of dispensing with the continuous operation of an 
auxiliary boiler. 


A clear-cut background for the heat balance com- 
parison indicated on Table 1 is presented by the 
stripping still temperature gradients for these con- 
trols plotted on Figure 7%. Focusing on the typical 
side recirculation gradient versus the preheated feed 
gradient of this figure, it will be noted that the side 
recirculation control maintains a slightly higher 
stripping section temperature while operating with a 
markedly lower vapor inlet temperature to the frac- 
tionating section of the column. This combination 
of higher stripping section and lower fractionating 
section temperatures accounts for the marked superi- 
ority in fired heat consumption and condensing load 


shown in Table 1. This favorable distribution of 
heat level is the result of the vapor-liquid heat inter. 
change which takes place on the trays intermediate 
the feed and side recirculation sections of the column 
in the case of side recirculation control. 

When the “dry,” bottoms heated gradient of Fig. 
ure 7 is compared with the preheated feed gradient 
one might assume that the dry cycle would require 
the same high heat load on the fired heater and cop- 
densers as is required by the preheated-feed cycle 
since both controls operate with approximately the 
same vapor temperature inlet to the fractionating 
section of the column. It should be remembered, how- 
ever, that the volume of vaporization at the feed 
plant in the case of the dry cycle is much lower than 
that of the preheated-feed cycle, due to the absence 
of stripping steam within the column in the dry 
operation. 

The 535° F. bottoms temperature indicated for the 
dry, bottoms heated control represent the operation with 
a typical 39° API—SOOF. endpoint absorption oil. This 
high bottoms temperature could be lowered somewhat 
by using a lighter grade of absorption oil. The ad- 
vantages accruing from the lowering of the stripping 
column’s bottoms temperature, however, would be 
more than over balanced by the consequent greater 
oil losses experienced at the absorbers and the in- 
creased reflux heat required at the main column for 
effecting a sharp cut between the absorbed gasoline and 
the lean absorption oil. A comparison of the high bot- 
toms temperature of the dry, bottoms heated cycle with 
the low bottoms temperature of the side recirculation 
cycle clearly shows why the dry cycle requires a de- 
cidedly larger installation of interchanger surface. 

It should be noted that the column arrangement of 
Figure 5, using water injection at the column base, 
calls for a somewhat different tray arrangement than 


TABLE 2 
Operation of Fixed Gas Fractionator 
Pertinent Operating Rates 
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B-43 B-49 
February 23, 1937 March 24, 1937 
Without F. G. Fractionator | With F. G. Fractionator 
.. Sl eee 321 
Mcf/D 554 76 
Mcf/D 554 397 
ER See ete ee 2,960 
eS a, Se er ce 222 
ee) Lea cee eee ee 1,500 (approx.) 
SAT eC CaS ann, Care eee 4.23 
Mcf/D 316 352 
Gal./H 318 324 
Gal./H 26,780 27,000 
Gal./M gal. 11.9 12.0 
Lb./M gal. 99 100 
Gal./H 144 147 
Gal./H 174 177 
Gal./H 2,270 1,945 
Gal./H ; 1,118 1,148 
Gal./H 11,400 11,600 
Gal./H 5,280 5,100 
Gal./H 10,100 10,300 
Py ee a ee 26,780 27,000 
edackndpse 24,600 25,400 
Mcf/D 8,350 8,270 
Mcf/D 3,570 3,690 
Mcf/D 11,920 11,960 
Mcf/D 12,850 12,920 
Mcf/D 3,690 3,690 
Mcf/D 3,790 3,730 
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Typical Process Flow Chart for a natural gasoline absorption plant operating without boilers 


is used with the present Dominguez column, the overall 
tray requirements for the present and future columns 
being 24 and 21 trays respectively. 

To date, most process engineers have included a 
spare heater in their estimates for a direct-fired heater 
installation for an absorption plant. This inclusion of a 
spare heater unit has put the direct-fired layout in an 
unfavorable initial investment position when compared 
with a conventional steam-heated plant. A year’s 
operation of the Dominguez plant has clearly demon- 
strated that this spare heater investment penalization 
of the fired-heater plant is unnecessary, provided the 
fired heater is properly designed for reasonably low 
radiant tube heat input rates and the absorption oil is 
kept in proper condition by a continuously operating 
oil-conditioning unit. 

Obviously a plant not provided with a spare fired 
heater must be equipped with adequate safeguards 
against loss of the heater tubes due to a failure of the 
oil-circulating pumps. This operating feature has been 
provided for at the Dominguez unit by the installation 
of a differential pressure-control system which auto- 
matically shuts off the fuel gas supply to the heater 
when the pressure drop through the heater tubes falls 
below a predetermined figure representing a substan- 
tial oil circulation through the heater. 

While individual plant conditions and types of 
equipment have a marked bearing on cost compari- 
sons, we estimate in general that the initial invest- 
ment cost for a fired heater versus a conventional 
steam plant will swing over in favor of the fired- 
heater unit at a total heat load of some 10,000,000 
Btu’s per hour, with the comparison rapidly increas- 
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ing in favor of the fired-heater installation as the Btu 
heat load increases. In addition to this saving in ini- 
tial capital outlay, the direct-fired heater, of course, 
has a marked advantage over the conventional steam 
boiler in its daily operating cost. 

Although not directly dependent for its operation 
upon the higher heat plane available with the direct- 
fired heater, the fixed-gas fractionator used at the 
Dominguez unit contains several unique features 
which are well worth comment in connection with a 
general survey of this plant’s operation. 

From the start it has been recognized that a fixed- 
gas fractionator is a valuable piece of equipment in 
a high-pressure gasoline plant. Its desirability in low- 
pressure plants, however, has always been more or 
less open to question. The Dominguez installation 
was made for the specific purpose of developing 
whether or not a fixed gas fractionator could be jus- 
tified in a low-pressure plant. 


It is an unfortunate fundamental characteristic of 
the absorption operation that undesirable light frac- 
tions must be taken up in the absorption oil at the 
absorber along with the desired heavier fractions. 
These light fractions must subsequently be removed 
from the gasoline in the form of vapors, since they 
cannot be condensed at the pressures and tempera- 
tures normally available at the absorption-plant still. 
These gases are usually vented off from the gasoline 
accumulator and recirculated through an absorber. 
Now all absorbers lose some desired fractions over- 
head, consequently if the recirculated fixed gases car- 
ry with them desired gasoline fractions, the over- 
head loss of these fractions from the absorber will be 
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TABLE 3-A ® 
Operation of Fixed Gas Fractionator ‘10 
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kK 
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RTE Sidhdli kg! 4 ai bee 040.0 0 FEBRUARY 23, 1937 FEBRUARY 24, 1937 N 
Actual Analysis Adjusted Analysis : é 
Frac- 
Accum. Accum. Accum. Accum, Accum. Accum tionator 60 Lb. 30 Lb. hi 
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ENGLER DISTILLATIONS ioe 
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OO 
B-43 Raw Gaso.. 90.0 56 73 85 102 123 150 184 243 285 71.8 27.4 44.3 L 
B-49 Raw Gaso.. 90.6 56 69 83 97 118 145 178 230 277 73.1 26.3 50.2 v7 
Grav. Init. 0.2% 0.4% 0.6% CNGA Vapor Pressure 
B-49 Lean Oil... 38.9 245 264 342 419 9 mm. H20 at 100° F. 
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TABLE 3-B 


Operation of Fixed Gas Fractionator 
Comparison of Accumulator Tank Equilibrium Factors 






















































*f TEST B-43 TEST B-49 
Values Accumulator at 59° F. 48 Lb. Abs. Accumulator at 60° F. 48 Lb. Abs. 
from 
Charts Laboratory Analysis Adjusted Analysis Laboratory Analysis 
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60° F. P y y P y 
48 Lb. “= a — — a 
Abs. T x ceges x sogee 7 ~ cage 
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Nebutane.......cccecscccccccves 1.20 .525 .553 1.05 -631 1.20 -532 .590 1.11 i 





*{ = Raoult’s law correction factor in 
y P 


function of a fixed-gas fractionator is to reduce the 
quantity of desired fractions so recirculated through 
the main absorbers. 


—_ = f,— 


x | BS 
Where Raoult’s law is represented by 
y P 


x T . ‘ ¢ 
y=mol % concentration of the component in the vapor The amount of desired fractions recirculated 
x= mol % concentration of the component in the liquid é 
iis wager pressure of the pure component at the system temperature through the absorbers tends to be a function of the 
a one on Se Ree. oe amount of fixed gas so recirculated. If the same 


increased in proportion to the amount of desired quality of rich gas is treated at a 30-pound absorber 
fractions recirculated along with the fixed gases. The and a 400-pound absorber for the same desired com- 
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Operation of fixed gas fractionator; Dominguez Absorption Plant, Unit No. 1, Union Oil Company of California. 
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FIGURE 9 
Operation of fixed gas fractionator, Dominguez Absorption Plant Unit No. 1, Union Oil Company of California 


ponent recovery, some 50 percent more fixed gases 
will be picked up in the absorption oil at the high- 
pressure tower. This increased ratio of fixed gas to 
desired components under the high-pressure opera- 
tion largely accounts for the early acceptance of the 
fixed-gas fractionator in high-pressure plants. 


Our analysis of the Dominguez unit indicates that - 


while the resultant savings are smaller for a low- 
pressure plant, nevertheless a fixed-gas fractionator 
can be thoroughly justified in a low-pressure installa- 
tion, particularly if the fractionator design is a simple 
one. Such simplicity has been attained in the Dom- 
inguez fractionator design through the elimination 
of the conventional bottoms reboiler and the use of 
rich oil for reflux. 

In operation, the 370° F. fat absorption oil leaving 
the Dominguez interchanger is introduced directly 


into the base of the fractionating column where most 
of its fixed gases, along with a substantial propor- 
tion of desired gasoline fractions, are flashed off as 
vapors. These vapors travel upward through the frac- 
tionator trays in conventional countercurrent contact 
with a down-flowing stream of rich oil reflux. Re- 
boiling control on the fractionator is maintained by 
bleeding some 40 percent of the resultant reflux 
liquid off the bottom tray at a temperature of 170° F., 
while the balance of the reflux falls into the base ol 
the column and is there heated to a temperature 0! 
some 350° F. By raising or lowering the amount 0 
reflux bled directly from the bottom tray to the main 
column, the amount of heat carried up into the frac- 
tionating column can be accurately regulated. This 
regulation, in turn, gives a definite temperature com 
trol on the vapors leaving the column. At Domi 
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guez, the controls on the fixed-gas fractionator are 
so adjusted between quantity of rich oil refluxed to 
the top of the column and quantity of reflux bled off 
the lower fractionating tray, as to produce a combi- 
nation control in which approximately 80 percent of 
the total recirculated vapors are bled off the frac- 
tionator and 20 percent off of the accumulator, with 
the fractionator overhead vapors leaving at a tem- 
perature of 85-90° F. By experience we have found 
that this control produces a minimum recycling loss 
of desirable gasoline fractions at the absorbers. 

It will be noted that a water drawoff installation 
is provided for the Dominguez fixed-gas fractionator. 
Although not readily apparent, it is a fact that a cer- 
tain amount of water is brought into the distillation 
system in solution in the cold rich oil. This water 
flashes out of the oil at the base of the fractionator, 
and if no provision is made for its removal from the 
side of the column, its presence in the fractionator 
will result in unduly high overhead vapor tempera- 
tures. By providing for the withdrawal of water from 
the side of the column, however, a proper overhead 
temperature control can be maintained on the 
column. 

In connection with the development of the proper 
fractionator control for the Dominguez unit, we have 
indicated on Figure 8 the relationship existing be- 
tween fractionator control and butane losses for 
three distinct types of controls, namely: 


1. Using the special Dominguez fractionater control em- 
ploying a partial bleeding of reflux off the bottom tray. 


2. Using a conventional column control in which all re- 
flux is dropped into the base of the column. 


3. Operating with the fractionator cut out of the system. 


These curves reveal some extremely interesting 


relationships regarding the Dominguez fractionator 
control, namely: 


1. With the special bottom tray bleed control in opera- 
tion, refluxing 10 percent of rich oil over the top of the 
fractionator reduces the normal butane recycle loss 
by 70 percent. 

2. Under a conventional column control dropping all the 
reflux into the bottom, a 10 percent refluxing of rich 
oil to the fractionator produces no reduction in recycle 
loss over that obtained with the fractionator cut out 
of the line. 

3. Without the bottom tray bleed control it is necessary 
to increase the fat oil reflux to the fractionator from 
10 percent to 16 percent of total circulation in order to 
attain an equivalent reduction in recycled butane losses. 


A background for the control relationships indi- 
cated by the curves of Figure 8 is developed by an 
inspection of the fixed-gas fractionator temperature 
gradients shown on Figure 9. These temperature 
gradients are for run points B-31 and 49, B-26, and 
B-37 of Figure 8. In runs B-49 and B-37 the overall 
butane losses were the same; however, some 50 per- 
cent more. fat oil reflux had to be employed at the 
fractionator in the case of run B-37 in order to com- 
pensate for the higher mean temperature at which 
the column was operating during this test. Similarly, 
when the rich oil reflux was cut back to the 10.2 per- 
cent circulation of run B-26 without utilizing a bot- 
tom tray drawoff control, the still higher tray tem- 
peratures resulting from this operation produced 
losses equivalent to those attained when the frac- 
tionator was cut entirely off the line. This com- 
parison clearly shows the desirability of so regulat- 
ing the fixed-gas fractionator controls as to produce 
an optimum combination of low tray temperatures 
with satisfactory application of refluxing heat to the 
lower section of the column. 

Tests B-43 and B-49 on the Dominguez unit served 


TABLE 4 


Operation of Fixed Gas Fractionator 


Comparison of Losses Due to the Recycling of Gasoline Fractions 








Run No. B-49 with Fixed Gas Fractionator in Operation—February 24, 1937 
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Run No. B-43 without Fixed Gas Fractionator—February 23, 1937 

mrcled acetetelaion wanor Gumbel. 56. i i Sia saaick ia Saco ehn do ino 8 oaewuaee G/H 48.6 166.0 47.5 
meoreticn] abeorber 1oee——MsenPet hs. <..«.5.0e50.6.0 6.6.0 « s\oini oat o0.kdie anew cpio nlas se eel eeu ws 4 30.0 5.0 0.1 
erected CheGeUtienl MIGROS BOMBS oos6 iv so i'0's-d kode sa ose IESE a Pe UOEE Seenunleaanen % 37.8 1.6 

Loss due to recycled vapors based on corrected theoretical loss............eeeccceeeceuees G/H 18.4 10.3 

Butane Savings Effected by Fractionator 
mee Ot te Sreationaiee 6.5.5 «scans opes so occnnsd ship nchguaiatanbass cibueonar en G/H 11.3 8.2 
Ving due to fractionator, percent of actual plant extraction.............0.ceeeeeeeeeeee % 11.1 2.3 P 


———— 


ee 











June, 1937—A Gulf Publishing Company Publication 


* “‘Kremser’’ losses based on average temperature of oil and gas streams leaving the absorbers. 









TABLE 5 


Operation of Fixed Gas Fractionator 


Comparison of Plant Heat Balances With and Without Fixed Gas Fractionator 
































Fig. V 
Test B-43 Test B-49 Flow Chart 
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to develop an accurate evaluation of the savings re- 
sulting from the installation of its. fixed-gas frac- 
tionator. Table 2 gives the pertinent operating rate 
data for these two tests. Reference to this table shows 
the substantial reduction in total recycled vapors and 
the marked reduction in recycled accumulator vapors 
resulting from the operation of the fixed-gas frac- 
tionator, the total recycled vapors being reduced 
from 554 Mcf per day to 397 Mcf per day, and the 
recycled accumulator vapors from 554 Mcf per day 
to 76 Mcf per day for a 27,000 gallon per hour lean 
oil circulation. This table also indicates the relatively 
low stripping steam rates employed with the higher 
temperatures obtainable with the direct-fired heater 
cycle, the rates for these tests amounting to only 100 
pounds per 1000 gallons of oil circulated. 


Table 3-A presents actual and adjusted fractional 
analyses of the test samples associated with the op- 
erating data of Table 2. In checking over Table 3-A 
it will be noted that whereas the original analyses 
for the B-49 samples were used “as reported,” the 
analyses of the B-43 samples were adjusted to bring 
them into more consistent relationship with known 
equilibria data. The basis for making this adjustment 
is indicated on Table 3-B. 

Many factors. influence the accuracy of original 
sample analyses, the most usual of which are devia- 
tions in accuracy of the laboratory work and secon- 
dary surges through the plant equipment during the 
period of taking the test samples. As a result of these 
influences, we find it advisable wherever possible to 
check companion vapor-liquid sample analyses 
against known equilibria data. In the first column of 
Table 3-B we have tabulated the “f” correction fac- 
tors for Raoult’s law for the individual sample com- 
ponents through normal butane for the conditions 
of pressure and temperature existing at the gasoline 
accumulator during these tests. It will be noted that 
the gasoline-vented gas “f” factors for test B-49 are 
in excellent agreement with the chart values, where- 
as some adjustment of the test B-43 data was re- 
quired in order to bring these factors into similar 


agreement. We consider adjustments of this charac- 
ter to be thoroughly justified in making the type of 
comparison worked out for these two particular 
tests. 

Table 4 gives the build-up of our comparison of 
butane losses with and without the fractionator in 
operation. This table demonstrates the general 
method employed for building up the loss data 
plotted in Figure 8, it being remembered, however, 
that the data of Figure 8 have been further modified 
to bring all points to a common basis of 30,000 gal- 
lons per hour of lean oil circulation. The data of 
Table 4 show a clean-cut saving of 11.3 gallons per 
hour of iso-butane and 8.2 gallons per hour of nor- 
mal butane for the Dominguez operation, with the 
absorbers working on a 7-10 percent normal butane 
loss factor. If this normal butane loss factor had been 
of the order of 25 percent, which is not at all unusual 
for heavily loaded plants, the savings effected by the 
fixed-gas fractionator would have been of the order 
of 20 gallons per hour for normal butane alone. 

Naturally one cannot attain savings of the charac- 
ter indicated for the Dominguez fractionator with- 
out incurring additional investment and operating 
costs. The additional investment cost for the Dom- 
inguez installation consists of the capital charges in- 
cident to the installation of the fractionating column 
with its simple pipe manifolding and certain addi- 
tional cooling tower facilities, while the major addi- 
tional operating costs are for additional fuel at the 
heater and additional water circulation at the cooling 
tower. 

Figure 10 indicates the general relationship exist- 
ing between the operating control carried on the frac- 
tionator as measured by percent of rich oil refluxed 
and the corresponding effect on the heat loads at the 
condenser, lean oil cooler, interchanger, and fired 
heater—with the optimum. operation of 10 percent 
reflux to the fractionator being indicated by a dashed 
horizontal line. 

An inspection of Figure 10 shows that as the rich 
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oil reflux rate to the fractionator is increased, the 
lean oil cooler and fired heater loads increase and 
the condenser and interchanger heat loads decrease. 
Table 5 summarizes the net effect of these changes 
on the various items entering the overall plant heat 
balance for Dominguez tests B-43 and B-49, and the 
flow-chart layout of Figure 5. This tabulation indi- 
cates that a 10 percent rich oil reflux rate, as called 
for by the typical flowsheet of Figure 5, will require 
some 690,000 Btu’s per hour of added heat load at 
the fired heater, with a corresponding increased 
charge in cooling tower operation for the subsequent 
dissipation of this added heat load to the atmosphere. 
These charges represent the major additional operat- 
ing charge against the fixed-gas fractionator. The 
added cooling tower investment charge required to 
handle this increased heat load is made up of a bal- 
ance between a 15 percent additional cooling surface 
requirement and a 10 percent decreased condensing 
suriace requirement. 

While we have not presented comparative figures 
developing the actual financial worth of the Domin- 
guez fractionator installation, we can say in general 
that in our opinion any plant recirculating 500 Mcf 
per day or over of fixed gases, when operating with 


absorber normal butane loss ratios of 10 percent or 
higher, will show an excellent return on the installa- 
tion and operating costs for a similar fixed gas frac- 
tionator. 

In summarization of this analysis of the direct-fired 
heater installation at Dominguez, we would state 
that: 


1. A continuous or semi-continuous oil conditioning unit 
is absolutely essential to the satisfactory operation of 
a direct fired heater in absorption plant service. 


2. Given a proper quality of absorption oil, no spare unit 
need be provided for a properly designed heater 
equipped with adequate safeguards against feed pump 
failure. 

3. Stripping steam should continue to be used at the main 
stripping column. 


4. The proper location for the fired heater is on a recir- 
culated side stream drawn off the main column two or 
three trays below the feed plate. 


5. The advantages of utilizing stripping steam in the main 
distillation column can be obtained without resorting 
to the continuous operation of an auxiliary boiler by 
the injection of a stream of water into a recirculated 
portion of the column bottoms. 


6. A direct fired heater installation becomes definitely at- 
tractive both from an initial investment standpoint and 


FIG. X 
OPERATION OF FIXED GAS FRACTIONATOR 
DOMINGUEZ ABSORPTION PLANT~- UNIT #/ - UNION OIL CO. OF CALIF. 
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FIGURE 10 


Operation of fixed gas fractionator, Dominguez Absorption Plant, Unit No. 1, Union Oil Company of California. 
Relation of rich oil reflux rate to heat loads for 30,000 gallons per hour lean oil circulation 
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daily operating savings when the overall plant heat - facturing, and Mr. E. W. Gard, development engi- 
load exceeds 10,000,000 Btu/per hour. neer, Union Oil Company of California, for releasing 
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FIGURE 6 
Gard Oil-Conditioning Unit 
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